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CHAPTER 1.1

NExXOCTANE™ TECHNOLOGY
FOR ISOOCTANE
PRODUCTION

Ronald Birkhoff
Kellogg Brown & Root, Inc. (KBR)

Matti Nurminen
Fortum Oil and Gas Oy

INTRODUCTION

Environmental issues are threatening the future use of MTBE (methyl-tert-butyl ether) in
gasoline in the United States. Since the late 1990s, concerns have arisen over ground and
drinking water contamination with MTBE due to leaking of gasoline from underground
storage tanks and the exhaust from two-cycle engines. In California a number of cases of
drinking water pollution with MTBE have occurred. As a result, the elimination of MTBE
in gasoline in California was mandated, and legislation is now set to go in effect by the end
of 2003. The U.S. Senate has similar law under preparation, which would eliminate MTBE
in the 2006 to 2010 time frame.

With an MTBE phase-out imminent, U.S. refiners are faced with the challenge of
replacing the lost volume and octane value of MTBE in the gasoline pool. In addition, uti-
lization of idled MTBE facilities and the isobutylene feedstock result in pressing problems
of unrecovered and/or underutilized capital for the MTBE producers. Isooctane has been
identified as a cost-effective alternative to MTBE. It utilizes the same isobutylene feeds
used in MTBE production and offers excellent blending value. Furthermore, isooctane pro-
duction can be achieved in a low-cost revamp of an existing MTBE plant. However, since
isooctane is not an oxygenate, it does not replace MTBE to meet the oxygen requirement
currently in effect for reformulated gasoline.

The NExOCTANE technology was developed for the production of isooctane. In the
process, isobutylene is dimerized to produce isooctene, which can subsequently be hydro-
genated to produce isooctane. Both products are excellent gasoline blend stocks with sig-
nificantly higher product value than alkylate or polymerization gasoline.
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HISTORY OF MTBE

During the 1990s, MTBE was the oxygenate of choice for refiners to meet increasingly strin-
gent gasoline specifications. In the United States and in a limited number of Asian countries,
the use of oxygenates in gasoline was mandated to promote cleaner-burning fuels. In addi-
tion, lead phase-down programs in other parts of the world have resulted in an increased
demand for high-octane blend stock. All this resulted in a strong demand for high-octane fuel
ethers, and significant MTBE production capacity has been installed since 1990.

Today, the United States is the largest consumer of MTBE. The consumption increased
dramatically with the amendment of the Clean Air Act in 1990 which incorporated the 2
percent oxygen mandate. The MTBE production capacity more than doubled in the 5-year
period from 1991 to 1995. By 1998, the MTBE demand growth had leveled off, and it has
since tracked the demand growth for reformulated gasoline (RFG). The United States con-
sumes about 300,000 BPD of MTBE, of which over 100,000 BPD is consumed in
California. The U.S. MTBE consumption is about 60 percent of the total world demand.

MTBE is produced from isobutylene and methanol. Three sources of isobutylene are
used for MTBE production:

e On-purpose butane isomerization and dehydrogenation
e Fluid catalytic cracker (FCC) derived mixed C, fraction

e Steam cracker derived C, fraction

The majority of the MTBE production is based on FCC and butane dehydrogenation
derived feeds.

NExOCTANE BACKGROUND

Fortum Oil and Gas Oy, through its subsidiary Neste Engineering, has developed the
NExOCTANE technology for the production of isooctane. NEXOCTANE is an extension
of Fortum’s experience in the development and licensing of etherification technologies.
Kellogg Brown & Root, Inc. (KBR) is the exclusive licenser of NExXOCTANE. The tech-
nology licensing and process design services are offered through a partnership between
Fortum and KBR.

The technology development program was initialized in 1997 in Fortum’s Research and
Development Center in Porvoo, Finland, for the purpose of producing high-purity isooctene,
for use as a chemical intermediate. With the emergence of the MTBE pollution issue and the
pending MTBE phase-out, the focus in the development was shifted in 1998 to the conver-
sion of existing MTBE units to produce isooctene and isooctane for gasoline blending.

The technology development has been based on an extensive experimental research
program in order to build a fundamental understanding of the reaction kinetics and key
product separation steps in the process. This research has resulted in an advanced kinetic
modeling capability, which is used in the design of the process for licensees. The process
has undergone extensive pilot testing, utilizing a full range of commercial feeds. The first
commercial NExXOCTANE unit started operation in the third quarter of 2002.

PROCESS CHEMISTRY

The primary reaction in the NExXOCTANE process is the dimerization of isobutylene over
acidic ion-exchange resin catalyst. This dimerization reaction forms two isomers of
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trimethylpentene (TMP), or isooctene, namely, 2,4,4-TMP-1 and 2,4,4-TMP-2, according
to the following reactions:

TMP further reacts with isobutylene to form trimers, tetramers, etc. Formation of these
oligomers is inhibited by oxygen-containing polar components in the reaction mixture. In the

CH3 CH3
1 1
CH2=C'CH2'C'CH3
1

(I:Hs 2,4,4 TMP-1
2 CHy,=C-CH;
1 1
Isobutylene CH,-C=CH,-C-CH;
1
2,4,4 TMP-2

NExXOCTANE process, water and alcohol are used as inhibitors. These polar components
block acidic sites on the ion-exchange resin, thereby controlling the catalyst activity and
increasing the selectivity to the formation of dimers. The process conditions in the dimer-
ization reactions are optimized to maximize the yield of high-quality isooctene product.

A small quantity of C, and C, components plus other C; isomers will be formed when
other olefin components such as propylene, n-butenes, and isoamylene are present in the
reaction mixture. In the NEXOCTANE process, these reactions are much slower than the
isobutylene dimerization reaction, and therefore only a small fraction of these components
is converted.

Isooctene can be hydrogenated to produce isooctane, according to the following reaction:

CH3 CHs3 CH, CHj;
| | | |
CH,=C-CH,-C-CH; + H —— > CH,-C-CH,-C-CH;
1 1

CHs3 CHj;

Isooctene Isooctane

NExOCTANE PROCESS DESCRIPTION

The NExOCTANE process consists of two independent sections. Isooctene is produced by
dimerization of isobutylene in the dimerization section, and subsequently, the isooctene
can be hydrogenated to produce isooctane in the hydrogenation section. Dimerization and
hydrogenation are independently operating sections. Figure 1.1.1 shows a simplified flow
diagram for the process.

The isobutylene dimerization takes place in the liquid phase in adiabatic reactors over
fixed beds of acidic ion-exchange resin catalyst. The product quality, specifically the distri-
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FIGURE 1.1.1 NExOCTANE process.

bution of dimers and oligomers, is controlled by recirculating alcohol from the product recov-
ery section to the reactors. Alcohol is formed in the dimerization reactors through the reaction
of a small amount of water with olefin present in the feed. The alcohol content in the reactor
feed is typically kept at a sufficient level so that the isooctene product contains less than 10
percent oligomers. The dimerization product recovery step separates the isooctene product
from the unreacted fraction of the feed (C, raffinate) and also produces a concentrated alco-
hol stream for recycle to the dimerization reaction. The C, raffinate is free of oxygenates and
suitable for further processing in an alkylation unit or a dehydrogenation plant.

Isooctene produced in the dimerization section is further processed in a hydrogenation
unit to produce the saturated isooctane product. In addition to saturating the olefins, this
unit can be designed to reduce sulfur content in the product. The hydrogenation section
consists of trickle-bed hydrogenation reactor(s) and a product stabilizer. The purpose of
the stabilizer is to remove unreacted hydrogen and lighter components in order to yield a
product with a specified vapor pressure.

The integration of the NEXOCTANE process into a refinery or butane dehydrogenation
complex is similar to that of the MTBE process. NExXOCTANE selectively reacts isobuty-
lene and produces a C, raffinate which is suitable for direct processing in an alkylation or
dehydrogenation unit. A typical refinery integration is shown in Fig. 1.1.2, and an integra-
tion into a dehydrogenation complex is shown in Fig. 1.1.3.

NExOCTANE PRODUCT PROPERTIES

The NEXOCTANE process offers excellent selectivity and yield of isooctane (2,2,4-
trimethylpentane). Both the isooctene and isooctane are excellent gasoline blending compo-
nents. Isooctene offers substantially better octane blending value than isooctane. However,
the olefin content of the resulting gasoline pool may be prohibitive for some refiners.

The characteristics of the products are dependent on the type of feedstock used. Table
1.1.1 presents the product properties of isooctene and isooctane for products produced
from FCC derived feeds as well as isooctane from a butane dehydrogenation feed.

The measured blending octane numbers for isooctene and isooctane as produced from
FCC derived feedstock are presented in Table 1.1.2. The base gasoline used in this analy-
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FIGURE 1.1.3 Integration in a typical dehydrogenation complex.

sis is similar to nonoxygenated CARB base gasoline. Table 1.1.2 demonstrates the signif-
icant blending value for the unsaturated isooctene product, compared to isooctane.

PRODUCT YIELD

An overall material balance for the process based on FCC and butane dehydrogenation
derived isobutylene feedstocks is shown in Table 1.1.3. In the dehydrogenation case, an
isobutylene feed content of 50 wt % has been assumed, with the remainder of the feed
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TABLE 1.1.1 NExOCTANE Product Properties

FCCC, Butane
dehydrogenation

Isooctane  Isooctene Isooctane
Specific gravity 0.704 0.729 0.701
RONC 99.1 101.1 100.5
MONC 96.3 85.7 98.3
R+M)/2 97.7 93.4 99.4
RVP, Ib/in® absolute 1.8 1.8 1.8

TABLE 1.1.2 Blending Octane Number in CARB Base Gasoline (FCC

Derived)

Isooctene Isooctane
Blending BRON BMON (R+M)/2 BRON BMON (R+ M)/
2
volume, %
10 124.0 99.1 111.0 99.1 96.1 97.6
20 122.0 95.1 109.0 100.1 95.1 97.6
100 101.1 85.7 934 99.1 96.3 97.7

TABLE 1.1.3 Sample Material Balance for NExXOCTANE Unit

Material balance FCC C, feed, Ib/h (BPD) Butane dehydrogenation, Ib/h (BPD)
Dimerization section:
Hydrocarbon feed 137,523 (16,000) 340,000 (39,315)
Isobutylene contained 30,614 (3,500) 170,000 (19,653)
Isooctene product 30,714 (2,885) 172,890 (16,375)
C, raffinate 107,183 (12,470) 168,710 (19,510)
Hydrogenation section:
Isooctene feed 30,714 (2,885) 172,890 (16,375)
Hydrogen feed 581 3752
Isooctane product 30,569 (2,973) 175,550 (17,146)
Fuel gas product 726 1092

mostly consisting of isobutane. For the FCC feed an isobutylene content of 22 wt % has
been used. In each case the C, raffinate quality is suitable for either direct processing in a
refinery alkylation unit or recycle to isomerization or dehydrogenation step in the dehy-
drogenation complex. Note that the isooctene and isooctane product rates are dependent
on the content of isobutylene in the feedstock.

UTILITY REQUIREMENTS

The utilities required for the NEXOCTANE process are summarized in Table 1.1.4.
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TABLE 1.1.4 Typical Utility Requirements

Utility requirements FCCC, Butane dehydrogenation
per BPD of product per BPD of product

Dimerization section:

Steam, 1000 Ib/h 13 6.4

Cooling water, gal/min 0.2 0.6

Power, kWh 0.2 0.03
Hydrogenation section:

Steam, 1000 Ib/h 1.5 0.6

Cooling water, gal/min 0.03 0.03

Power, kWh 0.03 0.1

NExOCTANE TECHNOLOGY ADVANTAGES

Long-Life Dimerization Catalyst

The NExOCTANE process utilizes a proprietary acidic ion-exchange resin catalyst. This
catalyst is exclusively offered for the NExXOCTANE technology. Based on Fortum’s exten-
sive catalyst trials, the expected catalyst life of this exclusive dimerization catalyst is at
least double that of standard resin catalysts.

Low-Cost Plant Design

In the dimerization process, the reaction takes place in nonproprietary fixed-bed reactors.
The existing MTBE reactors can typically be reused without modifications. Product recov-
ery is achieved by utilizing standard fractionation equipment. The configuration of the
recovery section is optimized to make maximum use of the existing MTBE product recov-
ery equipment.

High Product Quality

The combination of a selective ion-exchange resin catalyst and optimized conditions in the
dimerization reaction results in the highest product quality. Specifically, octane rating and
specific gravity are better than those in product produced with alternative catalyst systems
or competing technologies.

State-of-the-Art Hydrogenation Technology

The NExOCTANE process provides a very cost-effective hydrogenation technology. The
trickle-bed reactor design requires low capital investment, due to a compact design plus
once-through flow of hydrogen, which avoids the need for a recirculation compressor.
Commercially available hydrogenation catalysts are used.

Commercial Experience

The NExOCTANE technology is in commercial operation in North America in the world’s
largest isooctane production facility based on butane dehydrogenation. The project
includes a grassroots isooctene hydrogenation unit.
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STRATCO EFFLUENT
REFRIGERATED H,SO,
ALKYLATION PROCESS

David C. Graves
STRATCO
Leawood, Kansas

INTRODUCTION

Alkylation, first commercialized in 1938, experienced tremendous growth during the
1940s as a result of the demand for high-octane aviation fuel during World War II. During
the mid-1950s, refiners’ interest in alkylation shifted from the production of aviation fuel
to the use of alkylate as a blending component in automotive motor fuel. Capacity
remained relatively flat during the 1950s and 1960s due to the comparative cost of other
blending components. The U.S. Environmental Protection Agency’s lead phase-down pro-
gram in the 1970s and 1980s further increased the demand for alkylate as a blending com-
ponent for motor fuel. As additional environmental regulations are imposed on the
worldwide refining community, the importance of alkylate as a blending component for
motor fuel is once again being emphasized. Alkylation unit designs (grassroots and
revamps) are no longer driven only by volume, but rather by a combination of volume,
octane, and clean air specifications. Lower olefin, aromatic, sulfur, Reid vapor pressure
(RVP), and drivability index (DI) specifications for finished gasoline blends have also
become driving forces for increased alkylate demand in the United States and abroad.
Additionally, the probable phase-out of MTBE in the United States will further increase
the demand for alkylation capacity.

The alkylation reaction combines isobutane with light olefins in the presence of a
strong acid catalyst. The resulting highly branched, paraftinic product is a low-vapor-pres-
sure, high-octane blending component. Although alkylation can take place at high temper-
atures without catalyst, the only processes of commercial importance today operate at low
to moderate temperatures using either sulfuric or hydrofluoric acid catalysts. Several dif-
ferent companies are currently pursuing research to commercialize a solid alkylation cat-
alyst. The reactions occurring in the alkylation process are complex and produce an
alkylate product that has a wide boiling range. By optimizing operating conditions, the
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majority of the product is within the desired gasoline boiling range with motor octane
numbers (MONs) up to 95 and research octane numbers (RONs) up to 98.

PROCESS DESCRIPTION

A block flow diagram of the STRATCO effluent refrigerated H,SO, alkylation project is
shown in Fig. 1.2.1. Each section of the block flow diagram is described below:

Reaction section. Here the reacting hydrocarbons are brought into contact with sulfu-
ric acid catalyst under controlled conditions.

Refrigeration section. Here the heat of reaction is removed, and light hydrocarbons are
removed from the unit.

Effluent treating section. Here the free acid, alkyl sulfates, and dialkyl sulfates are
removed from the net effluent stream to avoid downstream corrosion and fouling.

Fractionation section. Here isobutane is recovered for recycle to the reaction section,
and remaining hydrocarbons are separated into the desired products.

Blowdown section. Here spent acid is degassed, wastewater pH is adjusted, and acid
vent streams are neutralized before being sent off-site.

The blocks are described in greater detail below:

Reaction Section

In the reaction section, olefins and isobutane are alkylated in the presence of sulfuric acid cat-
alyst. As shown in Fig. 1.2.2, the olefin feed is initially combined with the recycle isobutane.
The olefin and recycle isobutane mixed stream is then cooled to approximately 60°F
(15.6°C) by exchanging heat with the net effluent stream in the feed/effluent exchangers.

RECYCLE ISOBUTANE

PROPANE |
PRODUCT ]
©—| REFRIGERATION | F
3 A
REFRIGERANT ACID c
RECYCLE ALKYLATION [€——— T
—*_ReacTioN [ FC 1 ErrrgeNT 1,0
®_OLEFIN FEED J oD TREATING N | BUTANE
® | ’T‘ PRODUCT
MAKEUP ISOBUTANE v ,
BLOWDOWN | VATER ﬁ ALKYLATE

PRODUCT

® @&
SPENT  SPENT FRESH PROCESS
WATER  ACID ACID WATER

FIGURE 1.2.1 Block flow diagram of STRATCO Inc. effluent refrigerated alkylation process.
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FIGURE 1.2.2 Feed mixing and cooling.

Since the solubility of water is reduced at lower temperatures, water is freed from the
hydrocarbon to form a second liquid phase. The feed coalescer removes this free water to
minimize dilution of the sulfuric acid catalyst.

The feed stream is then combined with the refrigerant recycle stream from the refrig-
eration section. The refrigerant recycle stream provides additional isobutane to the reac-
tion zone. This combined stream is fed to the STRATCO Contactor reactors.

The use of separate Contactor reactors in the STRATCO process allows for the segre-
gation of different olefin feeds to optimize alkylate properties and acid consumption. In
these cases, the unit will have parallel trains of feed/effluent exchangers and feed coa-
lescers.

At the “heart” of STRATCO’s effluent refrigerated alkylation technology is the
Contactor reactor (Fig. 1.2.3). The Contactor reactor is a horizontal pressure vessel con-
taining an inner circulation tube, a tube bundle to remove the heat of reaction, and a mix-
ing impeller. The hydrocarbon feed and sulfuric acid enter on the suction side of the
impeller inside the circulation tube. As the feeds pass across the impeller, an emulsion of
hydrocarbon and acid is formed. The emulsion in the Contactor reactor is continuously cir-
culated at very high rates.

The superior mixing and high internal circulation of the Contactor reactor minimize the
temperature difference between any two points in the reaction zone to within 1°F (0.6°C).
This reduces the possibility of localized hot spots that lead to degraded alkylate product
and increased chances for corrosion. The intense mixing in the Contactor reactor also pro-
vides uniform distribution of the hydrocarbons in the acid emulsion. This prevents local-
ized areas of nonoptimum isobutane/olefin ratios and acid/olefin ratios, both of which
promote olefin polymerization reactions.

Figure 1.2.4 shows the typical Contactor reactor and acid settler arrangement. A por-
tion of the emulsion in the Contactor reactor, which is approximately 50 LV % acid and
50 LV % hydrocarbon, is withdrawn from the discharge side of the impeller and flows to
the acid settler. The hydrocarbon phase (reactor effluent) is separated from the acid emul-
sion in the acid settlers. The acid, being the heavier of the two phases, settles to the lower
portion of the vessel. It is returned to the suction side of the impeller in the form of an
emulsion, which is richer in acid than the emulsion entering the settlers.

The STRATCO alkylation process utilizes an effluent refrigeration system to remove
the heat of reaction and to control the reaction temperature. With effluent refrigeration, the
hydrocarbons in contact with the sulfuric acid catalyst are maintained in the liquid phase.
The hydrocarbon effluent flows from the top of the acid settler to the tube bundle in the
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FIGURE 1.2.4 Contactor reactor/acid settler arrangement.

Contactor reactor. A control valve located in this line maintains a back pressure of about
60 Ib/in* gage (4.2 kg/cm? gage) in the acid settler.

This pressure is adequate to prevent vaporization in the reaction system. In plants with
multiple Contactor reactors, the acid settler pressures are operated about 5 Ib/in® (0.4
kg/cm?) apart to provide adequate pressure differential for series acid flow.

The pressure of the hydrocarbon stream from the top of the acid settler is reduced to
about 5 Ib/in® gage (0.4 kg/cm? gage) across the back pressure control valve. A portion of
the effluent stream is flashed, reducing the temperature to about 35°F (1.7°C). Additional
vaporization occurs in the Contactor reactor tube bundle as the net effluent stream removes
the heat of reaction. The two-phase net effluent stream flows to the suction trap/flash drum
where the vapor and liquid phases are separated.
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The suction trap/flash drum is a two-compartment vessel with a common vapor space.
The net effluent pump transfers the liquid from the suction trap side (net effluent) to the
effluent treating section via the feed/effluent exchangers. Refrigerant from the refrigera-
tion section flows to the flash drum side of the suction trap/flash drum. The combined
vapor stream is sent to the refrigeration section.

The sulfuric acid present in the reaction zone serves as a catalyst to the alkylation reac-
tion. Theoretically, a catalyst promotes a chemical reaction without being changed as a
result of that reaction. In reality, however, the acid is diluted as a result of the side reac-
tions and feed contaminants. To maintain the desired spent acid strength, a small amount
of fresh acid is continuously charged to the acid recycle line from the acid settler to the
Contactor reactor, and a similar amount of spent acid is withdrawn from the acid settler.

In multiple-Contactor reactor plants, the reactors are usually operated in parallel on
hydrocarbon and in series/parallel on acid, up to a maximum of four stages. Fresh acid and
intermediate acid flow rates between the Contactor reactors control the spent acid strength.

The spent acid strength is generally monitored by titration, which is done in the labo-
ratory. In response to our customer requests, STRATCO has developed an on-line acid ana-
lyzer that enables the operators to spend the sulfuric acid to lower strengths with much
greater accuracy and confidence.

When alkylating segregated olefin feeds, the optimum acid settler configuration will
depend on the olefins processed and the relative rates of each feed. Generally, STRATCO
recommends processing the propylene at high acid strength, butylenes at intermediate
strength, and amylenes at low strength. The optimum configuration for a particular unit
may involve operating some reaction zones in parallel and then cascading to additional
reaction zones in series. STRATCO considers several acid staging configurations for every
design in order to provide the optimum configuration for the particular feed.

Refrigeration Section

Figure 1.2.5 is a diagram of the most common refrigeration configuration. The partially
vaporized net effluent stream from the Contactor reactor flows to the suction trap/flash
drum, where the vapor and liquid phases are separated. The vapor from the suction
trap/flash drum is compressed by a motor or turbine-driven compressor and then con-
densed in a total condenser.

A portion of the refrigerant condensate is purged or sent to a depropanizer. The remain-
ing refrigerant is flashed across a control valve and sent to the economizer. If a depropaniz-
er is included in the design, the bottoms stream from the tower is also sent to the
economizer. The economizer operates at a pressure between the condensing pressure and
the compressor suction pressure. The economizer liquid is flashed and sent to the flash
drum side of the suction trap/flash drum.

A lower-capital-cost alternative would be to eliminate the economizer at a cost of about
7 percent higher compressor energy. Another alternative is to incorporate a partial con-
denser to the economizer configuration and thus effectively separate the refrigerant from
the light ends, allowing for propane enrichment of the depropanizer feed stream. As a
result, both depropanizer capital and operating costs can be reduced. The partial condens-
er design is most cost-effective when feed streams to the alkylation unit are high (typical-
ly greater than 40 LV %) in propane/propylene content.

For all the refrigeration configurations, the purge from the refrigeration loop is treated
to remove impurities prior to flowing to the depropanizer or leaving the unit. These impu-
rities can cause corrosion in downstream equipment. The main impurity removed from the
purge stream is sulfur dioxide (SO,). SO, is produced from oxidation reactions in the reac-
tion section and decomposition of sulfur-bearing contaminants in the unit feeds.
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FIGURE 1.2.5 Refrigeration with economizer.

The purge is contacted with strong caustic (10 to 12 wt %) in an in-line static mixer and
is sent to the caustic wash drum. The separated hydrocarbon stream from the caustic wash
drum then mixes with process water and is sent to a coalescer (Fig. 1.2.6). The coalescer
reduces the carryover caustic in the hydrocarbon stream that could cause stress corrosion
cracking or caustic salt plugging and fouling in downstream equipment. The injection of
process water upstream of the coalescer enhances the removal of caustic carryover in the
coalescer.

Effluent Treating Section

The net effluent stream from the reaction section contains traces of free acid, alkyl sulfates,
and dialkyl sulfates formed by the reaction of sulfuric acid with olefins. These alkyl sul-
fates are commonly referred to as esters. Alkyl sulfates are reaction intermediates found in
all sulfuric acid alkylation units, regardless of the technology. If the alkyl sulfates are not
removed, they can cause corrosion and fouling in downstream equipment.

STRATCO’s net effluent treating section design has been modified over the years in an
effort to provide more effective, lower-cost treatment of the net effluent stream.
STRATCO’s older designs included caustic and water washes in series. Until recently,
STRATCO’s standard design included an acid wash with an electrostatic precipitator fol-
lowed by an alkaline water wash. Now STRATCO alkylation units are designed with an
acid wash coalescer, alkaline water wash, and a water wash coalescer in series (Fig. 1.2.7)
or with an acid wash coalescer followed by bauxite treating. Although all these treatment
methods remove the trace amounts of free acid and reaction intermediates (alkyl sulfates)
from the net effluent stream, the acid wash coalescer/alkaline water wash/water wash coa-
lescer design and acid wash coalescer/bauxite treater design are the most efficient.

Fractionation Section

The fractionation section configuration of grassroots alkylation units, either effluent refrig-
erated or autorefrigerated, is determined by feed composition to the unit and product spec-
ifications. As mentioned previously, the alkylation reactions are enhanced by an excess
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amount of isobutane. A large recycle stream is required to produce the optimum I/O volu-
metric ratio of 7 : 1 to 10 : 1 in the feed to the Contactor reactors. Therefore, the fraction-
ation section of the alkylation unit is not simply a product separation section; it also
provides a recycle isobutane stream.

To meet overall gasoline pool RVP requirements, many of the recent alkylation designs
require an alkylate RVP of 4 to 6 Ib/in? (0.28 to 0.42 kg/cm?). To reduce the RVP of the
alkylate, a large portion of the n-butane and isopentane must be removed. Low C,+ con-
tent of the n-butane product is difficult to meet with a vapor side draw on the DIB and
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requires the installation of a debutanizer tower (Fig. 1.2.8). Typically, a debutanizer is
required when the specified C;+ content of the n-butane product must be less than 2 LV %.

A simpler system consisting of a deisobutanizer (DIB) with a side draw may suffice if
a high-purity n-butane product is not required. The simplest fractionation system applies
to a unit processing a high-purity olefin stream, such as an isobutane/isobutylene stream
from a dehydrogenation unit. For these cases, a single isostripper can be used to produce
a recycle isobutane stream, a low-RVP alkylate product, and a small isopentane product.
An isostripper requires no reflux and many fewer trays than a DIB.

Blowdown Section

The acidic blowdown vapors from potential pressure relief valve releases are routed to the
acid blowdown drum to knock out any entrained liquid sulfuric acid. Additionally, spent acid
from the last Contactor reactor/acid settler system(s) in series is sent to the acid blowdown
drum. This allows any residual hydrocarbon in the spent acid to flash. The acid blowdown
drum also provides surge capacity for spent acid. The acidic vapor effluent from the acid
blowdown drum is sent to the blowdown vapor scrubber. The acidic vapors are countercur-
rently contacted with a circulating 12 wt % caustic solution in a six-tray scrubber (Fig. 1.2.9).

TECHNOLOGY IMPROVEMENTS

The following information is provided to highlight important design information about the
STRATCO H,SO, effluent refrigerated alkylation process.

STRATCO Contactor Reactor

The alkylation reaction requires that the olefin be contacted with the acid catalyst concur-
rently with a large excess of isobutane. If these conditions are not present, polymerization
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reactions will be promoted which result in a heavy, low-octane product and high acid con-
sumption.

Since the early days of alkylation, the Contactor reactor has been recognized as the
superior alkylation reactor with higher product quality and lower acid consumption than
those of competitive designs. However, STRATCO continues to modify and improve the
Contactor reactor to further optimize the desirable alkylation reaction. Several of these
improvements are listed next.

The modern Contactor reactor has an eccentric shell as opposed to a concentric shell in
older models. The eccentric shell design provides superior mixing of the acid and hydro-
carbons and eliminates any localized “dead” zones where polymerization reactions can
occur. The result is improved product quality and substantially lower acid consumption.

The heat exchange bundle in the Contactor reactor has been modified to improve the
flow path of the acid/hydrocarbon mixture around the tubes. Since this results in improved
heat transfer, the temperature gradient across the reaction zone is quite small. This results
in optimal reaction conditions.

The heat exchange area per Contactor reactor has been increased by more than 15 per-
cent compared to that in older models. This has resulted in an increased capacity per
Contactor reactor and also contributes to continual optimization of the reaction conditions.

The design of the internal feed distributor has been modified to ensure concurrent con-
tact of the acid catalyst and olefin/isobutane mixture at the point of initial contact.

The Contactor reactor hydraulic head has been modified to include a modern, cartridge-
type mechanical seal system. This results in a reliable, easy-to-maintain, and long-lasting
seal system.

STRATCO offers two types of mechanical seals: a single mechanical seal with a Teflon
sleeve bearing and a double mechanical seal with ball bearings that operates with a barri-
er fluid. The STRATCO Contactor reactors can be taken off-line individually if any main-
tenance is required. If seal replacement is required during normal operation, the Contactor
reactor can be isolated, repaired, and back in service in less than 24 h.
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Process Improvements

Several process modifications have been made to provide better alkylation reaction condi-
tions and improve overall unit operations. Some of these modifications are as follows:

Acid retention time in the acid settler has been reduced by employing coalescing media
in the acid settler. The reduced retention time minimizes the potential for undesirable poly-
merization reactions in the acid settler. Two stages of coalescing are employed to separate
the hydrocarbon product from the acid phase. The first stage results in a 90 vol % H,SO,
stream that is recycled to the Contactor reactor. The second stage reduces the acid carry-
over rate to only 10 to 15 vol ppm. This is at least a threefold decrease in comparison to
simple gravity settling with a typical 50 to 100 vol ppm in the hydrocarbon stream.

Fresh H,SO, is continuously added to the unit, and spent H,SO, is continuously with-
drawn. In multiple-Contactor reactor units, the H,SO, flows in series between the Contactor
reactors. Thus, the acid strength across the unit is held at its most effective value, and the
acid strength at any one location in the unit does not vary with time. This method of han-
dling H,SO, provides a very stable operation and continual acid strength optimization.

To ensure complete and intimate mixing of the olefin and isobutane feeds before con-
tacting with the acid catalyst, these hydrocarbon feeds are premixed outside the Contactor
reactor and introduced as one homogeneous stream.

Alkyl sulfates are removed in a fresh acid wash coalescer/warm alkaline water wash.
Afterward, the net effluent stream is washed with fresh process water to remove traces of
caustic, then is run through a coalescer to remove free water before being fed to the DIB
tower. This system is superior to the caustic wash/water wash system which was imple-
mented in older designs.

The fractionation system can be designed to accommodate makeup isobutane of any
purity, eliminating the need for upstream fractionation of the makeup isobutane.

The alkylation unit is designed to take maximum advantage of the refinery’s steam and
utility economics. Depending upon these economics, the refrigeration compressor and/or
Contactor reactors can be driven with steam turbines (condensing or noncondensing) or
electric motors, to minimize unit operating costs.

STRATCO now employs a cascading caustic system in order to minimize the volume
and strength of the waste caustic (NaOH) stream from the alkylation unit. In this system,
fresh caustic is added to the blowdown vapor scrubber, from which it is cascaded to the
depropanizer feed caustic wash and then to the alkaline water wash. The only waste stream
from the alkylation unit containing caustic is the spent alkaline water stream. The spent
alkaline water stream has a very low concentration of NaOH (<< 0.05 wt %) and is com-
pletely neutralized in the neutralization system before being released to the refinery waste-
water treatment facility. Since the cascading system maintains a continuous caustic
makeup flow, it has the additional advantages of reduced monitoring requirements and
reduced chance of poor treating due to inadequate caustic strength.

H,SO, ALKYLATION PROCESS COMPARISON

The most important variables that affect product quality in a sulfuric acid alkylation unit
are temperature, mixing, space velocity, acid strength, and concentration of isobutane feed
in the reactor(s). It is usually possible to trade one operating variable for another, so there
is often more than one way to design a new plant to meet octane requirements with a giv-
en olefin feed.

Going beyond the customary alkylation process variables, STRATCO has developed
unique and patented expertise in separate processing of different olefin feeds. This tech-
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nology can improve product quality compared to alkylation of the same olefins mixed
together.

The two major H,SO, alkylation processes are the STRATCO effluent refrigerated
process and the autorefrigerated process by design; these two processes take different
approaches to achieve product quality requirements. These design differences and their
impacts on operability and reliability are discussed below.

Cooling and Temperature Control

The STRATCO effluent refrigerated process utilizes a liquid-full reactor/acid settler sys-
tem. The heat of reaction is removed by an internal tube bundle. In the autorefrigerated
process, the heat of reaction is removed by operating the reactor at a pressure where the
acid/hydrocarbon mixture boils. The autorefrigerated reactor and acid settler therefore
contain a vapor phase above the two mixed liquid phases. Both systems can be operated in
the same temperature range. However, the STRATCO system is much easier to operate.

Temperature control in the STRATCO effluent refrigerated process is simpler than that
in the autorefrigerated process. The pressure of the refrigerant flash drum is used to con-
trol the operating temperature of all the Contactor reactors in the reaction zone. The
autorefrigerated process requires two or more pressure zones per reactor to control tem-
perature and to maintain liquid flow between the reactor zones.

Good control of the acid/hydrocarbon ratio in a sulfuric acid alkylation reactor is crit-
ical to reactor performance. This is the area in which the STRATCO system has its largest
operability advantage. Since the Contactor reactor system operates liquid-full, gravity flow
is used between the Contactor reactor and acid settler. The Contactor/settler system is
hydraulically designed to maintain the optimum acid-to-hydrocarbon ratio in the reactor as
long as the acid level in the acid settler is controlled in the correct range. The acid/hydro-
carbon ratio in the Contactor reactor can be easily verified by direct measurement. In con-
trast, the autorefrigerated process requires manipulation of an external acid recycle stream
in order to control the acid/hydrocarbon ratio in the reactor. As a result, the acid/hydro-
carbon ratio in the different mixing zones varies and cannot be readily measured.

The Contactor reactor/settler system is also designed to minimize acid inventory in the
acid settler. Minimizing the unmixed acid inventory suppresses undesirable side reactions
which degrade product quality and increase acid consumption. Quick, clean separation of the
acid and hydrocarbon phases is much more difficult in the boiling autorefrigerated process.

When operated at the same temperature, the effluent refrigerated system requires some-
what greater refrigeration compressor horsepower than the autorefrigerated process
because of resistance to heat transfer across the tube bundle.

Mixing

The topic of mixing in a sulfuric acid alkylation unit encompasses (1) the mixing of the
isobutane and olefin feeds outside the reactor, (2) the method of feed injection, and (3) the
mixing intensity inside the reactor. The best-quality alkylate is produced with the lowest
acid consumption when

e The “local” isobutene/olefin ratio in the mixing zone is maximized by premixing the
olefin and isobutane feeds.
e The feed is rapidly dispersed into the acid/hydrocarbon emulsion.

¢ Intense mixing gives the emulsion a high interfacial area.
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In STRATCO’s effluent refrigerated process, all the isobutane sent to the reactors is pre-
mixed with olefin feed, maximizing the “local” isobutane concentration at the feed point.
The feed mixture is rapidly dispersed into the acid catalyst via a special injection nozzle.
Mixing occurs as the acid/hydrocarbon emulsion passes through the hydraulic head
impeller and as it circulates through the tube bundle.

The tube bundle in the Contactor reactor is an integral part of the mixing system. The
superior mixing in the Contactor reactor produces an emulsion with a high interfacial area,
even heat dissipation, and uniform distribution of the hydrocarbons in the acid. Intense mix-
ing reduces the temperature gradient within the Contactor’s 11,500-gal volume to less than
1°F. The result is suppression of olefin polymerization reactions in favor of the alkylation
reaction. Good mixing is particularly important when the olefin feed contains propylene.

In the autorefrigerated process, only a portion of the isobutane is premixed with the olefin
feed. The “local” concentration of isobutane is therefore lower when the feeds first make
contact with acid catalyst. The less intensive mixing in the autorefrigerated process can result
in nonuniform distribution of the hydrocarbons in the acid. The desired finely dispersed
hydrocarbon in acid emulsion cannot be easily controlled throughout the different reaction
zones. As a consequence, the autorefrigerated alkylation process must be operated at a very
low space velocity and temperature to make up for its disadvantage in mixing.

Acid Strength

The acid cascade system employed by STRATCO provides a higher average acid strength in
the reaction zone than can usually be accomplished with large autorefrigerated reactors. The
higher average acid strength results in higher alkylate octane with reduced acid consumption.
STRATCO has recently completed pilot-plant studies that enable us to optimize the acid cas-
cade system for different plant capacities. Large autorefrigerated reactors must be designed
for lower space velocity and/or lower operating temperature to compensate for this difference.

Isobutane Concentration and Residence Time in the Reactor

Since the Contactor reactor is operated liquid-full, all the isobutane fed to the reactor is
available for reaction. In the autorefrigerated process, a portion of the isobutane fed to the
reactor is vaporized to provide the necessary refrigeration. The isobutane is also diluted by
reaction products as it cascades through the reactor. To match the liquid-phase isobutane
concentration in the STRATCO process, the deisobutanizer recycle rate and/or purity in
the autorefrigerated process must be increased to compensate for the dilution and isobu-
tane flashed. The DIB operating costs will therefore be higher for the autorefrigerated
process unless other variables such as space velocity or temperature are used to compen-
sate for a lower isobutane concentration.

Research studies have shown that trimethylpentanes, the alkylate components which
have the highest octane, are degraded by extended contact with acid. It is therefore desir-
able to remove alkylate product from the reactor as soon as it is produced. STRATCO
Contactor reactors operate in parallel for the hydrocarbons and approach this ideal more
closely than the series operation of reaction zones in autorefrigerated reactors.

Reliability

One of the primary factors affecting the reliability of an alkylation unit is the number and
type of mechanical seals required in the reaction zone.
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Each Contactor reactor has one mechanical seal. STRATCO offers two types of
mechanical seals; a single mechanical seal with a Teflon sleeve bearing and a double
mechanical seal with ball bearings that operates with a barrier fluid. The Contactor reac-
tors can be taken off-line individually if any maintenance is required. If seal replacement
is required during normal operation, the Contactor reactor can be isolated, repaired, and
back in service in less than 24 h.

The number of mechanical seals required for autorefrigerated reactor systems is high-
er. An agitator for every reactor compartment and redundant acid recycle pumps are
required. The dry running seals often used on autorefrigerated reactor agitators have a
shorter expected life than STRATCO’s double mechanical seal. While special agitators are
available which allow mechanical seals to be replaced without shutting down the reactor,
many refiners’ safety procedures require the autorefrigerated reactor to be shut down for
this type of maintenance. It is common practice to shut down the agitator and stop feed to
a reactor chamber in the event of agitator seal or shaft problems. Product quality will then
be degraded until the reactor can be shut down for repairs.

Separate Processing of Different Olefin Feeds

Olefin feed composition is not normally an independent variable in an alkylation unit.
STRATCO has recently developed unique and patented expertise in the design of alkyla-
tion units which keep different olefin feeds separate and alkylate them in separate reactors.
By employing this technology, each olefin can be alkylated at its optimum conditions
while avoiding the “negative synergy” which occurs when certain olefins are alkylated
together. This know-how provides an advantage with mixtures of propylene, butylene, and
amylene, and with mixtures of iso- and normal olefins. As a result, alkylate product qual-
ity requirements can be met at more economical reaction conditions.

COMMERCIAL DATA

STRATCO alkylation technology is responsible for about 35 percent of the worldwide
production of alkylate and about 74 percent of sulfuric acid alkylation production. Of the
276,000 bbl/day of alkylation capacity added from 1991 to 2001, about 81 percent is
STRATCO technology.

Capital and Utility Estimates

Total estimated inside battery limit (ISBL) costs for grassroots STRATCO effluent refrig-
erated alkylation units are shown in Table 1.2.1.

Utility and chemical consumption for an alkylation unit can vary widely according to
feed composition, product specifications, and design alternatives. The values in Table 1.2.2
are averages of many designs over the last several years and reflect mainly butylene feeds
with water cooling and electrical drivers for the compressor and Contactor reactors. Steam
and cooling water usage has crept up in recent years as a result of lower RVP targets for
the alkylate product. The acid consumption given in the table does not include the con-
sumption due to feed contaminants.

More information on alkylate properties and STRATCO’s H,SO, effluent refrigerated
alkylation process is available at www.stratco.dupont.com.
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TABLE 1.2.1 Estimated Erected Costs (U.S., £30%)

Mid-1999 U.S. Gulf Coast basis

Production Total erected costs,
capacity, BPD $/bbl
5,000 5,000
12,000 4,500
20,000 4,000

TABLE 1.2.2 Estimated Utilities and
Chemicals (per Barrel of Alkylate Production)

Electric power, kW 15
Cooling water, gal 1370
Process water, gal 4
Steam, 1b 194
Fresh acid, 1b 13
NaOH, Ib 0.05
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CHAPTER 1.3

UOP ALKYLENE™ PROCESS
FOR MOTOR
FUEL ALKYLATION

Cara Roeseler
UOP LLC
Des Plaines, Illinois

INTRODUCTION

The UOP Alkylene process is a competitive and commercially available alternative to lig-
uid acid technologies for alkylation of light olefins and isobutane. Alkylate is a key blend-
ing component for gasoline having high octane, low Reid vapor pressure (RVP), low
sulfur, and low volatility. It is composed of primarily highly branched paraffinic hydro-
carbons. Changing gasoline specifications in response to legislation will increase the
importance of alkylate, making it an ideal “clean fuels” blend stock. Existing liquid acid
technologies, while well proven and reliable, are increasingly under political and regula-
tory pressure to reduce environmental and safety risks through increased monitoring and
risk mitigation. A competitive solid catalyst alkylation technology, such as the Alkylene
process, would be an attractive alternative to liquid acid technologies.

UOP developed the Alkylene process during the late 1990s, in response to the indus-
try’s need for an alternative to liquid acid technologies. Early attempts with solid acid cat-
alysts found some to have good alkylation properties, but the catalysts also had short life,
on the order of hours. In addition, these materials could not be regenerated easily, requir-
ing a carbon burn step. Catalysts with acid incorporated on a porous support had been
investigated but not commercialized. UOP invented the novel HAL-100 catalyst that has
high alkylation activity and long catalyst stability and easily regenerates without a high-
temperature carbon burn. Selectivity of the HAL-100 is excellent, and product quality is
comparable to that of the product obtained from liquid acid technologies.

ALKYLENE PROCESS

Olefins react with isobutane on the surface of the HAL-100 catalyst to form a complex
mixture of isoalkanes called alkylate. The major constituents of alkylate are highly
branched trimethylpentanes (TMP) that have high-octane blend values of approximately

1.25
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100. Dimethyl hexanes (DMH) have lower-octane blend values and are present in alkylate
at varying levels.

Alkylation proceeds via a carbenium ion mechanism, as shown in Fig. 1.3.1. The com-
plex reaction paths include an initiation step, a propagation step, and hydrogen transfer.
Secondary reactions include polymerization, isomerization, and cracking to produce other
isoalkanes including those with carbon numbers which are not multiples of 4. The primary
reaction products are formed via simple addition of isobutane to an olefin such as propy-
lene, butenes, and amylenes. The key reaction step is the protonation of a light olefin on
the solid catalyst surface followed by alkylation of an olefin on the C, carbocation, form-
ing the C, carbocation. Hydride transfer from another isobutane molecule forms the C
paraffin product. Secondary reactions result in less desirable products, both lighter and
heavier than the high-octane Cg products. Polymerization to acid-soluble oil (ASO) is
found in liquid acid technologies and results in additional catalyst consumption and yield
loss. The Alkylene process does not produce acid-soluble oil. The Alkylene process also
has minimal polymerization, and the alkylate has lighter distillation properties than alky-
late from HF or H,SO, liquid acid technologies.

Alkylation conditions that favor the desired high-octane trimethylpentane include low
process temperature, high localized isobutane/olefin ratios, and short contact time between
the reactant and catalyst. The Alkylene process is designed to promote quick, intimate con-
tact of short duration between hydrocarbon and catalyst for octane product, high yield, and
efficient separation of alkylate from the catalyst to minimize undesirable secondary reac-
tions. Alkylate produced from the Alkylene process is comparable to alkylate produced
from traditional liquid acid technologies without the production of heavy acid-soluble oil.
The catalyst is similar to other hydroprocessing and conversion catalysts used in a typical
refinery. Process conditions are mild and do not require expensive or exotic metallurgy.
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FIGURE 1.3.1 Reaction mechanism.
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Reactor temperature, isobutene/olefin ratio, contact time, and catalyst/olefin ratios are the
key operating parameters.

Feeds to the Alkylene unit are dried and treated to move impurities and contaminants
such as diolefins, oxygenates, nitrogen, and sulfur. These contaminants also cause higher
acid consumption, higher acid-soluble oil formation, and lower acid strength in liquid acid
technologies. Diolefin saturation technology, such as the Huels Selective Hydrogenation
Process technology licensed by UOP LLC, saturates diolefins to the corresponding
monoolefin and isomerizes the 1-butene to 2-butene. The alkylate formed by alkylating
isobutane with 2-butene is the preferred 2,2,3-TMP compared to the 2,2-DMH formed by
alkylating isobutane with 1-butene.

The olefin and isobutane (Fig. 1.3.2) are combined and injected into a carbon-steel ris-
er reactor with continuous catalyst reactivation (Fig. 1.3.3) to maintain a constant catalyst
activity and minimize catalyst inventory. This provides constant product quality, high
yield, and high on-stream efficiency. Liquid-phase hydrocarbon reactants transport the cat-
alyst around the reactor circuit where velocities are low relative to those of other moving
catalyst processes. The reaction time is on the order of minutes for the completion of the
primary reactions and to minimize secondary reactions. The catalyst and hydrocarbon are
intimately mixed during the reaction, and the catalyst is easily disengaged from the hydro-
carbon product at the top of the reactor. The catalyst is reactivated by a simple hydro-
genation of the heavier alkylate on the catalyst in the reactivation wash zone. Hydrogen
consumption is minimal as the quantity of heavy alkylate on the HAL-100 catalyst is very
small. The reactivation process is highly effective, restoring the activity of the catalyst to
nearly 100 percent of fresh. The liquid-phase operation of the Alkylene process results in
less abrasion than in other catalyst circulation processes due to the lubricating effect of the
liquid. Furthermore, the catalyst and hydrocarbon velocities are low relative to those in
other moving catalyst processes. This minimizes the catalyst replacement requirements.
Catalyst circulation is maintained to target catalyst/olefin ratios. A small catalyst slip-
stream flows into a separate vessel for reactivation in vapor phase with relatively mild con-
ditions to remove any last traces of heavy material and return the catalyst activity to
essentially the activity of fresh catalyst.

Alkylate from the reactor is sent to a downstream fractionation section, which is simi-
lar to fractionation sections in liquid acid process flow schemes. The fractionation section
recycles the unconverted isobutane back to the reactor and separates out the final alkylate
product.
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FIGURE 1.3.2 Alkylene process flow scheme.
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FIGURE 1.3.3 Alkylene process flow diagram.

ALKYLENE PERFORMANCE

HAL-100, the Alkylene process catalyst, has high acidity to promote desirable alkylation
reactions. It has optimum particle size and pore distribution to allow for good mass transfer
of reactants and products into and out of the catalyst. The catalyst has been commercially
produced and demonstrates high physical strength and very low attrition rates in extensive
physical testing. Catalyst attrition rates are several orders of magnitude lower than those
experienced in other moving-bed regeneration processes in the refining industry.

HAL-100 has been demonstrated in a stability test of 9 months with full isobutane recy-
cle and showed excellent alkylate product qualities as well as catalyst stability.
Performance responses to process parameters such as isobutane/olefin ratio, catalyst/olefin
ratio, and process temperature were measured. Optimization for high performance, cata-
lyst stability, and economic impact results in a process technology competitive with tradi-
tional liquid acid technologies (Fig. 1.3.4).

Typical light olefin feedstock compositions including propylene, butylenes, and
amylenes were also studied. The primary temporary deactivation mechanism is the block-
age of the active sites by heavy hydrocarbons. These heavy hydrocarbons are significant-
ly lower in molecular weight than acid-soluble oil that is typical of liquid acid
technologies. These heavy hydrocarbons are easily removed by contacting the catalyst
with hydrogen and isobutane to strip them from the catalyst surface. These heavy hydro-
carbons are combined in the total alkylate product pool and are accounted for in the alky-
late properties from the Alkylene process.

The buildup of heavy hydrocarbons on the catalyst surface is a function of the operat-
ing severity and the feedstock composition. The reactivation conditions and the frequency
of vapor reactivation are optimized in order to achieve good catalyst stability as well as
commercially economical conditions.
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FIGURE 1.3.4 Catalyst comparison: mixed 4 olefin feed.

ENGINEERING DESIGN AND OPTIMIZATION

The liquid transport reactor for the Alkylene process was developed by UOP based on
extensive UOP experience in fluid catalytic cracking (FCC) and continuous catalyst regen-
eration (CCR) technologies. Novel engineering design concepts were incorporated.
Extensive physical modeling and computational fluid dynamics modeling were used to
verify key engineering design details. More than 32 patents have been issued for the
Alkylene process technology.

The reactor is designed to ensure excellent mixing of catalyst and hydrocarbon with lit-
tle axial dispersion as the mixture moves up the riser. This ensures sufficient contact time
and reaction time for alkylation. Olefin injection nozzles have been engineered to mini-
mize high olefin concentration at the feed inlet to the riser. The catalyst is quickly sepa-
rated from the hydrocarbon at the top of the riser and falls by gravity into the reactivation
zone. The catalyst settles into a packed bed that flows slowly downward in the upper sec-
tion of the vessel, where it is contacted with low-temperature hydrogen saturated isobutane
recycle. The heavy hydrocarbons are hydrogenated and desorbed from the catalyst. The
reactivated catalyst flows down standpipes and back into the bottom of the riser. The reac-
tor section includes separate vessels for reactivating a slipstream of catalyst at a higher
temperature to completely remove trace amounts of heavy hydrocarbons. By returning
freshly reactivated catalyst to the riser continuously, catalyst activity is maintained for con-
sistent performance.

The UOP Butamer process catalytically converts normal butane to isobutane with high
selectivity, minimum hydrogen consumption, and excellent catalyst stability. When the
Butamer process is combined with the Alkylene process, n-butane in the feed can be react-
ed to extinction, thereby reducing the fresh feed saturate requirements. In addition, the
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increased isobutane concentration in the isostripper reduces the size of the isostripper and
allows for a reduction in utilities consumption. A novel flow scheme for the optimal inte-
gration of the Butamer process into the Alkylene process was developed. The two units can
share common fractionation and feed pretreatment equipment. Synergy of the two units
reduces the capital cost requirement for the addition of the Butamer process and reduces
the operating cost. Table 1.3.1 illustrates the maximum utilization of the makeup C, paraf-
fin stream and the utilities savings.

ALKYLENE PROCESS ECONOMICS

The product research octane number can be varied according to the reaction temperature
and the isobutane/olefin ratio. Additional refrigeration duty can be justified by higher
product octane, depending on the needs of the individual refiner. Higher isobutane/olefin
ratio requires higher capital and utilities. Mixed propylene and butylene feedstocks can
also be processed with less dependence on operating temperature. However, the alkylate
product octane is typically lower from mixed propylene and butylene feed than from buty-
lene-only feed. Processing some amylenes with the butylenes will result in slightly lower
octane. Most refiners have blended the C stream in the gasoline pool. However, with
increasing restrictions on Reid vapor pressure, refiners are pulling C; out of the gasoline
pool and processing some portion in alkylation units.

The three cases shown in Table 1.3.2 compare the economics of the Alkylene process
with those of conventional liquid acid alkylation. The basis is 8000 BPSD of alkylate prod-
uct from the Alkylene process. Case 1 is the Alkylene process, case 2 is an HF alkylation
unit, and case 3 is a sulfuric acid unit with on-site acid regeneration. All cases include a
Butamer process to maximize feed utilization.

The Alkylene process has a yield advantage over liquid acid alkylation technologies
and does not produce acid-soluble oil (ASO) by-products. In addition, the capital cost of
the Alkylene process is competitive compared with existing technologies, and maintenance
costs are lower. The HF alkylation unit requires HF mitigation capital and operating costs.
The sulfuric acid alkylation unit requires regeneration or transport of large volumes of
acid. Overall, the Alkylene process is a safe and competitive option for today’s refiner.

SUMMARY

Future gasoline specifications will require refiners to maximize the use of assets and rebal-
ance refinery gasoline pools. The potential phase-out of MTBE will create the need for

TABLE 1.3.1 Alkyene Process Capital Costs

Alkylene  Alkylene + Butamer

Total feed from FCC, BPSD 7064 7064
C, paraffin makeup 9194 2844
C;+ alkylate, BPSD 8000 8000
C,+ alkylate RONC 95.0 95.0
USGC EEC, million $ 43.0 43.7

Utilities Base 0.96*Base
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TABLE 1.3.2 Comparison of Alkylation Options

Alkylene + HF + On-site regeneration

Butamer Butamer H,SO, + Butamer

Total feed from FCC, BPSD 7064 7064 7064
C;+ alkylate, BPSD 8000 7990 7619
C,+ alkylate

RONC 95.0 95.2 95.0

MONC 92.9 93.3 92.2

R+M)/2 94.0 94.3 93.6
C5+ alkylate D-86, °F

50% 213 225 21

90% 270 290 29
Utilities, $/bbl C5 + alkylate 174 0.70 1.32
Acid cost, $/bbl — 0.08 0.01
Catalyst cost, $/bbl 0.60 0.02 0.02
Metals recovery, $/bbl 0.03 0.00 0.00
Chemical cost, $/bbl 0.03 0.02 0.02
Variable cost of production, $/bbl 2.39 0.82 1.37
Fixed cost, $/bbl 1.97 2.43 3.53
Total cost of production, $/bbl 4.37 3.25 4.90
Estimated erected cost, million $ 43.5 40.5 63.3

clean, high-octane blending components, such as alkylate, to allow refiners to meet pool
requirements without adding aromatics, olefins, or RVP. Alkylate from the Alkylene
process has excellent alkylate properties equivalent to those of HF acid technology, does
not generate ASO, has better alkylate yield, and is a safe alternative to liquid acid tech-
nologies. Recent developments propel the Alkylene process technology into the market-
place as a viable option with technical and economic benefits.

As the demand for alkylate continues to grow, new alkylation units will help refiners
meet the volume and octane requirements of their gasoline pools. The Alkylene process
was developed as a safe alternative to commercial liquid acid alkylation technologies.
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INTRODUCTION

The UOP* HF Alkylation process for motor fuel production catalytically combines light
olefins, which are usually mixtures of propylene and butylenes, with isobutane to produce
a branched-chain paraffinic fuel. The alkylation reaction takes place in the presence of
hydrofluoric (HF) acid under conditions selected to maximize alkylate yield and quality.
The alkylate product possesses excellent antiknock properties and high-octane because of
its high content of highly branched paraffins. Alkylate is a clean-burning, low-sulfur, low-
RVP gasoline blending component that does not contain olefinic or aromatic compounds.

The HF Alkylation process was developed in the UOP laboratories during the late
1930s and early 1940s. The process was initially used for the production of high-octane
aviation fuels from butylenes and isobutane. In the mid-1950s, the development and con-
sumer acceptance of more-sophisticated high-performance automotive engines placed a
burden on the petroleum refiner both to increase gasoline production and to improve motor
fuel quality. The advent of catalytic reforming techniques, such as the UOP Platforming*
process, provided an important tool for the production of high-quality gasolines available
to refiners. However, the motor fuel produced in such operations is primarily aromatic-
based and is characterized by high sensitivity (that is, the spread between research and
motor octane numbers). Because automobile performance is more closely related to road
octane rating (approximately the average of research and motor octanes), the production
of gasoline components with low sensitivity was required. A natural consequence of these
requirements was the expansion of alkylation operations. Refiners began to broaden the
range of olefin feeds to both existing and new alkylation units to include propylene and
occasionally amylenes as well as butylenes. By the early 1960s, the HF Alkylation process
had virtually displaced motor fuel polymerization units for new installations, and refiners
had begun to gradually phase out the operation of existing polymerization plants.

The importance of the HF Alkylation process in the refining situation of the 2000s has
been increased even further by the scheduled phase-out of MTBE and the increased

*Trademark and/or service mark of UOP.
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emphasis on low-sulfur gasoline. The contribution of the alkylation process is critical in
the production of quality motor fuels including many of the “environmental” gasoline
blends. The process provides refiners with a tool of unmatched economy and efficiency,
one that will assist refiners in maintaining or strengthening their position in the production
and marketing of gasolines.

PROCESS CHEMISTRY

General

In the HF Alkylation process, HF acid is the catalyst that promotes the isoparaffin-olefin
reaction. In this process, only isoparaffins with tertiary carbon atoms, such as isobutane or
isopentane, react with the olefins. In practice, only isobutane is used because isopentane
has a high octane number and a vapor pressure that has historically allowed it to be blend-
ed directly into finished gasolines. However, where environmental regulations have
reduced the allowable vapor pressure of gasoline, isopentane is being removed from gaso-
line, and refiner interest in alkylating this material with light olefins, particularly propy-
lene, is growing.

The actual reactions taking place in the alkylation reactor are many and are relatively
complex. The equations in Fig. 1.4.1 illustrate the primary reaction products that may be
expected for several pure olefins.

In practice, the primary product from a single olefin constitutes only a percentage of
the alkylate because of the variety of concurrent reactions that are possible in the alkyla-
tion environment. Compositions of pilot-plant products produced at conditions to maxi-
mize octane from pure-olefin feedstocks are shown in Table 1.4.1.

Reaction Mechanism

Alkylation is one of the classic examples of a reaction or reactions proceeding via the car-
benium ion mechanism. These reactions include an initiation step and a propagation step
and may include an isomerization step. In addition, polymerization and cracking steps may
be involved. However, these side reactions are generally undesirable. Examples of these
reactions are given in Fig. 1.4.2.

Initiation. The initiation step (Fig. 1.4.2a) generates the tertiary butyl cations that
will subsequently carry on the alkylation reaction.

Propagation. Propagation reactions (Fig. 1.4.2b) involve the tertiary butyl cation
reacting with an olefin to form a larger carbenium ion, which then abstracts a hydride
from an isobutane molecule. The hydride abstraction generates the isoparaffin plus a
new tertiary butyl cation to carry on the reaction chain.

Isomerization. Isomerization [Eq. (1.4.12), shown in Fig. 1.4.2¢] is very important in
producing good octane quality from a feed that is high in 1-butene. The isomerization
of 1-butene is favored by thermodynamic equilibrium. Allowing 1-butene to isomerize
to 2-butene reduces the production of dimethylhexanes (research octane number of 55
to 76) and increases the production of trimethylpentanes. Many recent HF Alkylation
units, especially those processing only butylenes, have upstream olefin isomerization
units that isomerize the 1-butene to 2-butene.
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CH; CHs;
CH;-C = CHp+CH3-CH-CH, — CH3-(::-CH2-(I:H-CH3
CH,; CH; CH,;
Isobutylene  Isobutane (Isooctane)

2,2,4-Trimethylpentane

CH, = CH-CHy-CH, + CH4-CH-CH; —> CH3-CH-CH-CH,-CH,-CH3
1 1 1

1-Butene Isobutane 2,3-Dimethylpentane
CH;
1
CH3-CH = CH-CH; + CH3-CH-CH;3 —> CHj- C-CH,-CH-CH,
1 1 1
CH; CH; CHj;
2-Butene Isobutane 2,2,4-Trimethylpentane
CH3;CH3CH3
[
or CH3-CH-CH-CH-CH,

2,3,4-Trimethylpentane

CH;-CH = CH, + CH5-CH-CH, —> CH3-CH-CH-CH,-CH;3
1 [N
CH; CH;CH;
Propylene Isobutane 2,3-Dimethylpentane

FIGURE 1.4.1 HF alkylation primary reactions for monoolefins.
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(1.4.1)

(1.4.2)

(1.4.3)

(1.4.4)

Equation (1.4.13) is an example of the many possible steps involved in the isomeriza-

tion of the larger carbenium ions.

Other Reactions. The polymerization reaction [Eq. (1.4.14), shown in Fig. 1.4.2d]
results in the production of heavier paraffins, which are undesirable because they
reduce alkylate octane and increase alkylate endpoint. Minimization of this reaction is

achieved by proper choice of reaction conditions.

The larger polymer cations are susceptible to cracking or disproportionation reactions
[Eq. (1.4.15)], which form fragments of various molecular weights. These fragments can

then undergo further alkylation.
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TABLE 1.4.1 Compositions of Alkylate from Pure-Olefin

Feedstocks
Olefin
Component, wt % CH, iCH; CHg2 C,Hg-1
C, isopentane 1.0 0.5 0.3 1.0
Cs:
Dimethylbutanes 0.3 0.8 0.7 0.8
Methylpentanes — 0.2 0.2 0.3
Cos:
2,3-Dimethylpentane 29.5 2.0 1.5 1.2
2,4-Dimethylpentane 14.3 — — —
Methylhexanes — — — —
Cys:
2,2,4-Trimethylpentane 363 662 48.6 38.5
2,2,3-Trimethylpentane — — 1.9 0.9
2,3,4-Trimethylpentane 7.5 12.8 222 19.1
2,3,3-Trimethylpentane 4 7.1 12.9 9.7
Dimethylhexanes 32 34 6.9 22.1
C,+ products 3.7 5.3 4.1 5.7
A ®
C-C=C+HF—> C-C-C —> C-C-C (1.4.5)
1 1 1
Cc C C
F
. ® o, ®
Cc-C =C-C + HF ——> C-C-C-C —> C-C-C-C ——> C-C-C-C + C-C-C (1.4.6)
1
C
F
Cc=C-C-C + HF ——> C-C-C-C —> C-C-C-C ——>C-C-C-C+C-C-C (1.4.7)
1
C
F
1 iCq ®
C=CC+HF ——> C-C-C —> C-C-C —>C-C-C+C-C-C (1.4.8)
@ I
Cc

FIGURE 1.4.2a HF alkylation reaction mechanism—initiation reactions.
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® SO i, ®
C=C-C-C + C-C-C = —»c-c-c-c-c-c—» Dimethylhexane + C-C-C (1.4.9)
C C C
ccC
® ] iC, ®
Cc-C= CC+CCC—> CCCCC—)TrlmethyIpentane +CCC(1410)
¢ c ® ¢
® ¢c c ®
iCy
CC C+CCC —>CCCCC—> Trimethylpentane +CCC(1411)
]
¢ c c ® ¢

FIGURE 1.4.2b HF alkylation reaction mechanism—propagation reactions.

C=C-C-C «——= C-C=C-C (1.4.12)
1-Butene 2-Butene
C C C C C C ic, (1.4.13)
ccccc<_’ ccccc 4__’cc00c — s 2, 2, 4 -Trimethylpentane
C ®C ® C
C~nC ccCcC
@ [ iCy
C- c C- C C 4__’ Cc-C-C-C-C 45 2, 3, 4 -Trimethylpentane
C Tl
cCcCcC
[
C-C-C-C-C
ccC
[ | IC
C-C-C-C-C —=3> 2,3, 3 -Trimethylpentane
1
®C

FIGURE 1.4.2¢c HF alkylation reaction mechanism—isomerization.
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Polymerization (1.4.14)

c ®
|
C-C-C-C-C + C-C=C-C —> Cy,*
| |
C C C16+ etc.

Cracking-Disproportionation (1.4.15)

Ci,t —>cst + CtF

Hydrogen Transfer (1.4.16)

c=Cc-C + c-c-C —> C-C-C + C-C=C
| 1

C C
c-(I:=C + C-(I:-C —> Trimethylpentane (1.4.17)
C C
Overall Reaction: (1.4.18)

C3Hg + 2iC4H;q —> C3Hg + Trimethylpentane

FIGURE 1.4.2d HF alkylation reaction mechanism—other.

Hydrogen Transfer. The hydrogen transfer reaction is most pronounced with
propylene feed. The reaction also proceeds via the carbenium ion mechanism. In the
first reaction [Eq. (1.4.16)], propylene reacts with isobutane to produce butylene and
propane. The butylene is then alkylated with isobutane [Eq. (1.4.17)] to form
trimethylpentane. The overall reaction is given in Eq. (1.4.18). From the viewpoint of
octane, this reaction can be desirable because trimethylpentane has substantially
higher octane than the dimethylpentane normally formed from propylene. However,
two molecules of isobutane are required for each molecule of alkylate, and so this
reaction may be undesirable from an economic viewpoint.

PROCESS DESCRIPTION

The alkylation of olefins with isobutane is complex because it is characterized by simple
addition as well as by numerous side reactions. Primary reaction products are the isomer-
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ic paraffins containing carbon atoms that are the sum of isobutane and the corresponding
olefin. However, secondary reactions such as hydrogen transfer, polymerization, isomer-
ization, and destructive alkylation also occur, resulting in the formation of secondary prod-
ucts both lighter and heavier than the primary products.

The factors that promote the primary and secondary reaction mechanisms differ, as
does the response of each to changes in operating conditions or design options. Not all sec-
ondary reactions are undesirable; for example, they make possible the formation of isooc-
tane from propylene or amylenes. In an ideally designed and operated system, primary
reactions should predominate, but not to the complete exclusion of secondary ones. For the
HF Alkylation process, the optimum combinations of plant economy, product yield, and
quality are achieved with the reaction system operating at cooling-water temperature and
an excess of isoparaffin and with contaminant-free feedstocks and vigorous, intimate acid-
hydrocarbon contact.

To minimize acid consumption and ensure good alkylate quality, the feeds to the alky-
lation unit should be dry and of low sulfur content. Normally, a simple desiccant-drying
system is included in the unit design package. Feed treating in a UOP Merox* unit for mer-
captan sulfur removal can be an economic adjunct to the alkylation unit for those applica-
tions in which the olefinic feed is derived from catalytic cracking or from other operations
in which feedstocks of significant sulfur content are processed. Simplified flow schemes
for a typical C, HF Alkylation unit and a C,-C, HF Alkylation unit are shown in Figs. 1.4.3
and 1.4.4.

Treated and dried olefinic feed is charged along with recycle and makeup isobutane
(when applicable) to the reactor section of the plant. The combined feed enters the shell of
a reactor—heat exchanger through several nozzles positioned to maintain an even tempera-
ture throughout the reactor. The heat of reaction is removed by heat exchange with a large
volume of coolant flowing through the tubes having a low temperature rise. If cooling
water is used, it is then available for further use elsewhere in the unit. The effluent from
the reactor enters the settler, and the settled acid is returned to the reactor.

The hydrocarbon phase, which contains dissolved HF acid, flows from the settler and
is preheated and charged to the isostripper. Saturate field butane feed (when applicable) is
also charged to the isostripper. Product alkylate is recovered from the bottom of the col-
umn. Any normal butane that may have entered the unit is withdrawn as a sidecut.
Unreacted isobutane is also recovered as a sidecut and recycled to the reactor.

The isostripper overhead consists mainly of isobutane, propane, and HF acid. A drag
stream of overhead material is charged to the HF stripper to strip the acid. The overhead
from the HF stripper is returned to the isostripper overhead system to recover acid and
isobutane. A portion of the HF stripper bottoms is used as flushing material. A net bottom
stream is withdrawn, defluorinated, and charged to the gas concentration section (C,-C,
splitter) to prevent a buildup of propane in the HF Alkylation unit.

An internal depropanizer is required in an HF Alkylation unit processing C,-C, olefins
and may be required with C, olefin feedstocks if the quantity of propane entering the unit
is too high to be rejected economically as previously described. The isostripper overhead
drag stream is charged to the internal depropanizer. Overhead from the internal depropaniz-
er is directed to the HF stripper to strip HF acid from the high-purity propane. A portion of
the internal depropanizer bottoms is used as flushing material, and the remainder is returned
to the alkylation reactor. The HF stripper overhead vapors are returned to the internal
depropanizer overhead system. High-purity propane is drawn off the bottom of the HF strip-
per, passes through a defluorination step, and is then sent to storage.

A small slipstream of circulating HF acid is regenerated internally to maintain acid
purity at the desired level. This technique significantly reduces overall chemical con-

*Trademark and/or service mark of UOP.
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sumption. An acid regenerator column is also provided for start-ups after turnarounds or
in the event of a unit upset or feed contamination.

When the propane or normal butane from the HF unit is to be used as liquefied petro-
leum gas (LPG), defluorination is recommended because of the possible breakdown of
combined fluorides during combustion and the resultant potential corrosion of burners.
Defluorination is also required when the butane is to be directed to an isomerization unit.
After defluorination, the propane and butane products are treated with potassium hydrox-
ide (KOH) to remove any free HF acid that might break through in the event of unit misop-
eration.

The alkylation unit is built almost entirely of carbon steel although some Monel is used
for most moving parts and in a few other limited locations. Auxiliary neutralizing and
scrubbing equipment is included in the plant design to ensure that all materials leaving the
unit during both normal and emergency operations are acid-free.

ENGINEERING DESIGN

The reactor and distillation systems that UOP uses have evolved through many years of
pilot-plant evaluation, engineering development, and commercial operation. The overall
plant design has progressed through a number of variations, resulting in the present con-
cepts in alkylation technology.

Reactor Section
In the design of the reactor, the following factors require particular attention:

e Removal of heat of reaction

e Generation of acid surface: mixing and acid/hydrocarbon ratio
e Acid composition

e Introduction of olefin feed

The proper control of these factors enhances the quality and yield of the alkylate product.

Selecting a particular reaction system configuration requires careful consideration of
the refiner’s production objectives and economics. The UOP reaction system optimizes
processing conditions by the introduction of olefin feed through special distributors to pro-
vide the desired contact with the continuous-acid phase. Undesirable reactions are mini-
mized by the continuous removal of the heat of reaction in the reaction zone itself. The
removal of heat in the reaction zone is advantageous because peak reaction temperatures
are reduced and effective use is made of the available cooling-water supply.

Acid Regeneration Section

The internal acid regeneration technique has virtually eliminated the need for an acid
regenerator and, as a result, acid consumption has been greatly reduced. The acid regener-
ator has been retained in the UOP design only for start-ups or during periods when the feed
has abnormally high levels of contaminants, such as sulfur and water. For most units, dur-
ing normal operation, the acid regenerator is not in service.

When the acid regenerator is in service, a drag stream off the acid circulation line at the
settler is charged to the acid regenerator, which is refluxed on the top tray with isobutane.
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The source of heat to the bottom of the regenerator for a C,-C, HF Alkylation unit is super-
heated isobutane from the depropanizer sidecut vapors. For a C, HF Alkylation unit, the
stripping medium to the acid regenerator is sidecut vapors from the HF stripper bottoms.
The regenerated HF acid is combined with the overhead vapor from the isostripper and
sent to the cooler.

Neutralization Section

UOP has designed the neutralization section to minimize the amount of additional efflu-
ents such as offensive materials and undesirable by-products. Releasing acid-containing
vapors to the regular relief-gas system is impractical because of corrosion and odor prob-
lems as well as other environmental and safety concerns. The system is composed of the
relief-gas scrubber, KOH mix tank, circulating pumps, and a KOH regeneration tank.

All acid vents and relief valves are piped to this relief section. Gases pass up through
the scrubber and are contacted by a circulating KOH solution to neutralize the HF acid.
After the neutralization of the acid, the gases can be safely released into the refinery flare
system.

The KOH is regenerated on a periodic basis in the KOH regeneration tank by using
lime to form calcium fluoride (CaF,) and KOH. The CaF, settles to the bottom of the tank
and is directed to the neutralizing basin, where acidic water from acid sewers and small
amounts of acid from the process drains are treated. Lime is used to convert any fluorides
into calcium fluoride before any waste effluent is released into the refinery sewer system.

Distillation System

The distillation and recovery sections of HF Alkylation units have also seen considerable
evolution. The modern isostripper recovers relatively high-purity isobutane as a sidecut
that is recycled to the reactor. This recycle is virtually acid-free, thereby minimizing unde-
sirable side reactions with the olefin feed prior to entry into the reactor. A small rectifica-
tion section on top of the modern isostripper provides for more efficient propane rejection.

Although a single high-pressure tower can perform the combined functions of isostrip-
per and depropanizer, UOP’s current design incorporates two towers (isostripper and
depropanizer) for the following reasons:

¢ Each tower may be operated at its optimum pressure. Specifically, in the isostripper for
this two-tower design, the relative volatilities between products increase, and the num-
ber of trays required for a given operation are reduced in addition to improving separa-
tion between cuts.

e This system has considerably greater flexibility. It is easily convertible to a butylene-
only operation because the depropanizer may be used as a feed splitter to separate C,s
and C,s. The two-tower design permits the use of side feeds to the isostripper column,
should it be necessary to charge makeup isobutane of low purity. This design also per-
mits the production of lower-vapor-pressure alkylate and a high-purity sidecut nC, for
isomerizing or blending and the ability to make a clean split of side products.

e The two-tower design permits considerable expanded capacity at low incremental cost
by the addition of feed preheat and side reboiling.

o Alkylate octane increases with decreasing reaction temperature. During cooler weather,
the unit may be operated at lower isobutane/olefin ratios for a given product octane,
because the ratio is fixed by the product requirement and not by the fractionation
requirements. The commensurate reduction in utilities lowers operating costs.
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Because of the low isostripper pressure in a two-tower system, this arrangement permits
the use of steam for reboiling the isostripper column instead of a direct-fired heater,
which is necessary in a single-tower system. In most cases, a stab-in reboiler system is
suitable even for withdrawing a sidecut. Using a steam reboiler can be a considerable
advantage when refinery utility balances so indicate, and it also represents considerable
investment-cost savings.

e The two-tower system has proven its performance in a large number of operating units,
and its flexibility has been proven through numerous revamps for increased capacity on
existing units.

e The two-tower system also requires less overhead condenser surface, which lowers the
investment required for heat exchange.

Clean isobutane is available for flush, whereas only alkylate flush is available in the sin-
gle-column operation. This clean-isobutane stream is also available to be taken to stor-
age and is a time saver during start-ups and shutdowns.

Although fewer pieces of equipment are required with the single tower, the large num-
ber of trays and the high-pressure design necessitate the use of more tons of material and
result in a somewhat higher overall cost than does the two-tower system.

e The regenerator column contains no expensive overhead system, and the internal HF
regeneration technique results in improved acid consumption.

Because a high-temperature differential can be taken on most cooling water, cooling-
water requirements for the two-tower system are only about two-thirds those of the sin-
gle-tower system.

COMMERCIAL INFORMATION

Typical commercial yields and product properties for charging various olefin feedstocks to
an HF Alkylation unit are shown in Tables 1.4.2 and 1.4.3. Table 1.4.4 contains the detailed
breakdown of the investment and production costs for a pumped, settled acid-alkylation
unit based on a typical C, olefin feedstock.

ENVIRONMENTAL CONSIDERATIONS

The purpose of operating an HF Alkylation unit is to obtain a high-octane motor fuel
blending component by reacting isobutane with olefins in the presence of HF acid. In the
UOP HF Alkylation process, engineering and design standards have been developed and
improved over many years to obtain a process that operates efficiently and economically.
This continual process development constitutes the major reason for the excellent product
qualities, low acid-catalyst consumption, and minimal extraneous by-products obtained by
the UOP HF Alkylation process.

TABLE 1.4.2 HF Alkylation Yields

Olefin Required vol. Vol. alkylate
feedstocks  iC,/vol. olefin  produced/vol. olefin
C,-C, 1.28 1.78

Mixed C, 1.15 1.77
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TABLE 1.4.3 HF Alkylation Product Properties

Propylene-
Property butylene feed ~ Butylene feed
Specific gravity 0.693 0.697
Distillation temperature, °C (°F):
IBP 41 (105) 41 (105)
10% 71 (160) 76 (169)
30% 93 (200) 100 (212)
50% 99 (210) 104 (220)
70% 104 (219) 107 (225)
90% 122 (250) 125 (255)
EP 192 (378) 196 (385)
Octanes:
RONC 93.3 95.5
MONC 91.7 93.5

Note: 1BP = initial boiling point; EP = endpoint; RONC = research
octane number, clear; MONC = motor octane number, clear.

TABLE 1.4.4 Investment and Production Cost Summary*

Operating cost $/stream day ~ $/MT alkylate  $/bbl alkylate
Labor 1,587 0.016 0.176
Utilities 6,609 0.066 0.734
Chemical consumption, laboratory 5,639 0.056 0.627

allowance, maintenance, taxes,

and insurance
Total direct operating costs 13,835 0.138 1.537
Investment, estimated erected cost (EEC), first quarter 2002 $27,800,000

*Basis: 348,120 MTA (9000 BPSD) Cy + alkylate.
Note: MT = metric tons; MTA = metric tons per annum; BPSD = barrels per stream-day.

As in every process, certain minor process inefficiencies, times of misoperation, and
periods of unit upsets occur. During these times, certain undesirable materials can be dis-
charged from the unit. These materials can be pollutants if steps are not taken in the
process effluent management and product-treating areas to render these by-product mate-
rials harmless.

In a properly operated HF Alkylation unit, the amount of additional effluent, such as
offensive materials or undesirable by-products is minimal, and with proper care, these
small streams can be managed safely and adequately. The potentially offensive nature of
the streams produced in this process as well as the inherent hazards of HF acid has result-
ed in the development of effluent management and safety procedures that are unique to the
UOP HF Alkylation process. The following sections briefly describe these procedures and
how these streams are safely handled to prevent environmental contamination. The refin-
er must evaluate and comply with any pertinent effluent management regulations. An over-
all view of the effluent management concept is depicted in Fig. 1.4.5.

Effluent Neutralization

In the Alkylation unit’s effluent-treating systems, any neutralized HF acid must eventual-
ly leave the system as an alkali metal fluoride. Because of its extremely low solubility in
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FIGURE 1.4.5 UOP HF Alkylation process effluent management.

water, CaF, is the desired end product. The effluent containing HF acid can be treated with
a lime [CaO-Ca(OH),] solution or slurry, or it can be neutralized indirectly in a KOH sys-
tem to produce the desired CaF, product.

The KOH neutralization system currently used in a UOP-designed unit involves a
two-stage process. As HF acid is neutralized by aqueous KOH, soluble potassium fluo-
ride (KF) is produced, and the KOH is gradually depleted. Periodically, some of the KF-
containing neutralizing solution is withdrawn to the KOH regenerator. In this vessel, KF
reacts with a lime slurry to produce insoluble CaF, and thereby regenerates KF to KOH.
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The regenerated KOH is then returned to the system, and the solid CaF, is routed to the
neutralizing basin.

Effluent Gases. The HF Alkylation unit uses two separate gas vent lines to maintain
the separation of acidic gases from nonacidic gases until the acidic gases can be
scrubbed free of acid.

Acidic Hydrocarbon Gases. Acidic hydrocarbon gases originate from sections of
the unit where HF acid is present. These gases may evolve during a unit upset, during
a shutdown, or during a maintenance period in which these acidic gases are partially
or totally removed from the process vessels or equipment. The gases from the acid
vents and from the acid pressure relief valves are piped to a separate closed relief
system for the neutralization of the acid contained in the gas. The acid-free gases are
then routed from this acid-scrubbing section to the refinery nonacid flare system,
where they are disposed of properly by burning.

The acidic gases are scrubbed in the acid neutralization and caustic regeneration system,
as shown Fig. 1.4.6. This system consists of the relief-gas scrubber, KOH mix tank, liquid-
knockout drum, neutralization drum, circulating pumps, and a KOH regeneration tank.

Acidic gases, which were either vented or released, first flow to a liquid-knockout drum
to remove any entrained liquid. The liquid from this drum is pumped to the neutralization
drum. The acidic gases from the liquid-knockout drum then pass from the drum to the
scrubbing section of the relief-gas scrubber, where countercurrent contact with a KOH
solution removes the HF acid. After neutralization of the HF acid, the nonacidic gases are
released into the refinery flare system.

The KOH used for the acidic-gas neutralization is recirculated by the circulation
pumps. The KOH solution is pumped to the top of the scrubber and flows downward to
contact the rising acidic gas stream and then overflows a liquid-seal pan to the reservoir
section of the scrubber. In addition, a slipstream of the circulating KOH contacts the acidic
gas just prior to its entry to the scrubber. The circulating KOH removes HF through the
following reaction:

HF + KOH — KF + H,0 (1.4.19)

Maintaining the circulating caustic pH and the correct percentage of KOH and KF
requires a system to regenerate the caustic. This regeneration of the KOH solution is per-
formed on a batch basis in a vessel separate from the relief-gas scrubber. In this regenera-
tion tank, lime and the spent KOH solution are thoroughly mixed. The regenerated caustic
solution is pumped back to the scrubber. The CaF, and any unreacted lime are permitted
to settle out and are then directed to the neutralization pit. The regeneration of the spent
KOH solution follows the Berthollet rule, by which the insolubility of CaF, in water per-
mits the complete regeneration of the potassium hydroxide according to the following
equation:

2KF + Ca (OH) , — 2KOH + CaF, (1.4.20)

Nonacidic Hydrocarbon Gases. Nonacidic gases originate from sections of the
unit in which HF acid is not present. These nonacidic gases from process vents and
relief valves are discharged into the refinery nonacid flare system, where they are
disposed of by burning. The material that is vented or released to the flare is mainly
hydrocarbon in nature. Possibly, small quantities of inert gases are also included.

Obnoxious Fumes and Odors. The only area from which these potentially
objectionable fumes could originate is the unit’s neutralizing basins. To prevent the
discharge of these odorous gases to the surroundings, the neutralizing basins are
tightly covered and equipped with a gas scrubber to remove any offensive odors. The
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gas scrubber uses either water or activated charcoal as the scrubbing agent. However,
in the aforementioned neutralizing system, odors from the basin are essentially
nonexistent because the main source of these odors (acid regenerator bottoms) is
handled in separate closed vessels.

Liquid Effluents. The HF Alkylation unit is equipped with two separate sewer
systems to ensure the segregation of the nonacid from the possibly acid-containing
water streams.

Acidic Waters. Any potential HF containing water streams (rainwater runoff in the
acid area and wash water), heavy hydrocarbons, and possibly spent neutralizing media
are directed through the acid sewer system to the neutralizing basins for the
neutralization of any acidic material. In the basins, lime is used to convert the
incoming soluble fluorides to CaF,.

The neutralizing basins consist of two separate chambers (Fig. 1.4.7). One chamber is
filled while the other drains. In this parallel neutralizing basin design, one basin has the
inlet line open and the outlet line closed. As only a few surface drains are directed to the
neutralizing basins, inlet flow normally is small, or nonexistent, except when acid equip-
ment is being drained. The operator regularly checks the pH and, if necessary, mixes the
lime slurry in the bottom of the basin.

After the first basin is full, the inlet line is closed, and the inlet to the second basin is
opened; then lime is added to the second basin. The first basin is mixed and checked with
pH paper after a period of agitation; if it is acidic, more lime is added from lime storage
until the basin is again basic. After settling, the effluent from the first basin is drained.

Nonacidic Waters. The nonacid sewers are directed to the refinery water disposal
system or to the API separators.
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FIGURE 1.4.7 Neutralizing basin.
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Liquid Process Effluents (Hydrocarbon and Acid). Hydrocarbon and acid
effluents originate from some minor undesirable process side reactions and from any
feed contaminants that are introduced to the unit. Undesirable by-products formed in
this manner are ultimately rejected from the Alkylation unit in the acid regeneration
column as a bottoms stream.

The regeneration-column bottoms stream consists mainly of two types of mixtures.
One is an acid-water phase that is produced when water enters the unit with the feed
streams. The other mixture is a small amount of polymeric material that is formed during
certain undesirable process side reactions. Figure 1.4.8 represents the HF acid regenera-
tion circuit.

The first step in the disposal of these materials is to direct the regenerator bottoms to
the polymer surge drum, where the two mixtures separate. The acid-water mixture forms
an azeotrope, or constant boiling mixture (CBM), which is directed to the neutralizing
drum (Fig. 1.4.8) for neutralization of the HF acid. The acid in this CBM ultimately ends
up as insoluble CaF, (as described previously). The polymer that remains in the polymer
surge drum is then transferred to the tar neutralizer, where the HF acid is removed. The
polymer has excellent fuel oil properties and can then be disposed of by burning as long
as applicable regulations allow such. However, by the mid-1980s, technology and special
operating techniques such as internal acid regeneration had virtually eliminated this liquid-
effluent stream for many units.

Solid Effluents

Neutralization Basin Solids. The neutralization basin solids consist largely of
CaF, and unreacted lime. As indicated previously, all HF-containing liquids that are
directed to the neutralizing basins ultimately have any contained soluble fluorides
converted to insoluble CaF,. The disposal of this solid material is done on a batch
basis. A vacuum truck is normally used to remove the fluoride-lime sludge from the
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pit. This sludge has traditionally been disposed of in a landfill after analysis to ensure
appropriate properties are met.

Another potential route for sludge disposal is to direct it to a steel manufacturing com-
pany, where the CaF, can be used as a neutral flux to lower the slag melting temperature
and to improve slag fluidity. The CaF, may possibly be routed back to an HF acid manu-
facturer, as the basic step in the HF-manufacturing process is the reaction of sulfuric acid
with fluorspar (CaF,) to produce hydrogen fluoride and calcium sulfate.

Product-Treating Solids. The product-treating solids originate when LPG
products are defluorinated over activated alumina. Over time, the alumina loses the
ability to defluorinate the LPG product streams. At this time, the alumina is
considered spent, and it is then replaced with fresh alumina. Spent alumina must be
disposed of in accordance with applicable regulations or sent to the alumina vendor
for recovery.

Miscellaneous Solids. Porous material such as wiping cloths, wood, pipe
coverings, and packings that are suspected of coming into contact with HF acid are
placed in specially provided disposal cans for removal and are periodically burned.
These solids may originate during normal unit operation or during a maintenance
period. Wood staging and other use of wood in the area are kept to a minimum. Metal
staging must be neutralized before being removed from the acid area.

MITIGATING HF RELEASES—THE
CHEVRONTEXACO AND UOP ALKAD PROCESS

Growing environmental and public safety concerns since the mid-1980s have heightened
awareness of hazards associated with many industrial chemicals, including HF acid.
Refiners responded to these concerns with the installation of mitigation systems designed
to minimize the consequences of accidental releases. ChevronTexaco and UOP developed
the Alkad* technology' to assist in reducing the potential hazards of HF acid and to work
in conjunction with other mitigation technology.

HF Acid Concerns and Mitigation

Although HF alkylation was clearly the market leader in motor fuel alkylation by the mid-
1980s, growing concerns about public safety and the environment caused HF producers
and users to reassess how HF acid was handled and how to respond to accidental releases.
In 1986, Amoco and the Lawrence Livermore National Laboratory conducted atmospher-
ic HF release tests at the Department of Energy Liquefied Gaseous Fuels Facility in
Nevada. These tests revealed that HF acid could form a cold, dense aerosol cloud that did
not rapidly dissipate and remained denser than air. In 1988, another set of tests, the Hawk
tests, was conducted to determine the effect of water sprays on an HF aerosol cloud. These
tests indicated that a water/HF ratio of 40/1 by volume would reduce the airborne HF acid
by about 90 percent.” As a result of these investigations, many refiners have installed, or
are planning to install, water spray systems in their HF alkylation units to respond to acci-
dental releases.

Other mitigation technology installed by refiners includes acid inventory reduction, HF
detection systems, isolation valves, and rapid acid transfer systems. These mitigation sys-

*Trademark and/or service mark of UOP.
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tems can be described as external, defensive response systems because they depend on an
external reaction (for example, spraying water) to a detected leak.

ChevronTexaco and UOP chose to develop a system that would respond prior to leak
detection. Such a system could be described as an internal, passive response system
because it is immediately effective, should a leak occur. In 1991, ChevronTexaco and UOP
began to work together to develop an additive system to reduce the risk associated with the
HF alkylation process. The objective was to develop an additive that would immediately
suppress the HF aerosol in the event of a leak but would not otherwise interfere with the
normal performance of the HF unit.

Aerosol Reduction

ChevronTexaco screened a large number of additive materials for aerosol reduction capa-
bility in its R&D facilities in Port Arthur, Texas. The most promising materials that sig-
nificantly reduced aerosol and maintained adequate alkylation activity were tested in a
large-scale release chamber in Oklahoma.’

Release tests with additive demonstrated the potential reduction of airborne HF acid at
various additive concentrations. This reduction was determined on the basis of the weight
of material collected relative to the weight of material released. The aerosol reduction
achieved is described in Fig. 1.4.9. As shown, reductions of airborne HF acid of up to 80
percent may be possible, depending on the additive concentration level at which a refiner
is able to operate. Employing the Alkad technology in conjunction with water sprays may
result in more than 95 percent reduction of the airborne HF acid.

Process Development

ChevronTexaco and UOP conducted a trial with the most interesting additive material in
the older of two alkylation units at the former Texaco refinery in El Dorado, Kansas, in
1992. During the trial, the alkylation unit operated well, with no changes as a result of the
presence of additive in the acid. Following this successful trial, UOP designed facilities to
recover the acid-additive complex from the acid regenerator bottoms stream and recycle
this material to the reactor section.

100
80—
Large Scale Release
Laboratory Test Results
60— Results

40

20

HF Aerosol Reduction, wt-%

| | | |
0 2 4 6 8

Additive Concentration, mol-%

FIGURE 1.4.9 Aerosol reduction results.
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The recovery process has been further optimized following the operations from 1994
through 1998. The addition of the recovery process to an HF alkylation unit or design gen-
erally requires a new column, separator, and associated equipment. The HF acid regener-
ator column is still used for the removal of water and light polymer from the process. A
simplified flow scheme is shown in Fig. 1.4.10.

A slipstream of circulating acid is sent to the additive stripper column. The additive
stripper sends acid, water, and light acid-soluble oils overhead and on to the acid regener-
ator. Heavy acid-soluble oils and the concentrated HF-additive complex are sent to the
additive stripper bottoms separator. From this separator the polymer is sent to neutraliza-
tion, and the HF-additive complex is recycled to the reactor section. The acid regenerator
removes water and light acid-soluble oils from the additive stripper overhead stream. The
water is in the form of a constant boiling mixture of water and HF.

Commercial Experience

After construction of the modular additive recovery section was completed, Texaco began
operating the Alkad technology in September 1994. The immediate observation when the
additive was introduced was an increase in product octane and a reduction in alkylate end-
point. Research octane was 1.5 or more numbers higher than the baseline operation (Fig.
1.4.11). A comparison of operations with and without additive is shown in Table 1.4.5,
which breaks down two alkylate samples from equivalent operating conditions. An analy-
sis of the alkylate components has shown that the increased octane is partially due to a sig-
nificantly higher octane in the Cy+ material. Increased paraffin branching in the C, and
lighter fraction is also a contributor to the octane boost. As shown in Fig. 1.4.12, initial
data indicated that the alkylate 90 percent distillation point had decreased 14 to 19°C (25
to 35°F) and the endpoint had dropped 17 to 22°C (30 to 40°F). As gasoline regulations
change, this distillation improvement may allow refiners to blend in more material from
other sources and still meet regulatory requirements in their areas and effectively increase
gasoline pool volume. Texaco installed this additive-recovery system for approximately $7
million U.S.
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TABLE 1.4.5 Alkylate Composition Comparison

No additive

With additive

Alkylate RONC (measured) 90.8
Composition, LV %:
Cs 2.84
C, 14.15
Cq 45.24
Cy+ 17.49
Calculated C, + RONC 81.6
Dimethylbutane/methylpentane 1.7
Dimethylpentane/methylhexane 51.0

92.2

3.58
19.06
44.35
16.28
89.5

2.5
77.1

Note: LV % = liquid volume percent.
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The Alkad process significantly reduces the hazards associated with an accidental
release of HF acid and minimizes the refiner’s further investment in motor fuel alkylation
mitigation technology.
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CHAPTER 1.5

LINEAR ALKYLBENZENE
(LAB) MANUFACTURE

Andrea Bozzano
vor
Des Plaines, Illinois

INTRODUCTION

The detergent industry originated in the late 1940s with the advent of sodium alkylbenzene
sulfonates, which had detergency characteristics far superior to those of natural soaps.
Natural soaps are sodium salts of fatty acids obtained by the alkaline saponification of nat-
urally occurring triglycerides from either vegetal or animal sources. The early alkylben-
zene sulfonates (ABSs) were essentially sodium dodecylbenzene sulfonates (DDBSs), also
known as branched alkylbenzene sulfonates (BABSs) obtained by the Friedel-Crafts alky-
lation of benzene with propylene tetramer, a mixture of branched C,, olefins.
Dodecylbenzenes (DDBs) are then sulfonated with oleum or sulfur trioxide (SO;) and neu-
tralized with sodium hydroxide or soda ash.

Because of their lower cost and high effectiveness in a wide range of detergent formu-
lations, DDBSs rapidly displaced natural soaps in household laundry and dishwashing
applications. However, although excellent from a performance viewpoint, BABS exhibit-
ed slow rates of biodegradation in the environment and, in the early 1960s, started to be
replaced by linear alkylbenzene sulfonate (LAS or LABS). The linear alkyl chains found
in LAS biodegrade at rates that are comparable to those observed in the biodegradation of
natural soaps and other natural and semisynthetic detergent products.

The use of DDBS has never been formally banned in the United States, but by the late
1960s, its use had been largely phased out in the United States, Japan, and several
European countries. By the late 1970s, the use of LAS had become more generalized, and
new facilities were added in developing countries around the world. Currently, LAS
accounts for virtually the entire worldwide production of alkylbenzene sulfonates. The
demand for linear alkylbenzene increased from about 1.0 million metric tons per year
(MTA) in 1980 to about 1.7 million in 1990. The demand for LAB is approximately 2.5
million MTA and is growing at an annual rate of 3.5 percent as of 2002. Worldwide LAB
production capacity is approximately 2.8 million MTA as of 2002.

1.57
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TECHNOLOGY BACKGROUND

Various routes were developed and used in the production of LAB. The first hurdle to be
overcome was the recovery, typically from kerosene or gas oil fractions, of linear paraffins
(n-paraffins) in the C,, to C , range. Initial recovery attempts were based on the use of urea
adducts, which were soon replaced by adsorptive separation and recovery techniques, in
either the vapor or the liquid phase. These techniques used a variety of adsorbents and des-
orbents. Adsorptive separation techniques based on the molecular sieve action of 5-A zeo-
lites have dominated this industry since the mid-1960s. Typical commercial process
technologies for this separation include the UOP Molex* process in the liquid phase with
a hydrocarbon desorbent that makes use of UOP’s Sorbex* simulated moving-bed tech-
nology; the UOP IsoSiv* process (formerly Union Carbide’s), which operates in the vapor
phase also with a hydrocarbon desorbent; Exxon’s Ensorb process, which is also in the
vapor phase but has an ammonia desorbent; or a similar technology developed in the for-
mer German Democratic Republic (East Germany) and known as the GDR Parex process,
which also operates in the vapor phase with ammonia desorbent. The GDR Parex process
is not to be confused with UOP’s Parex process for the selective recovery of high-purity p-
xylene from aromatic streams using the Sorbex simulated moving-bed technology.

Once the linear paraffins have been recovered at sufficient purity, typically in excess of
about 98 percent, they have to be alkylated with benzene to produce LAB. To date,
attempts to alkylate n-paraffins with benzene directly have failed, thus necessitating the
activation of the n-paraffins to a more reactive intermediate before the alkylation with ben-
zene can take place.

The following routes for the production of LAB emerged during the 1960s:

Chlorination of n-paraffins to form primarily monochloroparaffins. Benzene is then
alkylated with monochloroparaffins using an aluminum chloride (AICL,) catalyst. An
example of this route was developed and commercialized by ARCO Technology Inc.!

Chlorination of n-paraffins followed by dehydrochlorination and alkylation of the result-
ing olefins with benzene typically using hydrofluoric (HF) acid as catalyst. Shell’s CDC
process (for chlorination/dehydrochlorination) is an example of such a process. This
type of technology was still used commercially until the mid-1980s by, among others,
Hiils AG in Germany.

Alkylation of linear olefins with benzene also using an HF catalyst. The olefins are usu-
ally linear alpha-olefins (LAOs) from wax cracking (now discontinued), alpha-olefins
from ethylene oligomerization, or linear internal olefins (LIOs) from olefin dispropor-
tionation. Various companies, such as BP, Chevron (formerly Gulf), and Shell, offer
technologies for the oligomerization of ethylene to LAO; Shell also produces linear
internal olefins by disproportionation in its Shell Higher Olefins process (SHOP).

Dehydrogenation of linear paraffins to a fairly dilute mixture of LIO in unconverted n-
paraffins, followed by the alkylation of the olefins with benzene also using HF acid cat-
alyst but without the separation and concentration of the LIO. UOP’s Pacol* process for
the catalytic dehydrogenation of n-paraffins and UOP’s HF Detergent Alkylate* process
for the alkylation of the LIO with benzene are prime examples of this approach. A sim-
ilar approach is also practiced by Huntsman Corp. (formerly Monsanto’s).>?

During the early days of LAB production, paraffin chlorination followed by alkylation
over AICI, gained some prominence. However, since the late 1960s, the dehydrogenation
and HF alkylation route has been the most prominent because of its economic advantages

*Trademark and/or service mark of UOP.
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and higher-quality product. Although LAO and LIO obtained from sources other than
dehydrogenation can equally be used, n-paraffin dehydrogenation routes have usually pre-
vailed because of the lower cost of the starting kerosene fractions. Table 1.5.1 shows an
approximate 2001 distribution of world LAB production employing these technologies.
The dehydrogenation followed by alkylation route accounts for 81 percent of world LAB
production. The Detal* process, which replaces HF with a solid heterogenous acid cata-
lyst, was introduced in 1995. The various routes for the production of LAB are illustrated
schematically on Fig. 1.5.1.

COMMERCIAL EXPERIENCE

The first commercial operations of UOP’s dehydrogenation and alkylation technologies
were in Japan and Spain at the end of 1968. Almost all the units built since then through-
out the world employ UOP technology. Over the years, UOP has continued research and
development and has introduced numerous improvements that resulted in improved eco-
nomics of LAB manufacture as well as consistently improved product quality. More than
30 LAB units now operate around the world with this process technology.

*Trademark and/or service mark of UOP.

TABLE 1.5.1 2001 World LAB Production by
Technology Route

Technology route Production, %
Chlorination and alkylation 10
Dehydrogenation and alkylation 81
High-purity olefins to alkylation 9
Total 100

Olefins from Cy*

Olefins from
Dehydrogenation of + @
n-Paraffins \\
Olefins from / F or - LAB
Dehydrochlorination of Det

Chloroparaffins Process)

Olefins from Wax Cracking

| Chloroparaffins I\ + @ (AICIY
| Pure Olefins /

FIGURE 1.5.1 Routes to LAB.
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The new Detal process was developed jointly by UOP and PETRESA, a wholly owned
subsidiary of CEPSA in Spain. The process uses a fixed bed of acidic, noncorrosive cata-
lyst to replace the liquid HF acid used in the present UOP HF Detergent Alkylate process.

The catalyst of choice for LAB production has been HF acid since the first Pacol unit
came on-stream in 1968. Its high efficiency, superior product, and ease of use relative to
the older AICI, catalyst are the reasons for this success. However, in both the HF- and the
AICl,-catalyzed processes, the handling of corrosive catalysts has had implications in
terms of the increased capital cost of the plant as well as in the disposal of the small quan-
tities of neutralization products generated in the process. Hence, the advantages of a het-
erogeneous catalyst in this application have long been recognized.

Aromatic alkylation has been demonstrated over many acidic solids, such as clay min-
erals, zeolites, metal oxides, and sulfides. Although many of these catalysts are highly
active, they are usually lacking in selectivity or stability. The key to a successful solid-bed
alkylation process is the development of a catalyst that is active, selective, and stable over
prolonged periods of operation. Research at PETRESA and UOP resulted in the develop-
ment of a solid catalyst for the alkylation of benzene with linear olefins to produce LAB.
The resulting Detal process was proved at UOP’s pilot plants and at PETRESA’s semi-
works facility in Spain and is now in commercial operation. As of today, there are three
operating Detal units worldwide and three more in the design phase. The process produces
a consistent-quality product that meets all detergent-grade LAB specifications.

The simplified flow diagrams in Figs. 1.5.2 and 1.5.3 illustrate the main differences
between the HF Detergent Alkylate and Detal processes. Figure 1.5.4 shows an integrated
LAB complex that incorporates Pacol, DeFine,* and detergent alkylation units. The flow
scheme for the Pacol and DeFine units remains unchanged for either an HF- or a solid-cat-
alyzed, fixed-bed alkylation unit.

In the HF Detergent Alkylate process, olefin feed from the Pacol-DeFine units is com-
bined with makeup and recycle benzene and is cooled prior to mixing with HF acid. The
reaction section consists of a mixer reactor and an acid settler. A portion of the HF acid
phase from the settler is sent to the HF acid regenerator, where heavy by-products are
removed to maintain acid purity. The hydrocarbon phase from the acid settler proceeds to
the fractionation section, where the remaining HF acid, excess benzene, unreacted n-paraf-
fins, heavy alkylate, and LAB product are separated by means of sequential fractionation
columns. The HF acid and benzene are recycled to the alkylation reactor. The unreacted n-
paraffins are passed through an alumina treater to remove combined fluorides and are then
recycled to the dehydrogenation unit. The flow diagram in Fig. 1.5.2 shows the HF acid
handling and neutralization section, which is required for the safe operation of the plant
and is always included within battery limits. This section represents a significant portion
of the investment cost of HF alkylation plants.

In the Detal scheme (Fig. 1.5.3), olefin feed combined with makeup and recycle ben-
zene flows through a fixed-bed reactor, which contains the solid catalyst. The reaction
occurs at mild conditions in the liquid phase. Reactor effluent flows directly to the frac-
tionation section, which remains the same as for the HF acid system except that the HF
acid stripper column and the alumina treater are eliminated. Also eliminated is the entire
HF reactor section, including the mixer reactor, acid settler, HF acid regenerator, and asso-
ciated piping. In addition, all the equipment and special metallurgy required for the safe
handling of HF acid, neutralization of effluent steams, and disposal of the neutralization
products are not required.

Because hydrocarbons such as paraffins, olefins, benzene, and alkylbenzenes are han-
dled in the Detal process, only carbon-steel construction is used. Thus, the Monel parts and
special pump seals used in HF service are eliminated.

*Trademark and/or service mark of UOP.
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FIGURE 1.5.3 Detal process flow scheme.

Research on the Detal catalyst showed that diolefins and some other impurities, most-
ly aromatics, coming from the Pacol dehydrogenation unit have a substantial impact on the
activity and stability of the Detal catalyst as well as on LAB quality. Thus, a DeFine
process unit must be included to convert all diolefins to monoolefins. Additionally, UOP
developed technology to remove aromatics from the alkylation feed. Normally, these aro-
matics alkylate with olefins and produce a heavy alkylate by-product in the alkylation unit.
Thus, aromatics removal has two benefits: increased LAB yield per unit of olefins and
improved activity of the Detal catalyst.

PRODUCT QUALITY

Table 1.5.2 compares LAB product properties for the two catalyst systems: HF and Detal.
The quality of the two products is similar, but LAB produced from Detal units has slight-
ly higher linearity. Both processes achieve low levels of tetralins in the LAB. However, the
Detal process achieves a lower level (less than 0.5) of tetralins compared to the HF
process.

The Detal LAB product also produces a lighter-colored sulfonate. As shown in Table
1.5.2, the Klett color of a 5% active solution of Detal-derived LAS is typically lower than
that of LAS obtained by using HE.

The most significant difference between HF and Detal LAB is in the higher 2-phenyl-
alkane content of the LAB obtained in the Detal process. This higher content of 2-phenyl-
alkane improves the solubility of the sulfonated LAB. The difference is particularly
important in liquid formulations, as illustrated in Fig. 1.5.5, which shows the cloud point
of the LAS derived from both systems. Over the range of 13% to 25% active solution of
sodium LAS, the Detal derived product exhibits a lower cloud point and is much less sen-
sitive to concentration compared with the HF derived product.
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TABLE 1.5.2 Comparison of HF and Detal LAB

Typical Typical
HF LAB  Detal LAB
Specific gravity 0.86 0.86
Bromine index <15 <10
Saybolt color +30 +30
Water, ppm <100 <100
Tetralins, wt % <1.0 <0.5
2-Phenyl-alkanes, wt % 15-18 >25
n-Alkylbenzene, wt % 93 94
Klett color of 5% active
LAS solution 20-40 10-30

20

g
g
3
o
<
=)
8
(&
5
-10 ! -
13 16.5 20 235

Active Ingredient, %

FIGURE 1.5.5 Solubility comparison of HF and Detal LAS.

ECONOMICS

A comparative economic analysis was prepared for the production of 80,000 MTA of LAB
using either the HF Detergent Alkylate or the Detal process. The complex was assumed to
consist of Pacol, DeFine, and HF Detergent Alkylate or Detal units (with aromatics
removal in the latter) as well as a common hot-oil belt. The equipment was sized on the
assumption of 8000 h on-stream per year, which corresponds to an effective production
capacity of 240 metric tons (MT) per stream-day.

The erected cost for the complex based on the HF Detergent Alkylate process is esti-
mated at $56 million. The same complex using the Detal process has an estimated erected
cost of $45 million. All design, construction, and labor costs were estimated on an open-
shop basis for a U.S. Gulf Coast location.

The economic analysis is summarized in Table 1.5.3. The yields represent the produc-
tion of LAB with an average molecular weight of 240.

By-product credits include hydrogen at about 95 mol % purity, light ends, heavy alky-
late, and HF regenerator bottoms. Utility requirements correspond to a typical modern
design of the UOP LAB complex. The cost of effluent treatment and disposal has not been
included in this analysis.

The combined investment for the Pacol, DeFine, and the hot-oil units for the two cases is
essentially the same. The fixed plant investment for the alkylation section has been reduced
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TABLE 1.5.3 Economic Comparison of HF Detergent Alkylate and Detal Processes in a LAB
Complex*

HF Alkylation, Detal, per
per MT LAB MT LAB

Unit cost, $  Quantity $  Quantity $

Raw materials:

n-Paraffins, MT 480 0.78 350 0.78 352

Benzene, MT 300 0.33 99 0.33 100

By-product credits, MT — 0.33 20 — 21
Catalysts and chemicals — — 21 — 28
Utilities:

Power, kWh 0.05 283 14 281 14

Cooling water, m’ 0.02 81 2 24 1

Fuel fired, million kcal 3.74 2.86 25 3.04 27
Fixed costs — — — — —
Cash cost of production — — 545 — 548
Cash flow, million $ (LAB at $850/ton) 24.4 242
Estimated erected cost, million $ 70.1 56.6
Simple payback, years (on fixed investment) 2.2 1.9

*Basis: Production cost for 80,000-MTA LAB.
Note: MT = metric tons; MTA = metric tons per annum.

TABLE 1.5.4 Historical Demand for LAB by Geographic Areas

LAB consumption, 10° MTA

Area 1980 2000

Europe and former Soviet Union 415 470
Africa 35 140
Middle East 30 170
Asia 280 800
Americas 290 820
Total 1050 2400

Note: MTA = metric tons per annum.

by some 15 percent. The absence of HF acid, and hence the absence of the corresponding
neutralization facilities for the acidic wastes, is reflected in a lower operating cost.

MARKETS

The evolution in the demand for LAB differs in the various geographic areas. Since the
early 1990s, these different growth rates have reflected not only the maturity of the most
economically developed markets but also the trend toward a healthier economic future.
Table 1.5.4 summarizes the consumption of LAB in various geographic areas for the years
1980 and 2000. The per capita consumption, in kilograms per year, was used to forecast
the potential expected LAB demand worldwide. Figure 1.5.6 reflects the situation in 1991
in these same geographic areas in terms of kilograms per capita per year. The data in the
table and the figure highlight the consumption trends in various markets of the world.
From these data, scenarios can be established for various parts of the world.
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CONCLUSIONS

LAB continues to be the most cost-effective detergent intermediate, regardless of raw
material source. The continuing growth in LAB is spurred by increasing consumption in
countries outside the Organization of Economic Commercial Development (OECD).
Worldwide LAB consumption is expected to increase by some 650,000 MTA over the next
10 years. Increasing trade between various LAB-producing regions has led to more-uni-
form, high-quality requirements for the product in different parts of the world.

Developments in LAB technology have addressed the important issues confronting the
industry in the 1990s: improved yields and economics, product quality, and environmental
and safety considerations.

The use of large volumes of LAS derived from LAB over the last 40 years has result-
ed in extensive environmental studies of this surfactant by industry and consumer groups.
No other surfactant type has undergone such intense scrutiny. This scrutiny has resulted in
the development of improved methods for LAS detection outside of laboratory situations
and model predictions. The use of these techniques in real-world monitoring in various
countries during the last decade has only confirmed the long-term viability of LAS from
the standpoint of environmental safety.
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CHAPTER 1.6

Q-MAX™ PROCESS FOR
CUMENE PRODUCTION

Gary A. Peterson and Robert J. Schmidt
UOP LLC
Des Plaines, Illinois

INTRODUCTION

The Q-Max™ process converts benzene and propylene to high-quality cumene by using a
regenerable zeolitic catalyst. The Q-Max process represents a substantial improvement
over older cumene technologies and is characterized by its exceptionally high yield, supe-
rior product quality, low investment and operating costs, reduction in solid waste, and cor-
rosion-free environment.

Cumene is produced commercially through the alkylation of benzene with propylene
over an acid catalyst. Over the years, many different catalysts have been proposed for this
alkylation reaction, including boron trifluoride, hydrogen fluoride, aluminum chloride, and
phosphoric acid. In the 1930s, UOP introduced the UOP catalytic condensation process,
which used a solid phosphoric acid (SPA) catalyst to oligomerize light olefin by-products
from petroleum thermal cracking into heavier paraffins that could be blended into gaso-
line. During World War I1, this process was adapted to produce cumene from benzene and
propylene to make a high-octane blending component for military aviation gasoline.
Today, cumene is no longer used as a fuel, but it has grown in importance as a feedstock
for the production of phenol.

Although SPA is a highly efficient and economical catalyst for cumene synthesis, it has
two important limitations:

1. Cumene yield is limited to about 95 percent, because of the oligomerization of propy-
lene and the formation of heavy alkylate by-products

2. The catalyst is not regenerable and must be disposed of at the end of each catalyst
cycle.

In recent years, producers have been under increasing pressure to improve cumene prod-
uct quality so that the quality of the phenol produced downstream (as well as acetone and
alpha-methylstyrene, which are coproduced with phenol) could be improved. Twenty-five
years ago, most phenol was used to produce phenolic resins, and acetone was used prima-
rily as a solvent. Today, both phenol and acetone are used increasingly in the production
of polymers such as polycarbonates and nylon. Over the years, improvements to the SPA

1.69
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process managed to keep pace with the demand for higher cumene product quality, but
producers still sought an improved cumene process that would produce a better-quality
product at higher yield.

Because zeolites are known to selectively perform many acid-catalyzed reactions, UOP
began searching for a new cumene catalyst that would overcome the limitations of SPA.
UOP’s objective was to develop a regenerable catalyst that would increase the yield of
cumene and lower the cost of production. More than 100 different catalyst materials were
screened, including mordenites, MFIs, Y-zeolites, amorphous silica-aluminas, and beta-
zeolite. The most promising materials were modified to improve their selectivity and then
subjected to more-rigorous testing. By 1992, UOP had selected the most promising cata-
lyst based on beta-zeolite for cumene production and then began to optimize the process
design around this new catalyst. The result of this work is the Q-Max process and the QZ-
2000 catalyst system.

PROCESS CHEMISTRY

The synthesis of cumene from benzene and propylene is a modified Friedel-Crafts
alkylation, which can be accomplished by many different acid catalysts. The basic alkyla-
tion chemistry and reaction mechanism are shown in Fig. 1.6.1. The olefin forms a carbo-
nium ion intermediate, which attacks the benzene ring in an electrophilic substitution. The
addition to the olefin double bond is at the middle carbon of propylene, in accordance with
Markovnikov’s rule. The addition of the isopropyl group to the benzene ring weakly acti-
vates the ring toward further alkylation, producing di-isopropyl-benzene (DIPB) and heav-
ier alkylate by-products.

The QZ-2000 catalyst functions as strong acid. In the QZ-2000 catalyst, the active sur-
face sites of the silica-alumina structure act to donate the proton to the adsorbed olefin.
Because the QZ-2000 catalyst is a strong acid, it can be used at a very low temperature.

CH;
Acid 1
Primary Reaction + CHy;=CH-CH;—/> (FH
CH;
Benzene Propylene Cumene
(Isopropylbenzene)

Acid @D @
CH,=CH-CH; —> CH;- CH- CH;<—— CH, - CH, - CH;
(Favored)

s Hy @
O—@h—Oh
CH, CH,

CH, = CH - CH,

Reaction Mechanism

CH; CH;,
! Acid 1
Secondary Reaction (le + CH,=CH-CH; ——— (IIH
CH; CH,
Cumene Propylene Diisopropylbenzene

FIGURE 1.6.1 Alkylation chemistry.
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Low reaction temperature reduces the rate of competing olefin oligomerization reactions,
resulting in higher selectivity to cumene and lower production of heavy by-products.

Transalkylation of DIPB

Transalkylation is the acid-catalyzed transfer of one isopropyl group from DIPB to a ben-
zene molecule to form two molecules of cumene (Fig. 1.6.2). The Q-Max process is
designed with an alkylation reactor section, which produces about 85 to 95 wt % cumene
and 5 to 15 wt % DIPB. After recovery of the cumene product by fractionation, the DIPB
is reacted with recycle benzene at optimal conditions for transalkylation to produce addi-
tional cumene. With the alkylation and transalkylation reactors working together to take
full advantage of the QZ-2000 catalyst, the overall yield of cumene is increased to 99.7 wt
%.

Side Reactions

In addition to the principal alkylation reaction of benzene with propylene, all acid catalysts
promote the following undesirable side reactions to some degree (Fig. 1.6.3):

e Oligomerization of olefins. The model for acid-catalyzed alkylation is diffusion of the
olefin to an active site saturated with benzene followed by adsorption and reaction. One
possible side reaction is the combination of the propyl carbonium ion with propylene to
form a C; olefin or even further reaction to form C,, C,,, or heavier olefins.

o Alkylation of benzene with heavy olefins. Once heavy olefins have been formed through
oligomerization, they may react with benzene to form hexylbenzene and heavier alky-
lated benzene by-products.

e Polyalkylation. The addition of an isopropyl group to the benzene ring to produce

cumene weakly activates the ring toward further substitution, primarily at the meta and
para positions, to make DIPB and heavier alkylates.

e Hydride-transfer reactions. Transfer of a hydrogen to an olefin by the tertiary carbon on
cumene can form a cumyl carbonium ion that may react with a second benzene mole-
cule to form diphenylpropane.

CH, = CH -CH,

Ol vy o

Primary Reaction (IZH + @ — 2 (EH

CH, CH;
Diisopropylbenzene Benzene Cumene

R ?H3 Strong R ?H3 R
Potential Side Reaction @— CH + @ Acid @— CH 4+ @
1 — |

CH; R CH,

Polyalkylate Benzene Cumene Heavy
By-product

FIGURE 1.6.2 Transalkylation chemistry.
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Olefin Oligomerization
C;= C3= @
Cz= Ce= Cy= Heavy Alkylate
Polyalkylation CH, - CH - CH, CH, - CH- CH,
CH CH CH
1 3 C3 = 1 3 C3 = 1 3
CH; CH; CH;
CH,-CH-CH;4
Diisopropylbenzene Triisopropylbenzene

Hydride Transfer
° ¢, ¢y
R-CH-CHg + @—(I?H —>@—(I3@ + R - CH, - CH;
CH; CH;

¢, s
O¢ - O—0O¢0O
CH; CH,
Diphenyl Propane
FIGURE 1.6.3 Possible alkylation side reactions.

In the Q-Max process, the reaction mechanism of the QZ-2000 catalyst and the oper-
ating conditions of the unit work together to minimize the impact of these side reactions.
The result is an exceptionally high yield of cumene product.

DESCRIPTION OF THE PROCESS FLOW

A representative Q-Max flow diagram is shown in Fig. 1.6.4. The alkylation reactor is typ-
ically divided into four catalyst beds contained in a single reactor shell. The fresh benzene
is routed through the upper midsection of the depropanizer column to remove excess water
and then sent to the alkylation reactor via a sidedraw. The recycle benzene to both the alky-
lation and transalkylation reactors comes from the overhead of the benzene column. A
mixture of fresh and recycle benzene is charged downflow through the alkylation reactor.
The fresh propylene feed is split between the four catalyst beds. An excess of benzene is
used to avoid polyalkylation and to help minimize olefin oligomerization. Because the
reaction is exothermic, the temperature rise in the reactor is controlled by recycling a por-
tion of the reactor effluent to the reactor inlet, which acts as a heat sink. In addition, the
inlet temperature of each downstream bed is reduced to the same temperature as that of the
first bed inlet by injecting a portion of cooled reactor effluent between the beds.

Effluent from the alkylation reactor is sent to the depropanizer column, which removes
any propane and water that may have entered with the propylene feed. The bottoms from
the depropanizer column are sent to the benzene column, where excess benzene is col-
lected overhead and recycled. Benzene column bottoms are sent to the cumene column,
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FIGURE 1.6.4 Process flow diagram.

where the cumene product is recovered overhead. The cumene column bottoms, which
contain mostly di-isopropylbenzene, are sent to the DIPB column. The DIPB stream leaves
the column by way of a sidecut and is recycled to the transalkylation reactor. The DIPB
column bottoms consist of heavy aromatic by-products, which are normally blended into
fuel oil. Steam or hot oil provides the heat for the product fractionation section.

A portion of the recycle benzene from the top of the benzene column is combined with
the recycle DIPB from the sidecut of the DIPB column and sent to the transalkylation reac-
tor. In the transalkylation reactor, DIPB and benzene are converted to additional cumene.
The effluent from the transalkylation reactor is then sent to the benzene column.

The QZ-2000 catalyst utilized in both the alkylation and transalkylation reactors is regen-
erable. At the end of each cycle, the catalyst is typically regenerated ex-situ via a simple car-
bon burn by a certified regeneration contractor. However, the unit can also be designed for
in-situ catalyst regeneration. Mild operating conditions and a corrosion-free process envi-
ronment permit the use of carbon-steel construction and conventional process equipment.

FEEDSTOCK CONSIDERATIONS

Impact of Feedstock Contaminants on Cumene Purity

In the Q-Max process, the impact of undesirable side reactions is minimal, and impurities
in the cumene product are governed primarily by trace contaminants in the feeds. Because
of the high activity of the QZ-2000 catalyst, it can be operated at very low temperature,
which dramatically reduces the rate of competing olefin oligomerization reactions and
decreases the formation of heavy by-products. Thus, with the Q-Max process, cumene prod-
uct impurities are primarily a result of impurities in the feedstocks. Table 1.6.1 lists the
common cumene impurities of concern to phenol producers, and Fig. 1.6.5 graphically
shows the reactions of some common feedstock contaminants that produce these impurities.

e Cymene and ethylbenzene. Cymene is formed by the alkylation of toluene with propy-
lene. The toluene may already be present as an impurity in the benzene feed, or it may
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be formed in the alkylation reactor from methanol and benzene. Ethylbenzene is prima-
rily formed from ethylene impurities in the propylene feed. However, as with cymene,
ethylbenzene can also be formed from ethanol. Small quantities of methanol and ethanol
are sometimes added to the C;’s in a pipeline to protect against hydrate freezing.
Although the Q-Max catalyst is tolerant of these alcohols, removing them from the feed
by a water wash may be desirable to achieve the lowest possible levels of ethylbenzene

ALKYLATION AND POLYMERIZATION

TABLE 1.6.1 Common Cumene Impurities

Trace contaminant ~ Concern in downstream phenol unit

Nonaromatics Form acids and other by-products in phenol unit, yield loss
Ethylbenzene Forms acetaldehyde, an acetone contaminant
n-Propylbenzene Forms propionaldehyde, an acetone contaminant
Butylbenzenes Resist oxidation, an alpha-methylstyrene contaminant
Cymenes Form cresols, phenol contaminants
Polyalkylates Form alkylphenols, yield loss
CH; CH;

?H3 CH3

CH + CH,=CH-CH; —>

1

CH;

Toluene Propylene Cymene

CH,CH;

@ + CH,=CH, or CH3;CH,0OH —/>

Benzene Ethylene Ethanol Ethylbenzene
CH;CHCH,CH;

@ + CH;CH=CH - CH;—/>
Benzene Butylene Butylbenzene

O A— O - @rensnen
Benzene Cyclopropane Cumene n-Propylbenzene

FIGURE 1.6.5 Reactions of feed impurities.

or cymene in the cumene product.

o Butylbenzene. Although butylbenzene is produced primarily from traces of butylene in
the propylene feed, it may also be created through the oligomerization of olefins.
However, the very low reaction temperature of the Q-Max process reduces oligomer-

ization, resulting in minimal overall butylbenzene formation.
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e n-Propylbenzene. The n-propylbenzene (NPB) is produced from trace levels of cyclo-
propane in the propylene feed. The chemical behavior of cyclopropane is similar to that
of an olefin: It reacts with benzene to form either cumene or NPB. The tendency to form
NPB rather than cumene decreases as the reaction temperature is lowered.
Unfortunately, the catalyst deactivation rate increases with lower reaction temperature
(Fig. 1.6.6). Because of the exceptional stability of the QZ-2000 catalyst system, a Q-
Max unit can be operated for extended cycle lengths and still maintain an acceptable lev-
el of NPB in the cumene product. For example, with a typical FCC-grade propylene feed
containing normal amounts of cyclopropane, the Q-Max process can produce a cumene
product containing less than 250 wt ppm NPB and maintaining an acceptable catalyst
cycle length.

Impact of Catalyst Poisons on Catalyst Performance

A list of potential Q-Max catalyst poisons is found in Table 1.6.2. All the listed compounds
are known to neutralize the acid sites of zeolites. Good feedstock treating practice or
proven guard-bed technology easily handles these potential poisons.

Water in an alkylation environment can act as a Brgnsted base to neutralize some of the
stronger zeolite acid sites first. However, as a result of the inherently high activity of the
Q-Max catalyst, water does not have a detrimental effect at the typical feedstock moisture
levels and normal alkylation and transalkylation conditions. The Q-Max catalyst can
process feedstocks up to the normal water saturation conditions, typically 500 to 1000
ppm, without any loss of catalyst stability or activity.

Sulfur does not affect Q-Max catalyst stability or activity at the levels normally pres-
ent in the propylene and benzene feeds processed for cumene production. However, trace
sulfur in the cumene product, for example, might be a concern in the downstream produc-
tion of certain monomers (e.g., phenol hydrogenation for caprolactam). Within the Q-Max
unit, the majority of sulfur compounds associated with propylene (mercaptans) and those
associated with benzene (thiophenes) are converted to products outside the boiling range
of cumene. However, the sulfur content of the cumene product does depend on the sulfur
content of the propylene and especially benzene feeds. Sulfur at the levels normally pres-

NPB Formulation

Catalyst Deactivation Rate

Temperature ——>

FIGURE 1.6.6 Effect of reactor temperature.
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TABLE 1.6.2 Handling Potential Catalyst Poisons

Poison Source Removal
Basic nitrogen ~ Trace levels in feedstocks Guard bed
Ammonia Common impurity in FCC propylene Water wash or guard bed

Arsine (AsH;)  Common impurity in FCC propylene  Guard bed

ent in propylene and benzene feeds considered for cumene production will normally result
in cumene product sulfur content that is within specifications (for example, <1 wt ppm).

Successful operation with a wide variety of propylene feedstocks from different
sources has demonstrated the flexibility of the Q-Max process. Chemical-grade, FCC-
grade, and polymer-grade propylene feedstocks can all be used to make high-quality
cumene product.

PROCESS PERFORMANCE

The Q-Max unit has high raw material utilization and an overall cumene yield of at least
99.7 wt % based on using typical propylene and benzene feedstock. The remaining 0.3 wt
% or less of the overall yield is in the form of a heavy aromatic by-product.

The cumene product quality summarized in Table 1.6.3 is representative of a Q-Max
unit processing commercially available, high-quality feedstocks. The quality of the
cumene product from any specific Q-Max unit is strongly influenced by the specific con-
taminants present in the feedstocks.

Propane entering the unit with the propylene feedstock is unreactive in the process and
is separated in the fractionation section as a propane product.

CASE STUDY

A summary of the investment cost and utility consumption for a new Q-Max unit produc-
ing 200,000 MTA of cumene from extracted benzene and chemical-grade propylene is
shown in Table 1.6.4. The estimated erected cost for the Q-Max unit assumes construction
on a U.S. Gulf Coast site in 2002. The scope of the estimate includes basic engineering,
procurement, erection of equipment on the site, and the initial load of QZ-2000 catalyst.

TABLE 1.6.3 Representative Cumene

Product Quality

Cumene purity, wt % =99.97

Bromine index =10

Sulfur, wt ppm =0.1

Specific impurities, wt ppm:
Ethylbenzene =30
n-Propylbenzene = 250
Butylbenzene =20
Cymene =5

Di-isopropylbenzene =10
Total nonaromatics = 20
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TABLE 1.6.4 Investment and Operating Cost for 200,000 MTA Q-
Max Unit

Feedstock requirements:

Extracted benzene (99.8 wt %) 132,300 MTA
Chemical-grade propylene (95 wt %) 74,240 MTA
Utility consumption per MT cumene produced:
Electric power 12.3 kWh
High-pressure steam 0.81 MT
Medium-pressure steam 0.20 MT
Low-pressure steam credit —0.31 MT
Cooling water 3.1m
Erected cost estimate $14.2 million

The utility requirements for a Q-Max unit depend on the project environment (i.e., feed,
product specifications, and utility availability). Q-Max units are often integrated with phe-
nol plants where energy use can be optimized by generating low-pressure steam in the Q-
Max unit for utilization in the phenol plant.

COMMERCIAL EXPERIENCE

The first Q-Max unit went on-stream in 1996. Since that time, UOP has licensed a total of
nine Q-Max units throughout the world having a total plant capacity of 2.3 million MTA
of cumene. Six Q-Max units have been commissioned and three more are in various stages
of design or construction. Capacities range from 35,000 to 700,000 MTA of cumene pro-
duced. Several of these units have been on-stream for more than 5 years without perform-
ing a single catalyst regeneration.
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CONOCOPHILLIPS
REDUCED VOLATILITY
ALKYLATION PROCESS
(ReVAP)

Mark L. Gravley

ConocoPhillips
Fuels Technology
Bartlesville, Oklahoma

INTRODUCTION

During the late 1930s, Phillips Petroleum Company researchers discovered the benefits of
using hydrofluoric acid to catalyze the synthesis of high-octane fuels from a broad range
of low-value C,, C,, and C, feedstocks. This research, as well as pilot-plant data, led to the
commercialization of the HF Alkylation process at Phillips’ Borger, Texas, refinery in 1942
to provide aviation gasoline during World War II. Since that time, alkylate has been, and
continues to be, a valuable high-octane blending component for gasoline, as evidenced by
its importance in refineries around the world. ConocoPhillips has built 11 HF Alkylation
units in its own refineries and has licensed over 100 grassroots units.

Today, worldwide alkylation capacity exceeds 1.81 million bbl/day, with HF-based
processes accounting for approximately 57 percent of the total. Isobutane alkylate is an
important component of modern fuels, due to the high-octane, clean-burning characteris-
tics as well as the low vapor pressure and absence of sulfur, olefins, or aromatics.
Alkylation is receiving renewed attention by refiners contemplating the replacement of
MTBE in gasoline.

CHEMISTRY

Alkylation occurs when isobutane reacts with olefins in the presence of hydrofluoric acid
as the catalyst to produce branched paraffins. In simplest terms, those reactions are

1.79
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Propylene + isobutane — 2,3-dimethylpentane
Isobutylene + isobutane — 2,2,4-trimethylpentane
1-Butene + isobutane — 2,2-dimethylhexane
2-Butene + isobutane — 2,2,4- and 2,3,4-trimethylpentane
Amylene + isobutane — CyH,, (various isomers)

The trimethylpentanes are the preferred reaction products because they generally have the
highest octane value. In practice, however, the reactions are not so simple. Reactions
involving isomerization, hydrogen transfer, dimerization, polymerization, 3-scission (or
cracking), and disproportionation lead to a range of products. Furthermore, these side reac-
tions produce substantial quantities of trimethylpentanes even when propylene or
amylenes are the olefin feed. Polymerization produces conjunct polymers, which are com-
plex, cyclic molecules, and this material is known as acid-soluble oil (ASO).

The reactions are also affected by the dispersion of hydrocarbons in the acid, the reac-
tion temperature, the ratio of isobutane to olefin in the reaction zone, and the presence of
water and ASO in the circulating acid. Since the hydrocarbon feeds are only slightly solu-
ble in the HF acid, the reaction is enhanced by dispersing the hydrocarbons in the acid.
Improved dispersion, i.e., smaller droplets of hydrocarbon, results in an alkylate product
with more of the desired trimethylpentanes and lower amounts of the undesirable lighter
and heavier compounds. Lower reaction temperature also favors the desired reaction prod-
ucts. A large excess of isobutene—above the stoichiometric amount—also favors the pro-
duction of higher amounts of trimethylpentanes. Thus, the purity of isobutane in the
recycle stream has an effect on alkylate quality, and buildup of C;+ components in this
stream should be avoided. Small amounts of water enter the alkylation unit in the olefin
and isobutane feeds. The water is allowed to accumulate in the acid phase and is found to
be beneficial in that it produces alkylate with higher concentration of Cy components and
thus higher octane. Water in the HF is beneficial at levels up to about 3 to 4 wt %.
However, water contents above about 2.0 percent generally have a detrimental effect on
corrosion rates in the unit and are avoided.

DESCRIPTION OF THE CONOCOPHILLIPS HF
ALKYLATION PROCESS

Isobutane reacts with propylene, butenes, and/or amylenes in the presence of hydrofluoric
acid to produce a high-octane alkylate for motor gasoline. The reactions produce a variety
of products, primarily C; branched paraffins, with lesser amounts of C, and C, branched
paraffins and small amounts of lighter and heavier paraffins. For best operation, the fol-
lowing feedstock contaminant levels are recommended:

Sulfur—20 wt ppm maximum

Water—20 wt ppm maximum

Butadiene—3000 wt ppm maximum

C¢+—0.1 LV % maximum

Oxygenates (MTBE, dimethyl ether, etc.)—30 wt ppm maximum

An alkylation unit will operate with feed contaminant at higher than the levels indicated
above, but the adverse consequences are higher acid consumption, higher production of
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unwanted by-products, and possible lower octane number of the alkylate product. One feed
treatment to remove butadiene is hydroisomerization, such as the ConocoPhillips
Hydrisom Process. Hydroisomerization reduces butadiene (and pentadienes) to very low
levels and also isomerizes 1-butene to cis- and trans-2-butene. The 2-butene isomers give
higher-octane alkylate in the HF Alkylation Process.

Referring to the flow diagrams in Figs. 1.7.1 and 1.7.2, we see that the olefin and make-
up isobutane are typically mixed and then dried. The combined olefin and makeup isobu-
tane are mixed with the recycle isobutane and sent to the differential gravity reactor of
Phillips’ proprietary design. This low-pressure reactor has no moving parts, such as
impellers or stirrers, nor are there any pumps to circulate the acid. The feed mixture is
highly dispersed into a moving bed of liquid acid, which circulates because of the differ-
ence in density between the acid and the hydrocarbon. Total conversion of olefins to alky-
late occurs very quickly.

Operating conditions in the reactor are relatively mild. The temperature will typically
be about 80 to 110°F (27 to 43°C), or only 5 to 15°F (2.5 to 8°C) above the cooling-water
temperature. The pressure will be only slightly above that required to maintain the hydro-
carbons in the liquid phase—usually in the range of 85 to 120 Ib/in? gage (590 to 820 kPa).
Each alkylation design case is carefully studied in order to maximize heat recovery and
minimize the isobutene/olefin ratio, while producing alkylate of sufficient octane quality
to meet the refiner’s needs. Isobutane/olefin ratios in the range of 8 : 1 to 13 : 1 are typi-
cally used.

From the reaction zone, the hydrocarbons and catalyst flow upward to the settling zone
(see Fig. 1.7.3). Here, the catalyst separates as a bottom phase and flows, by gravity, on a
return cycle through the acid cooler to the reaction zone, where the reaction cycle is con-
tinued. The hydrocarbon phase from the settling zone, containing propane, excess isobu-
tane, normal butane, alkylate, and a small amount of HF, is charged to the fractionation
section. Recycle isobutane, essential for favorable control of reaction mechanisms, is
returned to the reactor from the fractionator either as a liquid or as a vapor. In the latter
case, the latent heat of vaporization is recovered in nearby exchangers.

Propane and HF are produced overhead in the fractionator. The HF phase separates in
the overhead accumulator, which is shared with the HF stripper, and is returned to the acid
settler. What HF remains in the propane from the fractionator is removed in the HF strip-
per, separates in the overhead accumulator, and is returned to the acid settler. The propane
product from the HF stripper contains traces of propyl fluoride, which are removed in the
propane defluorinators. The propane stream is heated and passed over alumina to remove
the fluoride, yielding primarily aluminum fluoride and water with a trace of HE. The
propane is sent through the KOH treater to remove the trace of HF and then to storage. A
similar set of equipment may be used to treat n-butane, if it is produced as a separate prod-
uct stream. The n-butane product may be blended with gasoline for vapor pressure control.

Alkylate is produced as a bottoms product from the fractionation section. The alkylate
product is suitable for blending in motor gasoline, but may require additional fractionation
for use in aviation gasoline.

To regenerate the system acid, a small slipstream of acid is fed to the acid rerun col-
umn to remove the ASO. The HF is stripped from the ASO with hot isobutane. The ASO
is washed in the ASO caustic washer to remove free HF, and the ASO is disposed of, typ-
ically by burning in the reboiler furnace or blending with fuel oil. Excess water is also
removed from the system acid in the acid rerun column.

Auxiliary systems within the alkylation unit include

1. Relief-gas neutralizer to remove HF from gases before being sent to the refinery flare
2. Storage for anhydrous HF during periods when the unit is down for maintenance

3. A neutralizing system for surface drainage and sewer drainage in the acid area
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4. A change room and storage room for cleaning and storing the protective clothing
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FIGURE 1.7.3  ConocoPhillips HF Alkylation reactor/settler system.

required on occasion by operating and maintenance personnel

5. Wastewater treatment system to remove more than 99 percent of the soluble fluoride

in the effluent water

HF Alkylation units are constructed predominately of mild carbon steel. Only the acid
regeneration column and some adjacent piping are constructed of nickel-copper alloy 400
(Monel).

Other than a small centrifugal pump for charging HF to the acid rerun column, no HF
pumping is required in the ConocoPhillips HF Alkylation process. HF unloading from
shipping containers and HF transfers from in-plant storage are accomplished by using

nitrogen or other gas under pressure.

REACTOR RISER

HYDROCARBON FEED IN
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WASTE TREATMENT AND DISPOSAL

Figure 1.7.4 shows the disposition of various waste streams within the alkylation unit.
Nonacid gas streams are sent directly to the refinery flare system. HF-containing gases are
sent first to the acid relief neutralizer, where the gases are scrubbed with an aqueous solu-
tion of sodium hydroxide for removal of HF, and then to the refinery flare. The spent caus-
tic solutions from the acid relief neutralizer and the ASO caustic washer are sent to a
mixing basin, where they are combined with calcium chloride. This mixture then flows to
the precipitation basin, where the calcium fluoride precipitates out of solution. The liquid
flows to the refinery wastewater system, and the solid is periodically sent to the landfill for
disposal. The water from the calcium chloride precipitation system contains nominal
amounts of sodium chloride and calcium chloride. Spent caustic from the KOH treaters
and runoff from drains in the acid area of the plant flow to a neutralization pit and then to
the refinery wastewater system. Water from nonacid drains and sewers goes directly to the
refinery wastewater system.

Used alumina—containing aluminum fluoride—from the defluorinators may be
returned to the alumina supplier to be converted back to alumina.

RISK REDUCTION AND SAFETY

The following principles may be used in the HF Alkylation process to minimize risk:

Minimize leak potential (few leak sites)
Minimize leak rate (i.e., minimum reactor/settler pressures)

Minimize leak duration

Eal o A

Minimize quantity released

One step to reduce risk is the elimination of any pumps for circulating HF catalyst
through the reactor system. By eliminating rotating equipment, potential packing and seal
failures associated with the equipment were eliminated, along with the dangers of frequent
maintenance exposure. Without the acid pump, isolation valves were no longer required in
the reactor/settler circulation system. Elimination of the acid pump allows the acid settler to
operate at a minimum pressure, which minimizes the leak rate. The result is that for more
than 40 years the reactor circuit design has only welded joints (built to pressure vessel codes)
for joining the reactor and acid return pipes to the acid cooler and acid settler. No flanges are
used to join these pipes, so these potential leak or failure sites do not exist. This is important
since more than 90 percent of the HF on-site is contained in this circuit alone.

Risk is further reduced by using such features as remote isolation valves, rapid acid trans-
fer (transfer to secure storage in less than 10 minutes), and inventory compartmentalization.
For units with multiple acid coolers, the bottom portion of the acid settler is divided into
compartments to reduce the amount of acid that could be released in the event of a major
leak. The compartments segregate the acid in each acid cooler/reactor circuit such that the
maximum amount of acid which could be released from a leak in one acid cooler or reactor
section is only slightly more that that contained in each compartment. The rapid transfer of
acid to secure storage is done by gravity flow; i.e., no pumping is required, and it has been
accomplished in as little as 90 seconds. These features reduce risk by reducing both the dura-
tion of a leak and the amount of acid that could be emitted in the event of a leak.

Water spray mitigation systems may also be employed to improve safety. Water sprays
can be used to knock down airborne HF from small leaks and, to some extent, isolate
hydrocarbon leaks from ignition sources.
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A quantitative risk assessment was performed on a large (15,000 BPSD) HF Alkylation
unit located in hypothetical rural and urban locations with up to 400,000 people in a 36-
mi? area around the refinery. Risk is site-specific and cannot be easily calculated for a par-
ticular location. However, even in the highest population area studied, the current 15,000
BPSD design achieved a Societal Risk Index (SRI) of 0.098—well within the Dutch stan-
dards limit of 0.2, which is the strictest in the world. Individual risks for fatality due to
being struck by a falling aircraft are said to be 10,000 times higher than the level of risk
that the Dutch standard calls unacceptable. No U.S. HF alkylation site has as many people
living nearby as the case where the process measured the 0.098 SRI value.

The ReVAP (for Reduced-Volatility Alkylation Process) is very similar to convention-
al HF Alkylation with the exception that a vapor pressure suppression additive is blended
with the HF acid. Mobil Oil Corporation and Phillips Petroleum Company developed the
ReVAP technology jointly in the early 1990s. Based upon bench-scale, pilot-plant, and
demonstration plant tests, each company commercialized the ReVAP technology in 1997
in one of its own refineries, where the units continue to operate.

The additive is a nonvolatile, nonodorous, low-toxicity material that is completely mis-
cible in the acid phase, but has very limited affinity to other hydrocarbons, including acid-
soluble oil. These unique physical properties of the additive reduce the volatility of the
acid significantly at ambient conditions. Furthermore, the additive is compatible with the
metallurgy of existing HF Alkylation units.

When the additive is mixed with HF acid, it mitigates an acid leak in three ways: by (1)
reducing the flash atomization of the acid, (2) reducing the vapor pressure significantly,
and (3) diluting the acid. This is a passive mitigation system in that it is always effective
and requires no intervention by an operator.

Traces of the additive accumulate in the heavier unit products of ASO and alkylate. The
ASO is removed from the system acid in the acid rerun column in the normal manner. The
ASO is then sent to a simple and efficient recovery system where the ASO and additive are
separated. The additive is returned to the reactor, and the ASO is sent to the ASO caustic
washer and treated in the normal manner. Additive is separated from alkylate, recovered,
and returned to the reactor. Figure 1.7.5 indicates the modifications required in an existing
HF Alkylation unit to convert to the ReVAP technology.

The ReVAP technology has the added benefit of reducing the consumption of HF and
caustic, relative to the conventional HF Alkylation process. ReVAP increases the efficien-
cy of separation of ASO and HF, thus reducing the loss of HF, which translates to lower
caustic consumption as well.

YIELD AND PRODUCT PROPERTIES

Based on processing typical butenes produced by fluid catalytic cracking (FCC) and sup-
plemental isobutane, Tables 1.7.1 and 1.7.2 give the premises for ConocoPhillips HF
Alkylation process economics for a unit with the ReVAP technology producing 6000
bbl/day of alkylate.

ECONOMICS

The estimated capital cost for a plant producing 6000 bbl/day of alkylate indicated in the
above material balance, utilizing the flow scheme in Fig. 1.7.1, including the auxiliary sys-
tems indicated in the section “Description of ConocoPhillips HF Alkylation Process,” with
the ReVAP technology is $24.8 million. This cost is for a U.S. Gulf Coast location, second
quarter, 2002. Initial catalyst cost, royalty, escalation, and contingency have been excluded.
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FIGURE 1.7.5 Modifications for adding ReVAP to an existing HF Alkylation unit.

Table 1.7.1 Material Balance, BPSD

Olefin Makeup  Propane  Butane  Alkylate Acid-

Component feed isobutene  product  product product  soluble oil
Propylene 153 0 0 0 0 0
Propane 115 7 146 0 0 0
Isobutane 2380 1446 2 38 0 0
n-Butane 702 37 0 571 168 0
Butenes 3068 0 0 0 0 0
1,3-Butadiene 20 0 0 0 0 0
Pentenes 56 0 0 0 0 0
Pentanes 2 0 0 26 42 0
Alkylate 0 0 0 0 5790 0
Acid-soluble oil 0 0 0 0 0 8
Total 6496 1490 148 635 6000 8
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Table 1.7.2  Product Properties

Specific gravity at 15°C 0.70
Reid vapor pressure, 1b/in’ 5.0
Research octane number, clear 95.6
Motor octane number, clear 94.1
Olefin 0
Sulfur <5 wt ppm
ASTM D-86 Distillation, °F

Initial boiling point 104

10 176

50 212

90 257

Final boiling point 383

Estimated Utilities Consumptions (Fig. 1.7.1 Flow Scheme), per 1000 bbl of

Alkylate, Including ReVAP Technology

Electricity (operating), kW 77.4
Cooling water, million Btu 15.1
Low-pressure steam (50 Ib/in* gage), million Btu 0.6

Medium-pressure steam (170 1b/in® gage), million Btu 1.4

Fuel gas (absorbed), million Btu

10.0

Estimated Chemicals Consumptions, per 1000 bbl of Alkylate

Anhydrous HF, Ib

NaOH, Ib

KOH, Ib

CaCl,, Ib

Defluorinator alumina, 1b
ReVAP additive (if used), 1b

Maintenance and Labor Costs

Operating labor
Laboratory labor
Maintenance (materials plus labor)

70-100
47

9.3

79

11

4

2 persons per shift
1 person per day (8 h)
3% of investment per year
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CHAPTER 2.1
AROMATICS COMPLEXES

James A. Johnson
uor
Des Plaines, Illinois

INTRODUCTION

An aromatics complex is a combination of process units that can be used to convert petro-
leum naphtha and pyrolysis gasoline (pygas) into the basic petrochemical intermediates:
benzene, toluene, and xylenes (BTX). Benzene is a versatile petrochemical building block
used in the production of more than 250 different products. The most important benzene
derivatives are ethylbenzene, cumene, and cyclohexane (Fig. 2.1.1). The xylenes product,
also known as mixed xylenes, contains four different C; aromatic isomers: para-xylene,
ortho-xylene, meta-xylene, and ethylbenzene. Small amounts of mixed xylenes are used
for solvent applications, but most xylenes are processed further within the complex to pro-
duce one or more of the individual isomers. The most important C, aromatic isomer is
para-xylene, which is used almost exclusively for the production of polyester fibers,

52%
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———> Other

FIGURE 2.1.1 World benzene consumption, 2001.
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resins, and films (Fig. 2.1.2). In recent years, polyester fibers have shown growth rates of
5 to 6 percent per year as synthetics are substituted for cotton. Resins have shown growth
rates of 10 to 15 percent per year, corresponding to the emergence of PET (polyethylene
terephthalate) containers. Note that benzene can be a significant by-product of para-xylene
production, depending on the type of technology being used. A small amount of toluene is
recovered for use in solvent applications and derivatives, but most toluene is used to pro-
duce benzene and xylenes. Toluene is becoming increasingly important for the production
of xylenes through toluene disproportionation and transalkylation with C, aromatics.

CONFIGURATIONS

Aromatics complexes can have many different configurations. The simplest complex pro-
duces only benzene, toluene, and mixed xylenes (Fig. 2.1.3) and consists of the following
major process units:

e Naphtha hydrotreating for the removal of sulfur and nitrogen contaminants

e Catalytic reforming for the production of aromatics from naphtha

e Aromatics extraction for the extraction of BTX

Most new aromatics complexes are designed to maximize the yield of benzene and
para-xylene and sometimes ortho-xylene. The configuration of a modern, integrated

80% ara-Xvlene Terephthalic Acid Polyester Fiber
p y Dimethyl Terephthalate PET Resins

12% Plasticizers
—> ortho-Xylene —> Phthalic Anhydride —>| Alkyd Resins

Mixed Xylenes

24.0-mm MTA 39
——> meta-Xylene =~ ——> [sophthalic Acid —>| PET Resins

5%
—> Solvents
FIGURE 2.1.2 World xylenes consumption, 1999.
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FIGURE 2.1.4 Integrated UOP aromatics complex.

UOP* aromatics complex is shown in Fig. 2.1.4. This complex has been configured for
maximum yield of benzene and para-xylene and includes the following UOP process
technologies:

e CCR Platforming* for the production of aromatics from naphtha at high severity

Sulfolane,* Carom, on extractive distillation for the recovery of benzene and toluene

Parex* for the recovery of para-xylene by continuous adsorptive separation

Isomar* for the isomerization of xylenes and the conversion of ethylbenzene

Tatoray for the conversion of toluene and heavy aromatics to xylenes and benzene

The Tatoray process is used to produce additional xylenes and benzene by toluene dis-
proportionation and transalkylation of toluene plus C, aromatics. The incorporation of a
Tatoray unit into an aromatics complex can more than double the yield of para-xylene
from a given amount of naphtha feedstock. Thus, the Tatoray process is used when para-
xylene is the principal product. If there is significant need for benzene production, it can
be achieved by adjusting the boiling range of the naphtha feed to include more benzene
and toluene precursors. In such cases, technologies such as PX-Plus* or even thermal
hydrodealkylation (THDA) can be used to maximize benzene production. The cost of pro-
duction is highest for THDA, so it is being used only in situations where benzene supply
is scarce. Detailed descriptions of each of these processes are in Chaps. 2.7 and 2.3.

About one-half of the existing UOP aromatics complexes are configured for the pro-
duction of both para-xylene and ortho-xylene. Figure 2.1.4 shows an ortho-Xylene (0-X)
column for recovery of ortho-xylene by fractionation. If ortho-xylene production is not
required, the 0-X column is deleted from the configuration, and all the Cy aromatic isomers
are recycled through the Isomar unit until they are recovered as para-xylene. In those com-

*Trademark and/or service mark of UOP.



2.6 BASE AROMATICS PRODUCTION PROCESSES

plexes that do produce ortho-xylene, the ratio of ortho-xylene to para-xylene production
is usually in the range of 0.2 to 0.6.

The meta-xylene market is currently small but is growing rapidly. The mera-xylene is
converted to isophthalic acid and, along with terephthalic acid derived from para-xylene,
is converted into PET resin blends for solid-state polymerization (SSP). The demand for
PET resin blends has grown significantly during the last decade, as new food and bever-
age bottling and packaging applications have been developed. In 1995, UOP licensed the
first MX Sorbex* unit for the production of meta-xylene by continuous adsorptive separa-
tion. Although similar in concept and operation to the Parex process, the MX Sorbex
process selectively recovers the meta rather than the para isomer from a stream of mixed
xylenes. An MX Sorbex unit can be used alone, or it can be incorporated into an aromat-
ics complex that also produces para-xylene and ortho-xylene.

An aromatics complex may be configured in many different ways, depending on the
available feedstocks, the desired products, and the amount of investment capital available.
This range of design configurations is illustrated in Fig. 2.1.5. Each set of bars in Fig. 2.1.5
represents a different configuration of an aromatics complex processing the same full-
range blend of straight-run and hydrocracked naphtha. The configuration options include
whether a Tatoray or THDA unit is included in the complex, whether C, aromatics are
recycled for conversion to benzene or xylenes, and what type of Isomar catalyst is used.
The xylene/benzene ratio can also be manipulated by prefractionating the naphtha to
remove benzene or C,+ aromatic precursors (see the section of this chapter on feedstock
considerations). Because of this wide flexibility in the design of an aromatics complex, the
product slate can be varied to match downstream processing requirements. By the proper
choice of configuration, the xylene/benzene product ratio from an aromatics complex can
be varied from about 0.6 to 3.8.

*Trademark and/or service mark of UOP.
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DESCRIPTION OF THE PROCESS FLOW

The principal products from the aromatics complex illustrated in Fig. 2.1.4 are benzene,
para-xylene, and ortho-xylene. If desired, a fraction of the toluene and C, aromatics may
be taken as products, or some of the reformate may be used as a high-octane gasoline
blending component. The naphtha is first hydrotreated to remove sulfur and nitrogen com-
pounds and then sent to a CCR Platforming unit, where paraffins and naphthenes are con-
verted to aromatics. This unit is the only one in the complex that actually creates aromatic
rings. The other units in the complex separate the various aromatic components into indi-
vidual products and convert undesired aromatics into additional high-value products. The
CCR Platforming unit is designed to run at high severity, 104 to 106 research octane num-
ber, clear (RONC), to maximize the production of aromatics. This high-severity operation
also extinguishes virtually all nonaromatic impurities in the Cg+ fraction of the reformate,
thus eliminating the need for extraction of the Cg and C, aromatics. The reformate product
from the CCR Platforming unit is sent to a debutanizer column within the Platforming unit
to strip off the light ends.

The reformate from the CCR Platforming unit is sent to a reformate splitter column.
The C,— fraction from the overhead is sent to the Sulfolane unit for extraction of benzene
and toluene. The C;+ fraction from the bottom of the reformate splitter is clay-treated and
then sent directly to the xylene recovery section of the complex.

The Sulfolane unit extracts the aromatics from the reformate splitter overhead and rejects
a paraffinic raffinate stream. The aromatic extract is clay-treated to remove trace olefins. Then
individual high-purity benzene and toluene products are recovered in the benzene-toluene
(BT) fractionation section of the complex. The Cy+ material from the bottom of the toluene
column is sent to the xylene recovery section of the complex. The raftinate from the Sulfolane
unit may be further refined into paraffinic solvents, blended into gasoline, used as feedstock
for an ethylene plant, or converted to additional benzene by an RZ-100* Platforming unit.

Toluene is usually blended with C, and C,, aromatics (A,+) from the overhead of the
A, column and charged to a Tatoray unit for the production of additional xylenes and ben-
zene. The effluent from the Tatoray unit is sent to a stripper column within the Tatoray unit
to remove light ends. After the effluent is clay-treated, it is sent to the BT fractionation sec-
tion, where the benzene product is recovered and the xylenes are fractionated out and sent
to the xylene recovery section. The overhead material from the Tatoray stripper or THDA
stripper column is separated into gas and liquid products. The overhead gas is exported to
the fuel gas system, and the overhead liquid is normally recycled to the CCR Platforming
debutanizer for recovery of residual benzene.

Instead of feeding the toluene to Tatoray, another processing strategy for toluene is to
feed it to a para-selective catalytic process such as PX-Plux, where the para-xylene in the
xylene product is enriched to >85% and cyclohexane-grade benzene is coproduced. The
concentrated para-xylene product could then be easily recovered in a single-stage crystal-
lization unit. In such a case, the Cy+ aromatics could be fed to a Toray TAC9 unit and con-
verted predominantly to mixed xylenes.

The Cy+ fraction from the bottom of the reformate splitter is clay-treated and then
charged to a xylene splitter column. The xylene splitter is designed to rerun the mixed
xylenes feed to the Parex unit down to very low levels of A, concentration. The A, builds
up in the desorbent circulation loop within the Parex unit, and removing this material
upstream in the xylene splitter is more efficient. The overhead from the xylene splitter is
charged directly to the Parex unit. The bottoms are sent to the Ay column, where the A,
fraction is rerun and then recycled to the Tatoray or THDA unit. If the complex has no
Tatoray or THDA unit, the A+ material is usually blended into gasoline or fuel oil.

*Trademark and/or service mark of UOP.
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If ortho-xylene is to be produced in the complex, the xylene splitter is designed to make
a split between meta- and ortho-xylene and drop a targeted amount of ortho-xylene to the
bottoms. The xylene splitter bottoms are then sent to an 0-X column where high-purity
ortho-xylene product is recovered overhead. The bottoms from the 0-X column are then
sent to the A, column.

The xylene splitter overhead is sent directly to the Parex unit, where 99.9 wt % pure para-
xylene is recovered by adsorptive separation at 97 wt % recovery per pass. Any residual
toluene in the Parex feed is extracted along with the para-xylene, fractionated out in the fin-
ishing column within the Parex unit, and then recycled to the Tatoray or THDA unit. The raf-
finate from the Parex unit is almost entirely depleted of para-xylene, to a level of less than 1
wt %. The raffinate is sent to the Isomar unit, where additional para-xylene is produced by
reestablishing an equilibrium distribution of xylene isomers. Any ethylbenzene in the Parex
raffinate is either converted to additional xylenes or dealkylated to benzene, depending on the
type of Isomar catalyst used. The effluent from the Isomar unit is sent to a deheptanizer col-
umn. The bottoms from the deheptanizer are clay-treated and recycled back to the xylene
splitter. In this way, all the C; aromatics are continually recycled within the xylene recovery
section of the complex until they exit the aromatics complex as para-xylene, ortho-xylene,
or benzene. The overhead from the deheptanizer is split into gas and liquid products. The
overhead gas is exported to the fuel gas system, and the overhead liquid is normally recycled
to the CCR Platforming debutanizer for recovery of residual benzene.

Within the aromatics complex, numerous opportunities exist to reduce overall utility con-
sumption through heat integration. Because distillation is the major source of energy con-
sumption in the complex, the use of cross-reboiling is especially effective. This technique
involves raising the operating pressure of one distillation column until the condensing distil-
late is hot enough to serve as the heat source for the reboiler of another column. In most aro-
matics complexes, the overhead vapors from the xylene splitter are used to reboil the
desorbent recovery columns in the Parex unit. The xylene splitter bottoms are often used as
a hot-oil belt to reboil either the Isomar deheptanizer or the Tatoray stripper column. If
desired, the convection section of many fired heaters can be used to generate steam.

FEEDSTOCK CONSIDERATIONS

Any of the following streams may be used as feedstock to an aromatics complex:

e Straight-run naphtha

e Hydrocracked naphtha

e Mixed xylenes

e Pyrolysis gasoline (pygas)

e Coke-oven light oil

e Condensate

e Liquid petroleum gas (LPG)

Petroleum naphtha is by far the most popular feedstock for aromatics production.
Reformed naphtha, or reformate, accounts for 70 percent of total world BTX supply. The
pygas by-product from ethylene plants is the next-largest source at 23 percent. Coal lig-
uids from coke ovens account for the remaining 7 percent. Pygas and coal liquids are
important sources of benzene that may be used only for benzene production or may be
combined with reformate and fed to an integrated aromatics complex. Mixed xylenes are
also actively traded and can be used to feed a stand-alone Parex-Isomar loop or to provide
supplemental feedstock for an integrated complex.
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Condensate is a large source of potential feedstock for aromatics production. Although
most condensate is currently used as cracker feedstock to produce ethylene, condensate
will likely play an increasingly important role in aromatics production in the future.

Many regions of the world have a surplus of low-priced LPG that could be transformed
into aromatics by using the new UOP-BP Cyclar* process. In 1999 the first Cyclar-based
aromatics complex started up in Saudi Arabia. This Cyclar unit is integrated with a down-
stream aromatics complex to produce para-xylene, ortho-xylene, and benzene.

Pygas composition varies widely with the type of feedstock being cracked in an ethyl-
ene plant. Light cracker feeds such as liquefied natural gas (LNG) produce a pygas that is
rich in benzene but contains almost no Cy aromatics. Substantial amounts of C, aromatics
are found only in pygas from ethylene plants cracking naphtha and heavier feedstocks. All
pygas contains significant amounts of sulfur, nitrogen, and dienes that must be removed by
two-stage hydrotreating before being processed in an aromatics complex.

Because reformate is much richer in xylenes than pygas, most para-xylene capacity is
based on reforming petroleum naphtha. Straight-run naphtha is the material that is recov-
ered directly from crude oil by simple distillation. Hydrocracked naphtha, which is pro-
duced in the refinery by cracking heavier streams in the presence of hydrogen, is rich in
naphthenes and makes an excellent reforming feedstock but is seldom sold on the mer-
chant market. Straight-run naphthas are widely available in the market, but the composi-
tion varies with the source of the crude oil. Straight-run naphthas must be thoroughly
hydrotreated before being sent to the aromatics complex, but this pretreatment is not as
severe as that required for pygas. The CCR Platforming units used in BTX service are run
at a high-octane severity, typically 104 to 106 RONC, to maximize the yield of aromatics
and eliminate the nonaromatic impurities in the C;+ fraction of the reformate.

Naphtha is characterized by its distillation curve. The cut of the naphtha describes
which components are included in the material and is defined by the initial boiling point
(IBP) and endpoint (EP) of the distillation curve. A typical BTX cut has an IBP of 75°C
(165°F) and an EP of 150°C (300°F). However, many aromatics complexes tailor the cut
of the naphtha to fit their particular processing requirements.

An IBP of 75 to 80°C (165 to 175°F) maximizes benzene production by including all
the precursors that form benzene in the reforming unit. Prefractionating the naphtha to an
IBP of 100 to 105°C (210 to 220°F) minimizes the production of benzene by removing the
benzene precursors from the naphtha.

If a UOP Tatoray unit is incorporated into the aromatics complex, C, aromatics become
a valuable source of additional xylenes. A heavier naphtha with an EP of 165 to 170°C
(330 to 340°F) maximizes the C, aromatic precursors in the feed to the reforming unit and
results in a substantially higher yield of xylenes or para-xylene from the complex. Without
a UOP Tatoray unit, C, aromatics are a low-value by-product from the aromatics complex
that must be blended into gasoline or fuel oil. In this case, a naphtha EP of 150 to 155°C
(300 to 310°F) is optimum because it minimizes the C, aromatic precursors in the reform-
ing unit feed. If mixed xylenes are purchased as feedstock for the aromatics complex, they
must be stripped, clay-treated, and rerun prior to being processed in the Parex-Isomar loop.

CASE STUDY

An overall material balance for a typical aromatics complex is shown in Table 2.1.1 along
with the properties of the naphtha feedstock used to prepare the case. The feedstock is a
common straight-run naphtha derived from Arabian Light crude. The configuration of the
aromatics complex for this case is the same as that shown in Fig. 2.1.4 except that the
0-X column has been omitted from the complex to maximize the production of para-xylene.

*Trademark and/or service mark of UOP.
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The naphtha has been cut at an endpoint of 165°C (330°F) to include all the C, aromatic
precursors in the feed to the Platforming unit.

A summary of the investment cost and utility consumption for this complex is shown in
Table 2.1.2. The estimated erected cost for the complex assumes construction on a U.S. Gulf
Coast site in 1995. The scope of the estimate is limited to equipment inside the battery lim-
its of each process unit and includes engineering, procurement, erection of equipment on the
site, and the cost of initial catalyst and chemical inventories. The light-ends by-product from
the aromatics complex has been shown in the overall material balance. The fuel value of
these light ends has not been credited against the fuel requirement for the complex.

COMMERCIAL EXPERIENCE

UOP is the world’s leading licenser of aromatics technology. By 2002, UOP had licensed
nearly 600 separate process units for aromatics production, including 168 CCR
Platformers, 215 extraction units (Udex,* Sulfolane, Tetra,* and Carom*), 78 Parex units,

*Trademark and/or service mark of UOP.

TABLE 2.1.1 Overall Material Balance

Naphtha feedstock properties

Specific gravity 0.7347
Initial boiling point, °C (°F) 83 (181)
Endpoint, °C (°F) 166 (331)

Paraffins/naphthenes/aromatics, vol % 66/23/11

Overall material balance, KMTA*

Naphtha 940

Products:
Benzene 164
para-Xylene 400
C,,* aromatics 50
Sulfolane raffinate 140
Hydrogen-rich gas 82
LPG 68
Light ends 36

*MTA = metric tons per annum.

TABLE 2.1.2 Investment Cost and Utility Consumption

Estimated erected cost, million $ U.S. 235

Utility consumption:
Electric power, kW 12,000
High-pressure steam, MT/h* (klb/h) 63 (139)
Medium-pressure steam, MT/h (klb/h) 76 (167)
Cooling water, m’/h (gal/min) 1630 (7180)
Fuel fired, million kcal/h (million Btu/h) 207 (821)

*MT/h = metric tons per hour
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6 MX Sorbex units, 52 Isomar units, 41 Tatoray units, 38 THDA units, and 1 Cyclar unit.
UOP has designed over 60 integrated aromatics complexes, which produce both benzene
and para-xylene. These complexes range in size from 21,000 to 1,200,000 MTA (46 to
2646 million 1b) of para-xylene.
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CHAPTER 2.2
UOP SULFOLANE PROCESS

Thomas J. Stoodt and Antoine Negiz
Marketing Services
UOP LLC
Des Plaines, Illinois

INTRODUCTION

The UOP Sulfolane* process is used to recover high-purity aromatics from hydrocarbon
mixtures, such as reformed petroleum naphtha (reformate), pyrolysis gasoline (pygas), or
coke-oven light oil.

The Sulfolane process takes its name from the solvent used: tetrahydrothiophene 1,1-
dioxide, or Sulfolane. Sulfolane was developed as a solvent by Shell in the early 1960s and
is still the most efficient solvent available for the recovery of aromatics. Since 1965, UOP
has been the exclusive licensing agent for the Sulfolane process. Many of the process
improvements incorporated in a modern Sulfolane unit are based on design features and
operating techniques developed by UOP.

The Sulfolane process can be applied as a combination of liquid-liquid extraction
(LLE) and extractive distillation (ED) or, with an appropriate feed, ED alone. The choice
is a function of the feedstock and the processing objectives, as explained below.

The Sulfolane process is usually incorporated in an aromatics complex to recover high-
purity benzene and toluene products from reformate. In a modern, fully integrated UOP
aromatics complex (Fig. 2.2.1), the Sulfolane unit is located downstream of the reformate
splitter column. The C-C, fraction from the overhead of the reformate splitter is fed to the
Sulfolane unit. The aromatic extract from the Sulfolane unit is clay-treated to remove trace
olefins, and individual benzene and toluene products are recovered by simple fractiona-
tion. The paraffinic raffinate from the Sulfolane unit is usually blended into the gasoline
pool or used in aliphatic solvents. A complete description of the entire aromatics complex
may be found in Chap. 2.1.

The Sulfolane process can also be an attractive way to reduce the benzene concentra-
tion in a refinery’s gasoline pool so that it meets new reformulated gasoline requirements.
In a typical benzene-reduction application (Fig. 2.2.2), a portion of the debutanized refor-
mate is sent to a reformate splitter column. The amount of reformate sent to the splitter is
determined by the degree of benzene reduction required. Bypassing some reformate
around the splitter and recombining it with splitter bottoms provide control of the final
benzene concentration. The benzene-rich splitter overhead is sent to the Sulfolane unit,

*Trademark and/or service mark of UOP.
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FIGURE 2.2.2 Benzene-reduction application.

which produces a high-purity benzene product that can be sold to the petrochemical mar-
ket. The raffinate from the Sulfolane unit can be blended back into the gasoline pool or
upgraded in an isomerization unit.

Improvements in the Sulfolane process have allowed the application of extractive dis-
tillation alone to feeds that have traditionally been sent to a combination LLE/ED unit. For
the same feed rate, an extractive distillation unit is about 80 percent of the installed cost of
a combined LLE/ED unit. The economics of one versus the other is largely a question of
the utilities required to achieve the high-purity product specifications at satisfactory recov-
eries of BTX. The application of extractive distillation is favored when the Sulfolane feed
is rich in aromatics. In such a case, there is less raffinate to boil overhead in the extractive
distillation column, which consumes energy.
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The more economical choice is an economic and engineering decision. Factors to con-
sider include:

e New versus revamp equipment

Cost of utilities

e Feed composition (boiling range, nonaromatics, impurities)

Product specifications

SOLVENT SELECTION

The suitability of a solvent for aromatics extraction involves the relationship between the
capacity of the solvent to absorb aromatics (solubility) and the ability of the solvent to dif-
ferentiate between aromatics and nonaromatics (selectivity). A study of the common polar
solvents used for aromatic extraction reveals the following qualitative similarities:

e When hydrocarbons containing the same number of carbon atoms are compared, solu-
bilities decrease in this order: aromatics>naphthenes>olefins>paraffins.

e When hydrocarbons in the same homologous series are compared, solubility decreases
as molecular weight increases.

e The selectivity of a solvent decreases as the hydrocarbon content, or loading, of the sol-
vent phase increases.

In spite of these general similarities, various commercial solvents used for aromatics
recovery have significant quantitative differences. Sulfolane demonstrates better aromatic
solubilities at a given selectivity than any other commercial solvent. The practical conse-
quence of these differences is that an extraction unit designed to use Sulfolane solvent
requires a lower solvent circulation rate and thus consumes less energy.

In addition to superior solubility and selectivity, Sulfolane solvent has three particular-
ly advantageous physical properties that have a significant impact on plant investment and
operating cost:

e High specific gravity (1.26). High specific gravity allows the aromatic capacity of
Sulfolane to be fully exploited while maintaining a large density difference between the
hydrocarbon and solvent phases in the extractor. This large difference in densities min-
imizes the required extractor diameter. The high density of the liquid phase in the extrac-
tive distillation section also minimizes the size of the equipment required there.

e Low specific heat—0.4 cal/(g-°C) [0.4 Btu/(Ib-°F)]. The low specific heat of Sulfolane
solvent reduces heat loads in the fractionators and minimizes the duty on solvent heat
exchangers.

e High boiling point [287°C (549°F)]. The boiling point of Sulfolane is significantly high-
er than that of the heaviest aromatic hydrocarbon to be recovered, facilitating the sepa-
ration of solvent from the aromatic extract.

PROCESS CONCEPT

The Sulfolane process combines both liquid-liquid extraction and extractive distillation in
the same process unit. This mode of operation has particular advantages for aromatic
recovery:
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¢ In liquid-liquid extraction systems, light nonaromatic components are more soluble in
the solvent than heavy nonaromatics are. Thus, liquid-liquid extraction is more effective
in separating aromatics from the heavy contaminants than from the light ones.

e In extractive distillation, light nonaromatic components are more readily stripped from
the solvent than heavy nonaromatics. Thus, extractive distillation is more effective in
separating aromatics from the light contaminants than from the heavy ones.

Therefore, liquid-liquid extraction and extractive distillation provide complementary fea-
tures. Contaminants that are the most difficult to eliminate in one section are the easiest to
remove in the other. This combination of techniques permits effective treatment of feed-
stocks with much broader boiling range than would be possible by either technique alone.

The basic process concept is illustrated in Fig. 2.2.3. Lean solvent is introduced at the
top of the main extractor and flows downward. The hydrocarbon feed is introduced at the
bottom and flows upward, countercurrent to the solvent phase. As the solvent phase flows
downward, it is broken up into fine droplets and redispersed into the hydrocarbon phase
by each successive tray. The solvent selectively absorbs the aromatic components from the
feed. However, because the separation is not ideal, some of the nonaromatic impurities are
also absorbed. The bulk of the nonaromatic hydrocarbons remain in the hydrocarbon phase
and are rejected from the main extractor as raffinate.

The solvent phase, which is rich in aromatics, flows downward from the main extrac-
tor into the backwash extractor. There the solvent phase is contacted with a stream of light
nonaromatic hydrocarbons from the top of the extractive stripper. The light nonaromatics
displace the heavy nonaromatic impurities from the solvent phase. The heavy nonaromat-
ics then reenter the hydrocarbon phase and leave the extractor with the raffinate.

The rich solvent from the bottom of the backwash extractor, containing only light
nonaromatic impurities, is then sent to the extractive stripper for final purification of the
aromatic product. The light nonaromatic impurities are removed overhead in the extractive
stripper and recycled to the backwash extractor. A purified stream of aromatics, or extract,
is withdrawn in the solvent phase from the bottom of the extractive stripper. The solvent
phase is then sent on to the solvent recovery column, where the extract product is separat-
ed from the solvent by distillation.

Also shown in Fig. 2.2.3 are the activity coefficients, or K values, for each section of
the separation. The K value in extraction is analogous to relative volatility in distillation.
The K, value is a measure of the solvent’s ability to repel component i and is defined as the
mole fraction of component i in the hydrocarbon phase X,, divided by the mole fraction of
component i in the solvent phase Z. The lower the value of K|, the higher the solubility of
component i in the solvent phase.

DESCRIPTION OF THE PROCESS FLOW

Fresh feed enters the extractor and flows upward, countercurrent to a stream of lean sol-
vent, as shown in Fig. 2.2.4. As the feed flows through the extractor, aromatics are selec-
tively dissolved in the solvent. A raffinate stream, very low in aromatics content, is
withdrawn from the top of the extractor.

The rich solvent, loaded with aromatics, exits the bottom of the extractor and enters the
stripper. The nonaromatic components having volatilities higher than that of benzene are
completely separated from the solvent by extractive distillation and removed overhead
along with a small quantity of aromatics. This overhead stream is recycled to the extrac-
tor, where the light nonaromatics displace the heavy nonaromatics from the solvent phase
leaving the bottom of the extractor.
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FIGURE 2.2.3 Sulfolane process concept.

The stripper bottoms stream, which is substantially free of nonaromatic impurities, is
sent to the recovery column, where the aromatic product is separated from the solvent.
Because of the large difference in boiling point between the Sulfolane solvent and the
heaviest aromatic component, this separation is accomplished with minimal energy input.
To minimize solvent temperatures, the recovery column is operated under vacuum. Lean
solvent from the bottom of the recovery column is returned to the extractor. The extract is
recovered overhead and sent on to distillation columns downstream for recovery of the
individual benzene and toluene products.

The raffinate stream exits the top of the extractor and is directed to the raffinate wash
column. In the wash column, the raffinate is contacted with water to remove dissolved sol-
vent. The solvent-rich water is vaporized in the water stripper by exchange with hot circu-
lating solvent and then used as stripping steam in the recovery column. Accumulated
solvent from the bottom of the water stripper is pumped back to the recovery column.

The raffinate product exits the top of the raffinate wash column. The amount of
Sulfolane solvent retained in the raffinate is negligible. The raffinate product is common-
ly used for gasoline blending or aliphatic solvent applications.

Under normal operating conditions, Sulfolane solvent undergoes only minor oxidative
degradation. A small solvent regenerator is included in the design of the unit as a safeguard
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against the possibility of air leaking into the unit. During normal operation, a small slip-
stream of circulating solvent is directed to the solvent regenerator for removal of oxidized
solvent.

The extract product from a Sulfolane unit may contain trace amounts of olefins and oth-
er impurities that would adversely affect the acid-wash color tests of the final benzene and
toluene products. To eliminate these trace impurities, the extract is clay-treated prior to
fractionation. Because clay treating is done at mild conditions, clay consumption is mini-
mal.

The treated extract is directed to the aromatics fractionation section, where high-puri-
ty benzene, toluene, and sometimes mixed xylenes are recovered. The design of the aro-
matics fractionation section varies depending on the particular processing requirements of
the refiner. The toluene product is often recycled to a UOP Tatoray* unit for conversion
into benzene and xylenes. Mixed xylenes may be routed directly to the xylene recovery
section of the plant for separation into para-xylene, ortho-xylene, and meta-xylene prod-
ucts.

Any heavy aromatics in the feed are yielded as a bottoms product from the fractiona-
tion section. In most cases, the C, aromatics are recovered and recycled to a UOP Tatoray
unit for the production of additional xylenes. The heavy aromatics may also be blended
back into the refinery gasoline pool or sold as a high-octane blending component.

Figure 2.2.5 shows the process flow of a Sulfolane extractive distillation unit. There are
two primary columns in the extractive distillation unit: the extractive distillation column
and the solvent recovery column (or solvent stripper column). Aromatic feed is directed to
the ED column. It exchanges heat with the lean solvent and enters a central stage of the
trayed column. The lean solvent is introduced near to the top of the ED column.

Combining solvent and feed alters the relative volatilities of the components to be sep-
arated because of the nonideal behavior of the mixture. This is key to the process. The
selectivity of the solvent renders aromatics relatively less volatile than the nonaromatics,
as shown in the bottom right chart of Fig. 2.2.3. Good product purity can be achieved if
there is sufficient separation of K values between the lowest carbon number aromatic and
the higher carbon number nonaromatic species.

ED Column Recovery
Column

|
g

—» Extract

Raffinate Solvent

Regenerator

>

Feed

FIGURE 2.2.5 Shell Sulfolane process: extractive distillation.

*Trademark and/or service mark of UOP.
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As the hydrocarbon vapor stream flows up the ED column, countercurrent to the
descending solvent, the aromatics are selectively absorbed. The function of the upper sec-
tion of the extractive distillation column is to maximize aromatic recovery. The overhead
vapor is nonaromatic and is referred to as the raffinate. These vapors are condensed and
sent to storage. A portion of the raffinate liquid is used as column reflux to rectify
entrained solvent out of the overhead product. Overhead water is collected in the raffinate
receiver water boot and returned to the unit water circuit. The extractive distillation col-
umn is reboiled with steam.

In the lower section of the ED column, the nonaromatics are preferentially stripped out
of the liquid and enter the upper portion of the column as a vapor phase due to the solvent
selectivity, which has made the saturates relatively more volatile than the aromatics. Again,
because of finite selectivity, some aromatics, primarily benzene, are stripped into the upper
section of the column where they must be reabsorbed. The lower section of the ED column
serves the function of benzene purification.

The ED column bottoms contain solvent and highly purified aromatics. These materi-
als are sent to the solvent recovery column (solvent stripper column). In this column, aro-
matics are separated by solvent under vacuum with steam stripping. The overhead
aromatic product, depending on the composition (B or BT), is condensed and sent to stor-
age or to clay treating prior to product fractionation. A portion of the extract liquid is used
as reflux to remove residual solvent from the extract vapors. The solvent recovery column
is reboiled with steam. Water is collected in the extract receiver boot and is directed to the
water stripper. This small reboiled column (heated by exchange with the solvent stripper
bottoms) generates the stripping steam that is returned to the bottom of the solvent recov-
ery column via the solvent regenerator. Solvent, as it flows down the recovery column, is
purified of residual hydrocarbons. At the bottom of the recovery column the solvent is
essentially pure Sulfolane with a small amount of water. This is then returned to the ED
column as lean solvent. A slipstream of lean solvent is directed to a solvent regenerator to
remove any degradation products.

FEEDSTOCK CONSIDERATIONS

The feed to a Sulfolane unit is usually a benzene-toluene (BT) cut from a naphtha reform-
ing unit. The xylene fraction of the reformate is often already pure enough to sell as mixed
xylenes or is sent directly to the para-xylene recovery section of the aromatics complex.
In many facilities, the pygas by-product from a nearby ethylene plant is also directed to a
Sulfolane unit. A few plants also use Sulfolane to recover aromatics from coke-oven light
oil. Before being sent to a Sulfolane unit, the reformate must first be stripped in a debu-
tanizer column to remove light ends. Pygas and coke-oven light oils must first be
hydrotreated to remove dienes, olefins, sulfur, and nitrogen. In general, the feed to a
Sulfolane unit should meet the specifications outlined in Table 2.2.1.

PROCESS PERFORMANCE

The performance of the UOP Sulfolane process has been well demonstrated in more than
100 operating units. The recovery of benzene exceeds 99.9 wt %, and recovery of toluene
is typically 99.8 wt %. The Sulfolane process is also efficient at recovering heavier aro-
matics if necessary. Typical recovery of xylenes exceeds 98 wt %, and a recovery of 99 wt
% has been demonstrated commercially with rich feedstocks.
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TABLE 2.2.1 Sulfolane Feedstock Specifications

Contaminant Effect Limit
Total sulfur Contaminates product 0.2 ppm max.
Thiophene Contaminates product 0.2 ppm max.
Total chloride Contaminates product, causes corrosion 0.2 ppm max.
Bromine number Causes higher solvent circulation, increased 2 max.

utility consumption
Diene index Causes higher solvent circulation, increased 1 max.
utility consumption
Dissolved oxygen  Causes degradation of solvent 1.0 ppm max.

UOP Sulfolane units routinely produce a benzene product with a solidification point of
5.5°C or better, and many commercial units produce benzene containing less than 100 ppm
nonaromatic impurities. The toluene and C; aromatics products from a Sulfolane unit are
also of extremely high purity and easily exceed nitration-grade specifications. In fact, the
ultimate purities of all the aromatic products are usually more dependent on the design and
proper operation of the downstream fractionation section than on the extraction efficiency
of the Sulfolane unit itself.

The purity and recovery performance of an aromatics extraction unit is largely a func-
tion of energy consumption. In general, higher solvent circulation rates result in better per-
formance, but at the expense of higher energy consumption. The UOP Sulfolane process
demonstrates the lowest energy consumption of any commercial aromatics extraction tech-
nology. A typical UOP Sulfolane unit consumes 275 to 300 kcal of energy per kilogram of
extract produced, even when operating at 99.99 wt % benzene purity and 99.95 wt %
recovery. UOP Sulfolane units are also designed to efficiently recover solvent for recycle
within the unit. Expected solution losses of Sulfolane solvent are less than 5 ppm of the
fresh feed rate to the unit.

EQUIPMENT CONSIDERATIONS

The extractor uses rain-deck trays to contact the upward-flowing feed with the downward-
flowing solvent. The rain-deck trays act as distributors to maintain an evenly dispersed
“rain” of solvent droplets moving down through the extractor to facilitate dissolution of the
aromatic components into the solvent phase. A typical Sulfolane extractor column contains
94 rain-deck trays.

The raffinate wash column is used to recover residual solvent carried over in the raffi-
nate from the extractor. The wash column uses jet-deck trays to provide countercurrent
flow between the wash water and raffinate. A typical wash column contains eight jet-deck
trays.

The stripper column is used to remove any light nonaromatic hydrocarbons in the rich
solvent by extractive distillation. The Sulfolane solvent increases the relative volatilities
between the aromatic and nonaromatic components, thus facilitating the removal of light
nonaromatics in the column overhead. A typical stripper column contains 34 sieve trays.
The recovery column separates the aromatic extract from the Sulfolane solvent by vacuum
distillation. A typical recovery column contains 34 valve trays.

The Sulfolane extractive distillation unit has less equipment than a conventional unit.
The rain-deck extractor and raffinate wash column are eliminated. Solvent in the raffinate,
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as described above, is eliminated by the ED column reflux. In the case of a benzene-only
feed, all the equipment associated with water circulation and stripping steam can be elim-
inated. A Sulfolane unit is approximately 80 percent of the cost of an LLE/ED unit.

The solvent regenerator is a short, vertical drum that is used to remove the polymers
and salts formed as a result of the degradation of solvent by oxygen. The regenerator is
operated under vacuum and runs continuously.

The Sulfolane process is highly heat-integrated. Approximately 11 heat exchangers are
designed into a typical unit.

All the equipment for the Sulfolane unit, with the exception of the solvent regenerator
reboiler, is specified as carbon steel. The solvent regenerator reboiler is constructed of
stainless steel.

CASE STUDY

A summary of the investment cost and utility consumption for a typical Sulfolane unit is
shown in Table 2.2.2. The basis for this case is a Sulfolane unit processing 54.5 metric tons
per hour (MT/h) [10,400 barrels per day (BPD)] of a BT reformate cut. This case corre-
sponds to the case study for an integrated UOP aromatics complex in Chap. 2.1 of this hand-
book. The investment cost is limited to the Sulfolane unit itself and does not include
downstream fractionation. The estimated erected cost for the Sulfolane unit assumes con-
struction on a U.S. Gulf Coast site in 2002. The scope of the estimate includes engineering,
procurement, erection of equipment on the site, and the initial inventory of Sulfolane solvent.

COMMERCIAL EXPERIENCE

Since the early 1950s, UOP has licensed four different aromatics extraction technologies,
including the Udex,* Sulfolane, Tetra,* and Carom* processes. UOP’s experience in aro-
matics extraction encompasses more than 200 units, which range in size from 2 to 260
MT/h (400 to 50,000 BPD) of feedstock.

In 1952, UOP introduced the first large-scale aromatics extraction technology, the
Udex process, which was jointly developed by UOP and Dow Chemical. Although the
Udex process uses either diethylene glycol or triethlyene glycol as a solvent, it is similar
to the Sulfolane process in that it combines liquid-liquid extraction with extractive distil-
lation. Between 1950 and 1965, UOP licensed a total of 82 Udex units.

*Trademark and/or service mark of UOP.

TABLE 2.2.2 Investment Cost and Utility
Consumption*

Estimated erected cost, million $ U.S.  13.5
Utility consumption:

Electric power, kW 390
High-pressure steam, MT/h (klb/h)  27.5 (60.6)
Cooling water, m’/h (gal/min) 274 (1207)

*Basis: 25.0 MT/h of toluene product, 11.8 MT/h of benzene
product, 54.5 MT/h (10,400 BPD) of BT reformate feedstock.
Note: MT/h = metric tons per hour; BPD = barrels per day.
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In the years following the commercialization of the Udex process, considerable
research was done with other solvent systems. In 1962, Shell commercialized the first
Sulfolane units at its refineries in England and Italy. The success of these units led to an
agreement in 1965 whereby UOP became the exclusive licenser of the Shell Sulfolane
process. Many of the process improvements incorporated in modern Sulfolane units are
based on design features and operating techniques developed by UOP. By 1995, UOP had
licensed a total of 120 Sulfolane units throughout the world.

Meanwhile, in 1968, researchers at Union Carbide discovered that tetraethylene glycol
had a higher capacity for aromatics than the solvents being used in existing Udex units.
Union Carbide soon began offering this improved solvent as the Tetra process. Union
Carbide licensed a total of 17 Tetra units for aromatics extraction; 15 of these units were
originally UOP Udex units that were revamped to take advantage of the improvements
offered by the Tetra process.

Union Carbide then commercialized the Carom process in 1986. The Carom flow
scheme is similar to that used in the Udex and Tetra processes, but the Carom process takes
advantage of a unique two-component solvent system that nearly equals the performance
of the Sulfolane solvent. In 1988, UOP merged with the CAPS division of Union Carbide.
As a result of this merger, UOP now offers both the Sulfolane and Carom processes for
aromatics extraction and continues to support the older Udex and Tetra technologies.

The Carom process is ideal for revamping older Udex and Tetra units for higher capac-
ity, lower energy consumption, or better product purity. The Carom process can also be
competitive with the Sulfolane process for new-unit applications. By 2002, UOP had
licensed a total of seven Carom units. Six of these units are conversions of Udex or Tetra
units, and one is a new unit.
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UOP THERMAL
HYDRODEALKYLATION (THDA)
PROCESS

Thomas J. Stoodt and Antoine Negiz
UOP LLC
Des Plaines, Illinois

INTRODUCTION

The importance of benzene as an intermediate in the production of organic-based materials
is exceeded only by that of ethylene. Benzene represents the basic building block for direct
or indirect manufacture of well over 250 separate products or product classifications.

Historically, the major consumption of benzene has been in the production of ethyl-
benzene (for polystyrene), cumene (for phenol and acetone), and cyclohexane (for nylon).
Significant quantities of benzene are also consumed in the manufacture of aniline, deter-
gent alkylate, and maleic anhydride.

At present, approximately 92 percent of the benzene produced worldwide comes
directly from petroleum sources. Catalytic reforming supplies most of the petroleum-
derived petrochemical benzene. However, toluene is produced in greater quantities than
benzene in the reforming operation, and in many areas, low market demand for toluene can
make its conversion to benzene via dealkylation economically attractive. Approximately
13 percent of the petrochemical benzene produced in the world is derived from toluene
dealkylation.

The thermal hydrodealkylation (THDA) process provides an efficient method for the
conversion of alkylbenzenes to high-purity benzene. In addition to producing benzene, the
THDA process can be economically applied to the production of quality naphthalene from
suitable feedstocks.

PROCESS DESCRIPTION

The UOP THDA* process converts alkylbenzenes and alkylnaphthalenes to their corre-
sponding aromatic rings, benzene and naphthalene. The relation between product distribu-

*Trademark and/or service mark of UOP.
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tion and operating severity is such that, for both benzene and naphthalene operations, the
conversion per pass of fresh feed is maintained at somewhat less than 100 percent. A sim-
plified process flow diagram for benzene manufacture is presented in Fig. 2.3.1.

The alkyl-group side chains of the alkyl-aromatic feed as well as nonaromatics that
may be present in the unit feed are converted to a light paraffinic coproduct gas consisting
mainly of methane. The basic hydrodealkylation reaction enables the process to produce a
high-purity benzene or naphthalene product without applying extraction or superfraction-
ation techniques, even when charging a mixture of alkyl aromatics and nonaromatic hydro-
carbons. Excessive nonaromatics in the charge significantly add to hydrogen consumption.

Product yields approach stoichiometric with benzene yield from toluene approximating
99 percent on a molal basis. A small amount of heavy-aromatic material consisting of
biphenyl-type compounds is coproduced.

In a benzene unit, fresh toluene feedstock is mixed with recycle toluene and recycle and
fresh hydrogen gases, heated by exchange in a fired heater, and then charged to the reac-
tor. Alkyl aromatics are hydrodealkylated to benzene and nonaromatics, and paraffins and
naphthalenes are hydrocracked. The effluent from the reactor is cooled and directed to the
product separator, where it separates into a liquid phase and gas phase. The hydrogen-rich
gas phase is recycled to the reactor, and the separator liquid is charged to a stripper for the
removal of light ends. Stripper bottoms are percolated through a clay treater to the frac-
tionation section, where high-purity benzene is obtained as an upper sidecut from a ben-
zene fractionation column. Unconverted toluene is recycled to the reactor from the lower
sidecut of the benzene column. Heavy-aromatic by-product is withdrawn from the bottom
of the column to storage.

The reactor-section process flow in a naphthalene THDA unit is similar to that
described for the benzene unit. Fresh feed is mixed with unconverted recycle alkyl aro-
matics and makeup and recycle hydrogen. The mixture is then heated and charged to the
reactor. Materials in the feedstock materials that boil close to naphthalene would make the
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FIGURE 2.3.1 UOP THDA process for benzene production.
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recovery of high-purity product either impossible or uneconomic if they remain uncon-
verted. Process conditions are set to ensure that these materials are hydrocracked or
dealkylated, or both, to products easily separated by fractionation.

In the case of naphthalene, the aromatic-splitter bottoms are charged to a naphthalene
splitter, where the small amount of heavy-aromatic coproduct is rejected as a bottoms
product. Naphthalene splitter overhead is directed to the naphthalene fractionator, where
high-purity naphthalene is recovered as an overhead product. Naphthalene fractionator
bottoms are recycled to the reactor section. In both benzene and naphthalene THDA units,
clay treating of the product is generally required to meet the usual acid-wash color speci-
fications.

Several design options are available for optimizing hydrogen usage in both types of
units. Coproduct light ends, primarily methane, must be removed from the reaction section
to maintain hydrogen purity. When the supply of makeup hydrogen is limited, considera-
tion also must be given to the elimination of C, and heavier nonaromatic hydrocarbons
from the makeup gas. If present, these materials hydrocrack and substantially increase
hydrogen consumption. During the design stage of hydrodealkylation units, careful atten-
tion must be given to hydrogen consumption and availability as related to overall refinery
operation.

Depending on the application, THDA units can process a wide variety of feedstocks.
For the production of benzene, feedstocks could include extracted light alkylbenzene, suit-
ably treated coke-oven light oil, and pyrolysis coproducts. Feedstocks to produce naph-
thalene could include heavy reformate, extracted cycle oils from the fluid catalytic
cracking (FCC) process, and coal-tar-derived materials.

Benzene produced from commercial THDA units typically has a freeze point of 5.5°C,
which exceeds the ASTM Benzene-545 benzene specifications.

PROCESS ECONOMICS

Although THDA yields are about 99 percent on a molar basis, they are considerably low-
er on a weight basis because of the change in molecular weight. Weight yields for the
dealkylation of toluene to benzene are shown in Table 2.3.1. Investment and utility require-
ments are shown in Table 2.3.2.

TABLE 2.3.1 THDA Yields

Benzene production Feeds, wt % Product, wt %
Hydrogen (chemical consumption) 2.3

Methane 17.7
Ethane 0.6
Benzene 83.6
Toluene 100

Heavy aromatics 0.4

Total 102.3 102.3
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TABLE 2.3.2 THDA Process Investment and Utility
Requirements*

Estimated battery-limits erected cost ~ $9.5 million

Utilities
Electric power, kW 620
Fuel, 10° kcal/h (10° Btu/h) 63 (250)
Cooling water, m’/h (gal/min) 112 (495)

*Basis: 1200 BPD of toluene feed.
Note: MT/h = metric tons per hour; MTA = metric tons per
annum; BPSD = barrels per stream-day.

The economics of benzene manufacture via the THDA process are very sensitive to the
relative prices of benzene and toluene. As a general rule, THDA becomes economically
viable when the price of benzene (per unit volume) is more than 1.25 times the price of
toluene. For this reason, the THDA process has become the process used to meet benzene
demand during peak periods. When benzene is in low demand, THDA units are not oper-
ated. However, a UOP-designed THDA is easily revamped at low cost to a Tatoray process
unit. This flexibility greatly extends the utilization of expensive processing equipment and
provides a means of generating a wider product state (for example, benzene and mixed
xylenes) during periods of low benzene demand.



CHAPTER 2.4
BP-UOP CYCLAR PROCESS

Lubo Zhou
UOP LLC
Des Plaines, Illinois

INTRODUCTION

In recent years, light hydrocarbons have become increasingly attractive as fuels and petro-
chemical feedstocks, and much effort has been devoted to improving the recovery, pro-
cessing, and transportation of liquefied petroleum gas (LPG) and natural gas. Because
production areas are often located in remote areas that are far removed from established
processing plants or consumers, elaborate product transport infrastructures are required.
Although natural gas can be moved economically through pipelines, condensation prob-
lems limit the amount of LPG that can be transported in this way. Thus, most LPG is trans-
ported by such relatively expensive means as special-purpose tankers or railcars. The high
cost of transporting LPG can often depress its value at the production site. This statement
is especially true for propane, which is used much less than butane for gasoline blending
and petrochemical applications.

British Petroleum (BP) recognized the problem with transporting LPG and in 1975
began research on a process to convert LPG to higher-value liquid products that could be
shipped more economically. This effort led to the development of a catalyst that was capa-
ble of converting LPG to petrochemical-grade benzene, toluene, and xylenes (BTX) in a
single step. However, BP soon realized that the catalyst had to be regenerated often in this
application and turned to UOP* for its well-proven CCR* technology, which continuous-
ly regenerates the catalyst. UOP developed a high-strength formulation of the BP catalyst
that would work in CCR service and also applied the radial-flow, stacked-reactor design
originally developed for the UOP Platforming* process. The result of this outstanding
technical collaboration is the BP-UOP Cyclar* process.

PROCESS CHEMISTRY

The Cyclar process converts LPG directly to a liquid aromatics product in a single opera-
tion. The reaction is best described as dehydrocyclodimerization and is thermodynamical-
ly favored at temperatures above 425°C (800°F). The dehydrogenation of light paraffins

*Trademark and/or service mark of UOP.
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(propane and butanes) to olefins is the rate-limiting step (Fig. 2.4.1). Once formed, the
highly reactive olefins oligomerize to form larger intermediates, which then rapidly cyclize
to naphthenes. These reactions—dehydrogenation, oligomerization, and cyclization—are
all acid-catalyzed. The shape selectivity of the zeolite component of the catalyst also pro-
motes the cyclization reaction and limits the size of the rings formed. The final reaction
step is the dehydrogenation of the naphthenes to their corresponding aromatics. This reac-
tion is highly favored at Cyclar operating conditions, and the result is virtually complete
conversion of the naphthenes.

The reaction intermediates can also undergo a hydrocracking side reaction to form
methane and ethane. This side reaction results in a loss of yield because methane and
ethane are inert at Cyclar operating conditions.

Because olefins are a key reaction intermediate, they can of course be included in the
feed to the Cyclar unit. Heavier paraffins, such as pentanes, can also be included in the
feed. Olefins and pentanes are almost completely converted in the Cyclar unit, but the unit
must be designed to handle them because they result in a higher catalyst-coking rate than
pure butane and propane feedstocks.

Although the reaction sequence involves some exothermic steps, the preponderance of
dehydrogenation reactions results in a highly endothermic overall reaction. Five moles of
hydrogen are produced for every mole of aromatic components formed from propane or
butane.

Because propane and butanes are relatively unreactive, the Cyclar process requires a
catalyst with high activity. At the same time, the production of methane and ethane from
unwanted hydrocracking side reactions must be minimized. An extensive joint effort by BP
and UOP has resulted are a catalyst that combines several important features to ensure effi-
cient commercial operation:

e At the conditions necessary for high selectivity to aromatics, the conversion perfor-
mance of the catalyst declines slowly.

e The selectivity to aromatics is nearly constant over the normal range of conversion,
resulting in stable product yield and quality. Thus, economic process performance can
be maintained despite normal fluctuations in unit operation.

e At normal process conditions, the rate of carbon deposition on the catalyst is slow and
steady, amounting to less than 0.02 wt % of the feed processed. Because the carbon lev-
els on spent catalyst are low, regeneration requirements are relatively mild. Mild regen-
eration conditions extend the life of the catalyst and make it insensitive to process upsets
and changes in feedstock composition.

Paraffins Olefins Oligomers Naphthenes Aromatics

A
N @% i ©

By-Products (9
o @

FIGURE 2.4.1 Cyclar reaction mechanism.
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e The catalyst exhibits high thermal stability and is relatively insensitive to common feed-
stock contaminants. Regeneration fully restores the activity and selectivity of the cata-
lyst to the performance seen with fresh catalyst.

¢ High mechanical strength and low attrition characteristics make the catalyst well suited
for continuous catalyst regeneration.

DESCRIPTION OF THE PROCESS FLOW

A Cyclar unit is divided into three major sections. The reactor section includes the radial-
flow reactor stack, combined feed exchanger, charge heater, and interheaters. The regen-
erator section includes the regenerator stack and catalyst transfer system. The product
recovery section includes the product separators, compressors, stripper, and gas recovery
equipment.

The flow scheme is similar to the UOP CCR Platforming process, which is used wide-
ly throughout the world for reforming petroleum naphtha. A simplified block flow diagram
is shown in Fig. 2.4.2. Fresh feed and recycle are combined and heat exchanged against
reactor effluent. The combined feed is then raised to reaction temperature in the charge
heater and sent to the reactor section. Four adiabatic, radial-flow reactors are arranged in
a vertical stack. Catalyst flows vertically by gravity down the stack, and the charge flows
radially across the annular catalyst beds. Between each reactor, the vaporized charge is
reheated to reaction temperature in an interheater.

The effluent from the last reactor is split into vapor and liquid products in a product
separator. The liquid is sent to a stripper, where light saturates are removed from the C,+
aromatic product. Vapor from the product separator is compressed and sent to a gas recov-
ery section, typically a cryogenic unit, for separation into a 95 percent pure hydrogen prod-
uct stream, a fuel gas stream of light saturates, and a recycle stream of unconverted LPG.
Hydrogen is not recycled.

Because coke builds up on the Cyclar catalyst over time at reaction conditions, partial-
ly deactivated catalyst is continually withdrawn from the bottom of the reactor stack for
regeneration. Figure 2.4.3 shows additional details of the catalyst regeneration section. A
discrete amount of spent catalyst flows into a lock hopper, where it is purged with nitro-
gen. The purged catalyst is then lifted with nitrogen to the disengaging hopper at the top
of the regenerator. The catalyst flows down through the regenerator, where the accumulat-
ed carbon is burned off. Regenerated catalyst flows down into the second lock hopper,
where it is purged with hydrogen and then lifted with hydrogen to the top of the reactor
stack. Because the reactor and regenerator sections are separate, each operates at its own
optimal conditions. In addition, the regeneration section can be temporarily shut down for
maintenance without affecting the operation of the reactor and product recovery sections.

FEEDSTOCK CONSIDERATIONS

Propane and butanes should be the major components in the feedstock to a Cyclar unit. The
C, and C, saturates should be minimized because these components act as inert diluents.
Olefins should be limited to less than 10 percent of the feed. Higher concentrations of
olefins require hydrogenation of the feed. The C, and C; components increase the rate of
coke formation in the process and should be 11m1ted to less than 20 and 2 wt %, respec-
tively, in Cyclar units designed for LPG service. Cyclar units can be designed to process
significantly higher amounts of C; and C, materials if necessary. In general, the feed to a
Cyclar unit should meet the spec1ﬁcat10ns outlined in Table 2.4.1.
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FIGURE 2.4.3 Catalyst regeneration section.

PROCESS PERFORMANCE

The major liquid products from a Cyclar process unit are BTX and C,+ aromatics. These
products may be separated from one another by conventional fractionation downstream of
the Cyclar stripper column.

In general, aromatics yield increases with the carbon number of the feedstock. In a low-
pressure operation, the overall aromatics yield increases from 62 wt % of fresh feed with
an all-propane feedstock to 66 percent with an all-butane feed. With this yield increase
comes a corresponding decrease in fuel gas production. These yield figures can be inter-
polated linearly for mixed propane and butane feedstocks. The distribution of butane iso-
mers in the feed has no effect on yields.

The distribution of aromatic components in the liquid product is also affected by feed-
stock composition. Butane feedstocks produce a product that is leaner in benzene and rich-
er in xylenes than that produced from propane (Fig. 2.4.4). With either propane or butane
feeds, the liquid product contains about 91 percent BTX and 9 percent heavier aromatics.

The Cyclar unit produces aromatic products with nonaromatic impurities limited to
1500 ppm or less. Thus, marketable, high-quality, petrochemical-grade BTX can be
obtained by fractionation alone, without the need for subsequent extraction.

The by-product light ends contain substantial amounts of hydrogen, which may be
recovered in several different ways, depending on the purity desired:

e An absorber-stripper system produces a 65 mol % hydrogen product stream.
e A cold box produces 95 mol % hydrogen.

e An absorber-stripper system combined with a pressure-swing absorption (PSA) unit pro-
duces 99 mol % hydrogen.
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TABLE 2.4.1 Feedstock Specifications

Contaminant Limit
Sulfur <20 mol ppm
Water No free water
Oxygenates <10 wt ppm
Basic nitrogen <1 wt ppm
Fluorides <0.3 wt ppm
Metals <50 wt ppb
Propane Feedstock Butane Feedstock
Toluene Toluene
3% 44%
Benzene Benzene
- 2% - 2%
Xylenes ~ Cg* Aromatics ~ Xylenes - ~ Cq* Aromatics
21% 9% 25% 9

FIGURE 2.4.4 Cyclar aromatic product distribution.

e A cold box combined with a PSA unit is usually more attractive if large quantities of
99+ mol % hydrogen are desired.

EQUIPMENT CONSIDERATIONS

The principal Cyclar operating variables are feedstock composition, pressure, space veloc-
ity, and temperature. The temperature must be high enough to ensure nearly complete con-
version of reaction intermediates to produce a liquid product that is essentially free of
nonaromatic impurities but low enough to minimize nonselective thermal reactions. Space
velocity is optimized against conversion within this temperature range to obtain high prod-
uct yields with minimum operating costs.

Reaction pressure has a big impact on process performance. Higher pressure increases
reaction rates, thus reducing catalyst requirements. However, some of this higher reactivi-
ty is due to increased hydrocracking, which reduces aromatic product yield. UOP current-
ly offers two alternative Cyclar process designs. The low-pressure design is recommended
when maximum aromatics yield is desired. The high-pressure design requires only one-
half the catalyst and is attractive when minimum investment and operating costs are the
overriding considerations (Fig. 2.4.5).

Various equipment configurations are possible depending on whether a gas turbine,
steam turbine, or electric compressor drive is specified; whether air-cooling or water-cool-
ing equipment is preferred; and whether steam generation is desirable.
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FIGURE 24.5 Effect of Cyclar operation pressure.

CASE STUDY

The overall material balance, investment cost, and utility consumption for a representative
Cyclar unit are shown in Table 2.4.2. The basis for this case is a low-pressure Cyclar unit
processing 54 metric tons per hour (MT/h) [15,000 barrels per day (BPD)] of a feed con-
sisting of 50 wt % propane and 50 wt % butanes. The investment cost is limited to the
Cyclar unit and stripper column and does not include further downstream product frac-
tionation. The estimated erected cost for the Cyclar unit assumes construction on a U.S.
Gulf Coast site in 1995. The scope of the estimate includes engineering, procurement,
erection of equipment on-site, and the initial load of Cyclar catalyst.

Economic Comparison of Cyclar and Naphtha Reforming

Figure 2.4.6 shows the economic comparison of an aromatic complex based on a Cyclar
and naphtha reforming unit. The feed to Cyclar was assumed at 50 percent C, and 50 per-
cent C, by weight. The same para-xylene production rate was assumed for both cases in
the study. From 1995 to 1999, the aromatic complex based on a Cyclar and a reforming
unit had similar gross profit. The price for the feed and major products used in the study
is listed in Table 2.4.3, and the price for by-products is listed in Table 2.4.4.

COMMERCIAL EXPERIENCE

The UOP CCR technology, first commercialized in 1971 for the Platforming process, has
been applied to the Oleflex* and Cyclar process technologies. More than 100 CCR units
are currently operating throughout the world. The combination of a radial-flow, stacked
reactor and a continuous catalyst regenerator has proved to be extremely reliable. On-
stream efficiencies of more than 95 percent are routinely achieved in commercial CCR
Platforming units.

*Trademark and/or service mark of UOP.
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FIGURE 2.4.6 Economic comparison of gross profit for 1995-1999 values.

TABLE 2.4.2 Material Balance and Investment Cost*

Overall material balance MTA
LPG feedstock 430,000
Products:
Benzene 66,700
Toluene 118,800
Mixed xylenes 64,000
C9+ aromatics 24,600
Hydrogen (95 mol %) 29,400
Fuel gas 126,500
Estimated erected cost, million $ U.S.  79.0
Utility consumption:
Electric power, kW 5500
High-pressure steam, MT/h 27 (credit)
Low-pressure steam, MT/h 7
Boiler feedwater, MT/h 33
Cooling water, m’/h 640
Fuel fired, million kcal/h 70

*Basis: 54 ton/h (15,000 BPD) of LPG feedstock. Feed com-

position: 50 wt % propane, 50 wt % butanes.

Note: MTA = metric tons per annum; MT/h = metric tons

per hour; BPD = barrels per day.

2000
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TABLE 2.4.3  Price Used for Feed and
Major Products, $/MT

Year  Naphtha LPG Bz p-X

1995 139 120 300 960
1996 168 130 305 570
1997 171 145 310 440
1998 115 85 225 380
1999 150 125 210 375

TABLE 2.4.4 Price for By-products

e Raffinate Same as naphtha
e Hydrogen $105/MT (fuel)
e Fuel gas $35/MT

e Isomar liquid 0.5 X benzene value
e Naphthalenes  $100/MT
° AT $35/MT

BP commissioned the first commercial-scale Cyclar unit at its refinery in
Grangemouth, Scotland, in January 1990. This demonstration unit was designed to process
30,000 metric tons per annum (MTA) of propane or butane feedstock at either high or low
pressure over a wide range of operating conditions. The demonstration effort was a com-
plete success because it proved all aspects of the Cyclar process on a commercial scale and
supplied sufficient data to confidently design and guarantee future commercial units. The
Cyclar unit at Grangemouth demonstration unit was dismantled in 1992 after completion
of the development program.

In 1995, UOP licensed the first Cyclar-based aromatics complex in the Middle East.
This Cyclar unit is a low-pressure design that is capable of converting 1.3 million MTA of
LPG to aromatics. The associated aromatics complex is designed to produce 350,000 MTA
of benzene, 300,000 MTA of para-xylene, and 80,000 MTA of ortho-xylene. This new
aromatics complex started in August 1999 and continues to operate at present.
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CHAPTER 2.5
UOP ISOMAR PROCESS

Patrick J. Silady
UOP LLC
Des Plaines, Illinois

INTRODUCTION

The UOP Isomar* process is used to maximize the recovery of a particular xylene isomer
from a mixture of Cq aromatic isomers. The Isomar process is most often applied to para-
xylene recovery, but it can be used to maximize the recovery of ortho-xylene or meta-
xylene. The term mixed xylenes is used to describe a mixture of C; aromatic isomers
containing a near-equilibrium distribution of para-xylene, ortho-xylene, meta-xylene, and
ethylbenzene (EB). In the case of para-xylene recovery, a mixed-xylenes feed is charged
to a UOP Parex* unit where the para-xylene isomer is preferentially extracted at 99.9 wt
% purity and 97 wt % recovery per pass. The Parex raffinate is almost entirely depleted of
para-xylene and is then sent to the Isomar unit (Fig. 2.5.1). The Isomar unit reestablishes
a near-equilibrium distribution of xylene isomers, essentially creating additional para-
xylene from the remaining ortho and meta isomers. Effluent from the Isomar unit is then
recycled to the Parex unit for recovery of additional para-xylene. In this way, the ortho and
meta isomers and EB are recycled to extinction. A complete description of the entire aro-
matics complex may be found in Chap. 2.1.

PROCESS CHEMISTRY

The two main categories of xylene isomerization catalysts are EB dealkylation catalysts
and EB isomerization catalysts. The primary function of both catalyst types is to reestab-
lish an equilibrium mixture of xylene isomers; however, they differ in how they handle the
EB in the feed. An EB dealkylation catalyst converts EB to a valuable benzene coproduct.
An EB isomerization catalyst converts EB to additional xylenes.

UOP offers both EB isomerization catalysts I-9,* I-210,* and 1-400 and EB dealkyla-
tion catalysts I-300* and 1-330.* Both types are bifunctional catalysts that have a balance
of catalytic sites between zeolitic (acid) and metal functions. The acid function on each
catalyst serves the same function: isomerization of xylenes.

The EB isomerization catalyst systems 1-9 and 1-210 isomerize EB to xylenes through
a naphthene intermediate (Fig. 2.5.2). The metal function first saturates the EB to ethyl-

*Trademark and/or service mark of UOP LLC.

2.39
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FIGURE 2.5.1 Typical Parex-Isomar loop.

cyclohexane, then the acid function isomerizes it to dimethylcyclohexane, and finally the
metal function dehydrogenates the naphthene to xylene. Because the isomerization of EB
is an equilibrium-limited reaction, the conversion of EB is usually limited to about 30 to
35 wt % per pass. In a typical aromatics complex using the I-9 catalyst, naphthenes are
recycled to the Isomar unit through the xylene column and Parex unit to suppress the for-
mation of naphthenes in the Isomar unit and thereby increase the yield of para-xylene
from the complex.

UOP will be introducing 1-400, a new EB isomerization catalyst, in 2003. 1-400 will
provide enhanced EB conversion, increased xylene yield over I-9 and I-210, while allow-
ing longer processing cycles between regenerations.

The EB dealkylation catalyst systems I-300 and 1-330 use an EB dealkylation mecha-
nism in which the ethyl group is cleaved from the aromatic ring by the acid function of the
catalyst (Fig. 2.5.3). This reaction is not equilibrium-limited, thereby allowing EB con-
version of up to 70 wt % or greater per pass. Because this reaction does not involve a naph-
thene intermediate, C; naphthenes need not be recycled through the Parex-Isomar loop.

All xylene isomerization catalysts exhibit some by-product formation across the reac-
tor. A large portion of the total feed to the Parex-Isomar loop is recycled from the Isomar
unit. A typical Parex-Isomar loop is designed with a recycle/feed ratio of 2.5 : 3.5. By-
product formation across the isomerization process is magnified accordingly. Therefore, a
small reduction in the by-product formation across the Isomar reactor translates to a large,
overall yield advantage. In the Isomar process, the precise level of expected by-product
formation varies with catalyst type and operating severity, but it is normally in the range
of 1.0 to 4.0 wt % per pass of the feed. The lower end of the range is representative of oper-
ation with the later-generation catalysts I-100, I-210, and I-300. The upper end of the range
is representative of operation with the I-9 catalyst. By-products are predominantly aro-
matic, such that overall ring retention is greater than 99 percent. The proper selection of
the isomerization catalyst type depends on the configuration of the aromatics complex, the
composition of the feedstocks, and the desired product slate. The choice of isomerization
catalyst must be based on an economic analysis of the entire aromatic complex. The C
fraction of the reformate from a typical petroleum naphtha contains approximately 15 to
17 wt % EB, but up to 30 wt % EB may be in a similar pyrolysis gasoline (pygas) fraction.
Using an EB isomerization catalyst maximizes the yield of para-xylene from an aromat-
ics complex by converting EB to xylenes. An EB isomerization catalyst is usually chosen
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FIGURE 2.5.3 EB dealkylation chemistry.

when the primary goal of the complex is to maximize the production of para-xylene from
a limited supply of feedstock. The EB isomerization catalyst system will also minimize the
quantity of benzene by-product produced.

Alternatively, an EB dealkylation catalyst can be used to debottleneck an existing Parex
unit or crystallizer by converting more EB per pass through the isomerization unit and
eliminating the requirement for naphthene intermediate circulating around the Parex-
Isomar loop. For a new aromatics complex design, using an EB dealkylation catalyst min-
imizes the size of the xylene column and Parex and Isomar units required to produce a
given amount of para-xylene. However, this reduction in size of the Parex-Isomar loop
comes at the expense of lower para-xylene yields, because all the EB in the feed is being
converted to benzene rather than to additional para-xylene. Lower para-xylene yield
means that more feedstock will be required, which increases the size of the CCR*
Platforming,* Sulfolane,* and Tatoray units in the front end of the complex, as well as
most of the fractionators.

*Trademark and/or service mark of UOP LLC.
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The EB dealkylation catalysts I-300 and I-330 are high-activity catalysts. As such, they
can operate at higher space velocity, allowing a reduced catalyst loading for a given pro-
cessing rate. Compared to its predecessor I-100, roughly one-half the amount of catalyst is
needed. Unlike some EB dealkylation catalysts, I-300 and I-330 do not require continuous
addition of ammonia to achieve desired activity and selectivity. Since 1999, I-300 catalysts
have been loaded into a dozen units. I-300 exhibits highly stable performance with ongo-
ing cycle lengths expected to reach 4 to 5 years without regeneration. I-330 provides
enhanced benzene selectivity over a wide range of space velocities.

DESCRIPTION OF THE PROCESS FLOW

An Isomar unit is always combined with a recovery unit for one or more xylene isomers.
Most often, the Isomar process is combined with the UOP Parex process for para-xylene
recovery (Fig. 2.5.1). Fresh mixed-xylenes feed to the Parex-Isomar loop is sent to a xylene
column, which can be designed either to recover ortho-xylene in the bottoms or to simply
reject Cy+ aromatic components to meet feed specifications for the Parex unit. The xylene
column overhead is then directed to the Parex unit where 99.9 wt % para-xylene is pro-
duced at 97 wt % recovery per pass. The Parex raffinate from the Parex unit, which con-
tains less than 1 wt % para-xylene, is sent to the Isomar unit.

The feed to the Isomar unit is first combined with hydrogen-rich recycle gas and make-
up gas to replace the small amount of hydrogen consumed in the Isomar reactor (Fig. 2.5.4).
The combined feed is then preheated by exchange with the reactor effluent, vaporized in a
fired heater, and raised to reactor operating temperature. The hot feed vapor is then sent to
the reactor where it is passed radially through a fixed bed of catalyst. The reactor effluent is
cooled by exchange with the combined feed and then sent to the product separator.
Hydrogen-rich gas is taken off the top of the product separator and recycled to the reactor.
A small portion of the recycle gas is purged to remove accumulated light ends from the
recycle gas loop. Liquid from the bottom of the product separator is charged to the dehep-
tanizer column. The C,— overhead from the deheptanizer is cooled and separated into gas
and liquid products. The deheptanizer overhead gas is exported to the fuel gas system. The
overhead liquid is recycled to the Platforming unit so that any benzene in this stream may

Parex
Raffinate *g_|
Charge Purge Gas T
Heater Product
Separator Xylene
Reactor Splitter
Overhead Overhead
Clay
@— Treater
1 -
Makeup 2 Deheptanizer
Hydrogen Bottoms

FIGURE 2.5.4 Isomar flow diagram.
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be recovered in the Sulfolane. The C;+ fraction from the bottom of the deheptanizer is clay-
treated, combined with fresh mixed-xylenes feed, and recycled to the xylene column.

FEEDSTOCK CONSIDERATIONS

The feedstock to an Isomar unit usually consists of raffinate from a Parex unit. At times,
charging the fresh mixed-xylenes feed directly to the Isomar unit may be desirable; or the
Isomar unit may be used in conjunction with fractionation to produce only ortho-xylene. In
any case, the feed to an Isomar unit should meet the specifications outlined in Table 2.5.1.

Nonaromatic compounds in the feed to the Isomar unit are primarily cracked to light ends
and removed from the Parex-Isomar loop. This ability to crack nonaromatic impurities elim-
inates the need for extracting the mixed xylenes, and consequently the size of the Sulfolane
unit can be greatly reduced. In a UOP aromatics complex, the reformate from the CCR
Platforming unit is split into C,— and Cy+ fractions. The C,— fraction is sent to the
Sulfolane unit for recovery of high-purity benzene and toluene. The EB dealkylation cata-
lysts I-300 and 1-330 allow recovery of high-purity benzene by fractionation alone. Because
modern, low-pressure CCR Platforming units operate at extremely high severity for aromat-
ics production, the Cy+ fraction that is produced contains essentially no nonaromatic impu-
rities and thus can be sent directly to the xylene recovery section of the complex.

PROCESS PERFORMANCE

The performance of the xylene isomerization catalysts can be measured in several specif-
ic ways, including the approach to equilibrium in the xylene isomerization reaction itself,
the conversion of EB per pass, and the ring loss per pass. Approach to equilibrium is a
measure of operating severity for an EB isomerization catalyst, and EB conversion is a
measure of operating severity for an EB alkylation catalyst. For both catalyst types, ring
loss increases with operating severity. In a para-xylene application, for example, high EB
conversion in the Isomar unit is beneficial for the Parex unit but is accompanied by high-
er ring loss and thus lower overall yield of para-xylene from the complex.

Perhaps the best way to compare xylene isomerization catalyst is to measure the over-
all para-xylene yield from the Parex-Isomar loop. Figure 2.5.5 compares the para-xylene
yield, based on fresh mixed-xylenes feed to the Parex-Isomar loop, for the I-9, I-300, and
[-210 systems. The basis for the comparison is the flow scheme shown in Fig. 2.5.1. The
composition of the mixed-xylenes feed is 17 wt % EB, 18 wt % para-xylene, 40 wt %
meta-xylene, and 25 wt % ortho-xylene. The operating severity for the [-9 and I-210 cata-
lysts is 22.1 wt % para-xylene in the total xylenes from the Isomar unit. The operating

TABLE 2.5.1 Isomar Feedstock Specifications

Contaminant Effect Limit
Water Promotes corrosion, deactivates catalyst, irreversible 200 ppm, max.
Total chloride  Increases acid function, increases cracking, reversible 2 ppm, max.
Total nitrogen ~ Neutralizes acid sites, deactivates catalyst, irreversible 1 ppm, max.
Total sulfur Attenuates metal activity, increases cracking, reversible 1 ppm, max.
Lead Poisons acid and metal sites, irreversible 20 ppb, max.
Copper Poisons acid and metal sites, irreversible 20 ppb, max.

Arsenic Poisons acid and metal sites, irreversible 2 ppb, max.
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severity for the I-300 and 1-330 catalysts is 65 wt % conversion of EB per pass. With the
1-9 catalyst, the overall yield of para-xylene is 84 wt % of the fresh mixed-xylenes feed.
Because they have lower ring loss per pass, the 1-300 and [-330 catalysts exhibit a higher
overall yield of benzene plus para-xylene, but the yield of para-xylene is only 76.5 wt %.
Thus, more mixed xylenes are required to produce a target amount of para-xylene with the
1-300 and I-330 catalysts.

Figure 2.5.5 also shows the yields for the UOP EB isomerization catalyst called I-210.
The I-210 catalyst relies on the same reaction chemistry as I-9 but is more selective and
exhibits lower by-product formation. The by-product formation of the I-210 catalyst is
only about 1.5 wt % compared to 4 wt % for 1-9. With the 1-210 catalyst, the overall yield
of para-xylene is 91 wt % of fresh mixed-xylenes feed, a yield improvement of 7 wt %
over that of the I-9 catalyst.

EQUIPMENT CONSIDERATIONS

The charge heater is normally a radiant convection-type heater. The process stream is heat-
ed in the radiant section, and the convection section is used for a hot-oil system or steam
generation. The heater can be designed to operate on either fuel gas or fuel oil, and each
burner is equipped with a fuel gas pilot. A temperature controller at the heater outlet reg-
ulates the flow of fuel to the burners. Radiant-section tubes are constructed of 1.25% Cr-
0.5% Mo. Tubes in the convection section are carbon steel.

The Isomar process normally uses a radial-flow reactor. The vapor from the charge
heater enters the top of the reactor and is directed to the sidewall. The vapors then travel
radially through a set of scallops, through the fixed bed, and into a center pipe. The reac-
tor effluent then flows down through the center pipe to the reactor outlet. The advantage
of the radial-flow reactor is low pressure drop, which is important in the Isomar process
because the reaction rates are sensitive to pressure. Low pressure drop also reduces the
power consumption of the recycle gas compressor. For I-300 and I-330 the operating pres-
sure is directionally higher, and a downflow reactor configuration is more readily accom-
modated. The reactor is constructed of 1.25% chrome (Cr)-0.5% molybdenum (Mo) alloy.

100
[ para-Xylene
[ Benzene 911
g % 873
B 84.5 91.0
S
=)
S 80— 840
&S
=
=)
= 76.5
L
= 70
S
=
]
S 60 [—
~
50
19 1-300 1-210

FIGURE 2.5.5 Parex-Isomar yields.
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The purpose of the product separator is to split the condensed reactor effluent into lig-
uid product and hydrogen-rich recycle gas. The pressure in the product separator deter-
mines the pressure in the reactor. Separator pressure is regulated by controlling the rate of
hydrogen makeup flow. Hydrogen purity in the recycle gas is monitored by a hydrogen
analyzer at the recycle-gas compressor suction. When hydrogen purity gets too low, a
small purge is taken from the recycle gas. The product separator is constructed of killed
carbon steel.

The recycle gas compressor is usually of the centrifugal type and may be driven by an
electric motor or a steam turbine. The compressor is provided with both seal oil and tube
oil circuits and an automatic shutdown system to protect the machine against damage.

The purpose of the deheptanizer column is to remove light by-products from the reac-
tor effluent. The deheptanizer usually contains 40 trays and incorporates a thermosiphon
reboiler. Heat is usually supplied by the overhead vapor from the xylene column located
upstream of the Parex unit. The deheptanizer column is constructed of carbon steel.

The combined feed-effluent exchanger is constructed of 1.25% Cr-0.5% Mo. Other
heat exchangers in the Isomar unit are constructed of carbon steel.

CASE STUDY

A summary of the investment cost and the utility consumption for a typical Isomar unit is
shown in Table 2.5.2. The basis for this case is an Isomar unit processing 5600 MT/day
(40,000 BPD) of raffinate from a Parex unit. This case corresponds to the case study for
an integrated UOP aromatics complex presented in Chap. 2.1. The investment cost is lim-
ited to the Isomar unit, deheptanizer column, and downstream clay treater. The estimated
erected cost for the Isomar unit assumes construction on a U.S. Gulf Coast site in 2002.
The scope of the estimate includes engineering, procurement, erection of equipment on
site, and the initial load of catalyst.

COMMERCIAL EXPERIENCE

The first UOP Isomar unit went on-stream in 1967. Since that time, UOP has licensed a
total of 54 Isomar units throughout the world. Fifty-two UOP Isomar units have been com-
missioned, and another two are in various stages of design and construction. UOP has
offered both EB isomerization and EB dealkylation catalysts longer than any other licen-

TABLE 2.5.2 Investment Cost and Utility
Consumption*

Estimated ISBL million cost $ U.S. 29.3
(including initial catalyst inventory)
Utility consumption

Electric power, kW 918
High-pressure steam, MT/h 16.9
Cooling water, m’/h 236
Fuel fired, million kcal/h 20.8

*Basis: 5600 MT/h (40,000 BPD) Parex raffi-
nate.

Note: MT/h = metric tons per hour; BPD =
barrels per day.
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sor of xylene isomerization technology. This choice of catalyst coupled with the related
operational experience and know-how gives UOP increased flexibility to design an aro-
matics complex to meet any customer’s desired product distribution.
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CHAPTER 2.6
UOP PAREX PROCESS

Scott E. Commissaris
UOP LLC
Des Plaines, Illinois

INTRODUCTION

The UOP Parex* process is an innovative adsorptive separation method for the recovery of
para-xylene from mixed xylenes. The term mixed xylenes refers to a mixture of Cg aro-
matic isomers that includes ethylbenzene, para-xylene, meta-xylene, and ortho-xylene.
These isomers boil so closely together that separating them by conventional distillation is
not practical. The Parex process provides an efficient means of recovering para-xylene by
using a solid zeolitic adsorbent that is selective for para-xylene. Unlike conventional
chromatography, the Parex process simulates the countercurrent flow of a liquid feed over
a solid bed of adsorbent. Feed and products enter and leave the adsorbent bed continuous-
ly at nearly constant compositions. This technique is sometimes referred to as simulated
moving-bed (SMB) separation.

In a modern aromatics complex (Fig. 2.6.1), the Parex unit is located downstream of
the xylene column and is integrated with a UOP Isomar™ unit. The feed to the xylene col-
umn consists of the Cg+ aromatics product from the CCR* Platforming* unit together
with the xylenes produced in the Tatoray unit. The C; fraction from the overhead of the
xylene column is fed to the Parex unit, where high-purity para-xylene is recovered in the
extract. The Parex raffinate is then sent to the Isomar unit, where the other C; aromatic iso-
mers are converted to additional para-xylene and recycled to the xylene column. A com-
plete description of the entire aromatics complex may be found in Chap. 2.1.

UOP Parex units are designed to recover more than 97 wt % of the para-xylene from
the feed in a single pass at a product purity of 99.9 wt % or better. The Parex design is
energy-efficient, mechanically simple, and highly reliable. On-stream factors for Parex
units typically exceed 95 percent.

PAREX VERSUS CRYSTALLIZATION

Before the introduction of the Parex process, para-xylene was produced exclusively by
fractional crystallization. In crystallization, the mixed-xylenes feed is refrigerated to

*Trademark and/or service mark of UOP.
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FIGURE 2.6.1 UOP aromatics complex—maximum para-xylene.

—75°C (—100°F), at which point the para-xylene isomer precipitates as a crystalline sol-
id. The solid is then separated from the mother liquor by centrifugation or filtration. Final
purification is achieved by washing the para- xylene crystals with either toluene or a por-
tion of the para-xylene product.

Soon after it was introduced in 1971, the UOP Parex process quickly became the
world’s preferred technology for para-xylene recovery. Since that time, virtually all new
para-xylene production capacity has been based on the UOP Parex process (Fig. 2.6.2).

The principal advantage of the Parex adsorptive separation process over crystallization
technology is the ability of the Parex process to recover more than 97 percent of the para-
xylene in the feed per pass. Crystallizers must contend with a eutectic composition limit
that restricts para-xylene recovery to about 65 percent per pass. The implication of this dif-
ference is clearly illustrated in Fig. 2.6.3: A Parex complex producing 250,000 metric tons
per annum (MTA) of para-xylene is compared with a crystallizer complex producing
168,000 MTA. The upper numbers in the figure indicate the flow rates through the Parex
complex; the lower numbers indicate the flow rates through a comparable crystallizer
complex. A Parex complex can produce about 50 percent more para-xylene from a given-
size xylene column and isomerization unit than a complex using crystallization. In addi-
tion, the yield of para-xylene per unit of fresh feed is improved because a relatively
smaller recycle flow means lower losses in the isomerization unit. The technologies could
also be compared by keeping the para-xylene, product rate constant. In this case, a larger
xylene column and a larger isomerization unit would be required to produce the same
amount of para-xylene, thus increasing both the investment cost and the utility consump-
tion of the complex.

A higher para-xylene recycle rate in the crystallizer complex not only increases the size
of the equipment in the recycle loop and the utility consumption within the loop, but also
makes inefficient use of the xylene isomerization capacity. Raffinate from a Parex unit is
almost completely depleted of para-xylene (less than 1 wt %), whereas mother liquor from
a typical crystallizer contains about 9.5 wt % para-xylene. Because the isomerization unit
cannot exceed an equilibrium concentration of para-xylene (23 to 24 wt %), any para-
xylene in the feed to the isomerization unit reduces the amount of para-xylene produced
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in that unit per pass. Thus, the same isomerization unit produces about 60 percent more
para-xylene per pass when processing Parex raffinate than it does when processing crys-
tallizer mother liquor.

In 1997, UOP, Washington Group International, and Niro Process Technology recog-
nized the value that the three companies could bring to the marketplace by consolidating
their combined 80+ years of process design and know-how to reevaluate para-xylene pro-
duction from a multidiscipline perspective. In 1998, this alliance introduced the HySorb
XP process, a simplified, single-chamber, light desorbent adsorption process coupled with
single-stage crystallization and Niro wash column technology. This combination of tech-
nologies when integrated into existing multistage crystallization facilities can increase
para-xylene production by as much as 500 percent. The HySorb process produces a 95 wt
% para-xylene concentrate, eliminating eutectic constraints and enabling single-stage
crystallization recoveries above 90 percent at much improved utilities’ consumption. Para-
xylene production utilizing single-stage crystallization is categorized as “Other” in Fig.
2.6.2. Economic studies indicate that the HySorb XP configuration does not provide any
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cost or performance advantages relative to the Parex process for new grassroots designs or
for expanding the production capacity of an existing Parex unit.

PROCESS PERFORMANCE

The quality of para-xylene demanded by the market has increased significantly over the
last 20 years. When the Parex process was introduced in 1971, the standard purity for para-
xylene sold in the market was 99.2 wt %. By 1992, the purity standard had become 99.7
wt %, and the trend toward higher purity continues. All Parex units built after 1991 are
designed to produce 99.9 wt % pure para-xylene at 97 wt % recovery per pass. Most old-
er Parex units can also be modified to produce 99.9 wt % purity.

FEEDSTOCK CONSIDERATIONS

Most of the mixed xylenes used for para-xylene production are produced from petroleum
naphtha by catalytic reforming. Modern UOP CCR Platforming units operate at such high
severity that the Cy+ fraction of the reformate contains virtually no nonaromatic impuri-
ties. As a result, these C; aromatics can be fed directly to the xylene recovery section of
the complex. In many integrated aromatics complexes, up to one-half of the total mixed
xylenes are produced from the conversion of toluene and C, aromatics in a UOP Tatoray
unit.

Nonaromatic impurities in the feed to a Parex unit increase utility consumption and
take up space in the Parex unit, but they do not affect the purity of the para-xylene prod-
uct or the recovery performance of the Parex unit.

Feedstocks for Parex must be prefractionated to isolate the C,; aromatic fraction and
clay-treated to protect the adsorbent. If the Parex unit is integrated with an upstream refin-
ery or ethylene plant, prefractionation and clay treating are designed into the complex. If
additional mixed xylenes are purchased and transported to the site, they must first be
stripped, clay-treated, and rerun before being charged to the Parex unit. In general, feed to
a Parex unit should meet the specifications outlined in Table 2.6.1.

DESCRIPTION OF THE PROCESS FLOW

The flow diagram for a typical Parex unit is shown in Fig. 2.6.4. The separation takes place
in the adsorbent chambers. Each adsorbent chamber is divided into a number of adsorbent
beds. Each bed of adsorbent is supported from below by specialized internals that are
designed to produce highly efficient flow distribution. Each internals assembly is con-
nected to the rotary valve by a “bed line.” The internals between each adsorbent bed are
used to inject or withdraw liquid from the chamber and simultaneously collect liquid from
the bed above and redistribute the liquid over the bed below.

The Parex process is one member of UOP’s family of Sorbex* adsorptive separation
processes. The basic principles of Sorbex technology are the same regardless of the type
of separation being conducted and are discussed in Chap. 10.3. The number of adsorbent
beds and bed lines varies with each Sorbex application. A typical Parex unit has 24 adsor-

*Trademark and/or service mark of UOP.
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TABLE 2.6.1 Parex Feedstock Specifications

Property Specification
p-Xylene, min, wt % 18
Ethylbenzene, max., wt % 20
Toluene, max., wt % 0.5
C, and higher-boiling aromatic
hydrocarbons, max., wt % 1.5
Nonaromatic hydrocarbons, max., wt % 0.3
Nitrogen, max., mg/kg 1.0
Sulfur, max., mg/kg 1.0
Acidity No free acid
Appearance *
Relative density, 15.56/15.56°C 0.865-0.875
or
Density, 20°C, g/cm3 0.862-0.872
Color, max. Pt/Co scale 20
Distillation range, at 101.3 kPa (760 mmHg)
pressure, max., °C 5
Initial distillation temperature, min., °C 137
Dry point, max., °C 143
*Clear liquid free of sediment and haze when observed at 18.3 to 25.6°C
(65 to 78°F).
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“A” “B” Column Column Column
1
J\ Rotary /J\
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FIGURE 2.6.4 Parex flow diagram.

bent beds and 24 bed lines connecting the beds to the rotary valve. Because of practical
construction considerations, most Parex units consist of two adsorption chambers in series
with 12 beds in each chamber.

The Parex process has four major streams that are distributed to the adsorbent cham-
bers by the rotary valve. These net streams include

o Feed in: mixed-xylenes feed
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e Dilute extract out: para-xylene product diluted with desorbent

e Dilute raffinate out: ethylbenzene, meta-xylene, and ortho-xylene diluted with desor-
bent

e Desorbent in: recycle desorbent from the fractionation section

At any given time, only four of the bed lines actively carry the net streams into and out of
the adsorbent chamber. The rotary valve is used to periodically switch the positions of the
liquid feed and withdrawal points as the composition profile moves down the chamber. A
pump provides the liquid circulation from the bottom of the first adsorbent chamber to the
top of the second. A second pump provides circulation from the bottom of the second
adsorbent chamber to the top of the first. In this way, the two adsorbent chambers function
as a single, continuous loop of adsorbent beds.

The dilute extract from the rotary valve is sent to the extract column for separation of
the extract from the desorbent. The overhead from the extract column is sent to a finishing
column, where the highly pure para-xylene product is separated from any toluene that may
have been present in the feed.

The dilute raffinate from the rotary valve is sent to the raffinate column for separation
of the raffinate from the desorbent. The overhead from the raffinate column contains the
unextracted C, aromatic components: ethylbenzene, meta-xylene, and ortho-xylene,
together with any nonaromatics that may have been present in the feed. The raffinate prod-
uct is then sent to an isomerization unit, where additional para-xylene is formed, and then
recycled to the Parex unit.

The desorbent from the bottom of both the extract and raffinate columns is recycled to
the adsorbent chambers through the rotary valve. Any heavy contaminants in the feed
accumulate in the desorbent. To prevent this accumulation, provision is made to take a slip-
stream of the recycle desorbent to a small desorbent rerun column, where any heavy con-
taminants are rejected. During normal operation, mixed xylenes are stripped, clay-treated,
and rerun prior to being sent to the Parex unit. Thus, few heavy contaminants need to be
removed from the bottom of the desorbent rerun column.

EQUIPMENT CONSIDERATIONS

UOP supplies a package of specialized equipment that is considered critical for the suc-
cessful performance of the Parex process. This package includes the rotary valve; the
adsorbent chamber internals; and the control system for the rotary valve, pumparound
pump, and net flows. The erected cost estimates that UOP provides for the Parex process
include the cost of this equipment package.

The rotary valve is a sophisticated, highly engineered piece of process equipment
developed by UOP specifically for the Sorbex family of processes. The UOP rotary valve
is critical for the purity of the para-xylene product and for the unsurpassed reliability of
the Parex process. The design of the UOP rotary valve has evolved over 40 years of com-
mercial Sorbex operating experience.

The adsorbent chamber internals are also critical to the performance of the Parex process.
These specialized internals are used to support each bed of adsorbent and to prevent leakage
of the solid adsorbent into the process streams. Each internals assembly also acts as a flow
collector and distributor and is used to inject or withdraw the net flows from the adsorbent
chamber or redistribute the internal liquid flow from one adsorbent bed to the next. As the
size of Parex units has increased over the years, the design of adsorbent chamber internals
has evolved to ensure proper flow distribution over increasingly larger-diameter vessels.
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The Parex control system supplied by UOP is a specialized system that monitors and
controls the flow rates of the net streams and adsorbent chamber circulation and ensures
proper operation of the rotary valve.

Because of the mild operating conditions used in the Parex process, the entire plant
may be constructed of carbon steel.

The Parex process is normally heat-integrated with the upstream xylene column. The
xylene column is used to rerun the feed to the Parex unit. The mixed xylenes are taken
overhead, and the heavy aromatics are removed from the bottom of the column. Before the
overhead vapor from the xylene column is fed to the adsorption section of the Parex unit,
it is used to reboil the extract and raffinate columns of the Parex unit.

UOP offers High Flux* high-performance heat-exchanger tubing for improved heat-
exchange efficiency. High Flux tubing is made with a special coating that promotes nucle-
ate boiling and increases the heat-transfer coefficient of conventional tubing by a factor of
10. Specifying UOP High Flux tubing for the reboilers of the Parex fractionators reduces
the size of the reboilers and may also allow the xylene column to be designed for lower-
pressure operation. Designing the xylene column for lower pressure reduces the erected
cost of the column and lowers the utility consumption in that column.

UOP also offers MD* distillation trays for improved fractionation performance. The
MD trays are used for large liquid loads and are especially effective when the volumetric
ratio between vapor and liquid rates is low. The use of MD trays provides a large total weir
length and reduces froth height on the tray. Because the froth height is lower, MD trays
can be installed at a smaller tray spacing than conventional distillation trays. The use of
MD trays in new column designs results in a smaller required diameter and lower column
height. Consequently, MD trays are often specified for large xylene columns, especially
when the use of MD trays can keep the design of the xylene column in a single shell.

CASE STUDY

A summary of the investment cost and utility consumption for a typical Parex unit is
shown in Table 2.6.2. The basis for this case is a Parex unit producing 700,000 MTA of
99.9 wt % pure para-xylene product. This case corresponds to the case study for an inte-
grated UOP aromatics complex presented in Chap. 2.1. Because the Parex unit is tightly
heat-integrated with the upstream xylene column, the investment cost and utility con-
sumption estimates include both. The estimated erected costs for these units assume con-
struction on a U.S. Gulf Coast site in 2002. The scope of the estimate includes engineering,
procurement, erection of equipment on the site, and the initial inventory of Parex adsor-
bent and desorbent.

COMMERCIAL EXPERIENCE

UOP’s experience with adsorptive separations is extensive. Sorbex technology, which was
invented by UOP in the 1960s, was the first large-scale commercial application of contin-
uous adsorptive separation. The first commercial Sorbex unit, a Molex* unit for the sepa-
ration of linear paraffins, came on-stream in 1964. The first commercial Parex unit came

*Trademark and/or service mark of UOP.
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TABLE 2.6.2 Investment Cost and Utility Consumption*

Estimated erected cost, million $ U.S.:

Xylene column 32
Parex unit 98

Utility consumption:
Electric power, kW 5300
Medium-pressure steam, MT/h (klb/h) 20 (credit 44.05)
Cooling water, m*/h (gal/min) 174 (766)

Fuel fired, million kcal/h (million Btu/h) 125 (497)

*Basis: 700,000 MTA of para-xylene product

on-stream in 1971. UOP has licensed more than 100 Sorbex units throughout the world.
This total includes 73 Parex units, of which 71 units are in operation and 2 others are in
various stages of design and construction. UOP Parex units range in size from 24,000 MTA
of para-xylene product to more than 700,000 MTA.
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CHAPTER 2.7
UOP TATORAY PROCESS

Antoine Negiz and Thomas J. Stoodt
UOP LLC
Des Plaines, Illinois

INTRODUCTION

An aromatics complex is a combination of process units which are used to convert petro-
leum naphtha and pyrolysis gasoline to the basic petrochemical intermediates: benzene,
toluene, and xylenes (BTX). Details of the aromatic complex are discussed in greater
depth in Chap. 2.1. A fully integrated modern complex designed to produce benzene, para-
xylene (PX), and sometimes ortho-xylene includes UOP’s Tatoray process. A simplified
flow diagram of a typical aromatics complex designed for maximum production of PX is
shown in Fig. 2.7.1. The Tatoray process is integrated between the aromatics extraction
and xylene recovery sections of the plant (Fig. 2.7.1). Toluene (A,) is fed to the Tatoray
unit rather than being blended into the gasoline pool or sold for solvent applications. If the
goal is to maximize the production of PX from the complex, the C, aromatic (A) by-prod-
uct can also be fed to the Tatoray unit rather than blending it into the gasoline pool.
Processing A,-A,, in a Tatoray unit shifts the chemical equilibrium in the unit toward
decreased benzene production and increased production of xylenes.

The Tatoray process provides an ideal way of producing additional mixed xylenes from
low-value toluene and heavy aromatics. What is seldom recognized, however, is where the
xylenes are produced within the complex. For an aromatics complex that includes
transalkylation, approximately 50 percent of the xylenes in the complex come from the
transalkylation reaction, that is, the Tatoray process. The reformate provides approximate-
ly 45 percent, and 5 percent comes from C; aromatic isomerization such as the Isomar
process, via conversion of ethylbenzenes to xylenes. The Tatoray process produces an
equilibrium mixture of xylenes plus ethylbenzene. The xylenes are recovered and isomer-
ized to PX while the ethylbenzene can also be converted to xylenes. The incorporation of
a Tatoray unit to an aromatics complex can more than double the yield of PX from naph-
tha feedstock. It is extremely important, when looking at improving xylene production
economics, that one focus not only on the reformer, but also on the transalkylation process
and its performance. There are a number of different strategies that producers are pursuing
to increase profitability. Two in particular are to reduce feedstock consumption (and the
associated cost) and upgrade by-products to increase their sale value. Transalkylation can
play a key role in both strategies.

2.55



2.56 BASE AROMATICS PRODUCTION PROCESSES

Extraction > Raffinate
» Benzene
Reformate
Platforming Splitter
Tol Ag
Col Col
A
Naphtha I 10t
n > para-xylene
Parex |_| lsomar Light Ends
ortho-xylene
DeHept
Column

FIGURE 2.7.1 Typical UOP aromatics complex.

PROCESS CHEMISTRY

The two major reactions in the Tatoray process, disproportionation and transalkylation, are
illustrated in Fig. 2.7.2. The conversion of toluene alone to an equilibrium mixture of ben-
zene and xylenes is called disproportionation. The conversion of a blend of toluene and A,
to xylenes through the migration of methyl groups between methyl-substituted aromatics is
called transalkylation. In general, both reactions proceed toward an equilibrium distribution
of benzene and alkyl-substituted aromatics. Methyl groups are stable at Tatoray reaction con-
ditions, and thus the reaction equilibrium is easy to estimate when the feed consists of all
methyl-substituted aromatics. The equilibrium distribution is illustrated in Fig. 2.7.3. The
reaction pathways involving A, for the Tatoray process have also been described elsewhere.'

More complex reaction pathways occur when other alkyl groups are present in the feed.
The Tatoray process effectively converts the ethyl, propyl, and higher alkyl group substi-
tuted A-A , to lighter single-ring aromatics via dealkylation, while preserving the methyl
groups. The lighter, mostly methyl-substituted, aromatics proceed with transalkylation to
produce benzene and xylenes in a yield pattern governed by equilibrium. The dealkylation
reactions involving propyl and higher substituted groups typically proceed to completion.
It is also known that the diffusion coefficients of ethyl and higher alkyl group substituted
rings in some aluminosilicates are much lower than those of the methyl-only substituted
rings.” The Tatoray catalyst enhances the transport properties of the reactants, thereby
increasing the reaction efficiency.

The TA series of catalysts was first commercialized in 1969. A new generation has been
introduced, on average, every 6 years. UOP introduced TA-4 in 1988. Tatoray licensees are
very familiar with TA-4 catalyst and have experienced its ruggedness and ability to handle
a wide variety of operating conditions while maintaining performance. The catalyst
demonstrates superior selectivity and stability over a wide range of feed rates and feed
compositions. High per pass conversion to benzene and mixed xylenes established TA-4
as economically attractive.
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FIGURE 2.7.3 Equilibrium distribution of methyl groups at 700 K.

The most recent Tatoray catalyst to be successfully commercialized is called TA-5.?
This catalyst was designed as a “drop-in” reload catalyst for service in the Tatoray process
and was commercialized in October 2000. The stability of TA-5 catalyst is more than dou-
ble that of TA-4. This results in improved on-stream efficiency and a reduction in regen-
eration frequency. Commercial units have also shown that the activity of TA-5 is at least
50 percent better than that of TA-4, allowing users to potentially increase throughput while
maintaining current cycle lengths. Alternatively, users can use the TA-5 catalyst to process
heavier aromatic feeds to produce higher-value benzene and mixed-xylenes products.

Figure 2.7.4 illustrates the relative performance of TA-5 versus TA-4 in terms of activ-
ity and stability. This information is based on data from a commercial unit that has been
running with TA-5 since October 2000. Prior to the reload of TA-5 catalyst, this unit was
loaded with TA-4. This unit has continuously processed significantly more feed at a sub-
stantially lower hydrogen/hydrocarbon mole ratio.
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FIGURE 2.7.4 TA-5 stability and activity.

TA-5 catalyst provides significant advantages over other catalysts:

Higher stability. Figure 2.7.4 clearly illustrates the stability of TA-5 catalyst versus TA-
4 catalyst. The slope of the curves shows TA-5 catalyst to be twice as stable as TA-4 cat-
alyst. This means a reduction in regeneration frequency that results in improved
on-stream efficiency.

Higher activity. The 50 percent higher activity translates to increased throughput or low-
er hydrogen to hydrocarbon ratios while maintaining the same cycle length.
Alternatively, the amount of heavy aromatics charged to the Tatoray unit can be
increased to maximize PX production from the complex while maintaining stability.

e No process modification required. With the same throughput across the reactor, at the
same operating pressure levels and H,/HC ratio as TA-4 catalyst, no process modifica-
tions are required to use TA-5 catalyst.

e High conversion and high yield. TA-5 catalyst provides the high conversion and yields
obtained using TA-4 catalyst.

e Contains no precious metals. The TA-5 catalyst contains no precious metals.

e Benzene purity. The quality of the benzene produced depends on the feed composition.
In many applications, TA-5 catalyst delivers high quality benzene product which does
not require purification by extraction.

e Regenerability. It shows complete recovery of activity, yields, and stability.

e UOP’s commercial experience and technical support. UOP’s commercial experience,
comprehensive guarantees, technical service, and state-of-the-art research facilities ensure
that the customer will achieve optimal catalyst performance of the Tatoray process unit.
The experience gained from the large installed capacity and the success of the TA series
catalysts installed in these units help ensure that future reloads will also be a success.

DESCRIPTION OF THE PROCESS FLOW

The Tatoray process uses a very simple flow scheme consisting of a fixed-bed reactor and
a product separation section (Fig. 2.7.5). The fresh feed to the Tatoray unit is first com-
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FIGURE 2.7.5 Tatoray flow diagram.

bined with hydrogen-rich recycle gas, preheated by exchange with the hot reactor effluent,
and then raised to reaction temperature in a fired heater. The combined feed vapor is then
sent to the reactor where it is processed downflow over a fixed bed of catalyst. The reac-
tor effluent is then cooled by exchange with the combined feed and a product condenser
and is sent to a product separator. Hydrogen-rich gas is taken off the top of the separator,
where a small portion of it is purged to remove accumulated light ends from the recycle
gas loop. It is then mixed with makeup gas and recycled to the reactor. Liquid from the
bottom of the separator is sent to a stripper column. The overhead from the stripper is
cooled and separated into gas and liquid products. The stripper overhead gas is exported
to the fuel gas system. The overhead liquid is recycled to the Platforming unit debutaniz-
er column so that any benzene in this stream may be recovered to the extraction and or in
the BT separation section of the aromatics complex. The benzene and xylene products,
together with the unreacted toluene and C,+ aromatics, are taken from the bottom of the
stripper and recycled to the BT fractionation section of the aromatics complex.

Because of the dealkylation reaction pathway, the reactor section of the Tatoray process
is maintained in a hydrogen atmosphere even though no net hydrogen is consumed in the
transalkylation reactions. In practice, a small amount of hydrogen is always consumed due
to the dealkylation side reactions. Hydrogen consumption increases for heavier feedstocks
since these generally contain heavier alkyl groups, typically C, and C,.

FEEDSTOCK CONSIDERATIONS

The feed to a Tatoray unit is typically a blend of toluene and A,-A, derived from refor-
mate. UOP also has experience with pygas-derived A,-A,, blends with reformate. Figure
2.7.6 shows typical yields on fresh feedstocks ranging from 100 wt % toluene to 100 wt
% A,. As shown in Fig. 2.7.6, the product composition shifts away from benzene and
toward xylenes as the A, concentration in the feed increases. Saturates in the feed are gen-
erally cracked to propane and butane. For this reason, a limitation on saturates in the feed
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FIGURE 2.7.6 Tatoray yield structure as a function of Ay concentration in feed.

is usually specified. In general, feed to a Tatoray unit should meet the specifications out-
lined in Table 2.7.1.

PROCESS PERFORMANCE

The ability to process A-A , in a Tatoray unit can make more feedstock available for
xylenes production and dramatically shifts the selectivity of the unit toward decreased ben-
zene and increased production of xylenes. A typical aromatics complex without a Tatoray
unit can produce approximately 200,000 MTA of PX from 25,000 BPD of Light Arabian
naphtha (160 to 300°F ASTM Distillation). If a toluene-only Tatoray unit is added to the
complex, the same 25,000 BPD of naphtha can produce 280,000 MTA of PX, an increase
of 40 percent. When an A_/A,-A , Tatoray unit is added to the complex, the endpoint of the
feed naphtha can be increased from 300 to 340°F in order to maximize the amount of A,-
A, precursors in the feed. If we keep the feed rate to the reformer constant, 25,000 BPD
of this heavier naphtha will produce about 420,000 MTA of PX, an increase of 110 per-
cent over the base complex (Fig. 2.7.7).

The maximum theoretical conversion per pass is limited by equilibrium and is a function
of the feedstock composition. For example, theoretical conversion for a pure toluene feed is
approximately 59 wt % per pass. Operating at high conversion minimizes the amount of
unconverted material that must be recycled through the BT fractionation section of the com-
plex. A smaller recycle stream minimizes the size of the benzene and toluene columns, min-
imizes the size of the Tatoray unit, and minimizes the utility consumption in all these units.
Tatoray units are designed and operated to provide a range of conversions, depending on
desired production rates, feedstock and utility values, and capital sensitivity.

EQUIPMENT CONSIDERATIONS

Because the Tatoray process uses relatively mild operating conditions, special construction
materials are not required. The simplicity of the process design and the use of conventional
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metallurgy result in low capital investment and maintenance expenses for the Tatoray
process. The simple design of the Tatoray process also makes it ideal for the conversion of
existing reformers, hydrodealkylation units, and hydrotreaters to Tatoray service. To date,
two idle reforming units, two hydrodealkylation units, and one hydrodesulfurization unit
have been successfully converted to service as Tatoray units.

The charge heater is normally a radiant-convection-type heater. The process stream is
heated in the radiant section, and the convection section is used for a hot-oil system or for
steam generation. The heater can be designed to operate on either fuel gas or fuel oil, and
each burner is equipped with a fuel-gas pilot. A temperature controller at the heater outlet
regulates the flow of fuel to the burners. Radiant-section tubes are constructed of 1.25%
Cr and 0.5% Mo. Tubes in the convection section are carbon steel.

The Tatoray process uses a simple downflow, fixed-bed, vapor-phase reactor. The reac-
tor is constructed of 1.25% Cr-0.5% Mo.

The purpose of the product separator is to split the condensed reactor effluent into lig-
uid product and hydrogen-rich recycle gas. The pressure in the product separator deter-
mines the pressure in the reactor. Product separator pressure is regulated by controlling the
rate of hydrogen makeup flow. Hydrogen purity in the recycle gas is monitored by a hydro-
gen analyzer at the recycle gas compressor suction. When hydrogen purity gets too low, a
small purge is taken from the recycle gas. The product separator is constructed of killed
carbon steel.

The recycle gas compressor is usually of the centrifugal type and may be driven by an
electric motor or a steam turbine. The compressor is provided with both a seal-oil and
lube-oil circuit and an automatic shutdown system to protect the machine against damage.

The stripper column is used to remove light by-products from the product separator lig-
uid. The stripper column usually contains 40 trays and incorporates a thermosiphon reboil-
er. Heat is usually supplied by the overhead vapor from the xylene column located
upstream of the Parex unit. The stripper column is constructed of carbon steel.

The combined feed exchanger is constructed of 1.25% Cr-0.5% Mo. Other heat
exchangers are constructed of carbon steel.
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TABLE 2.7.1 Tatoray Feedstock Specifications

Contaminant Effect Limit

Nonaromatics Increased cracking, increased H, consumption,

lower benzene purity 2 wt % max.
Water Depresses transalkylation activity; reversible 50 ppm max.
Olefins Promotes deposition of coke on catalyst 20 BI* max.
Total chloride ~ Promotes cracking of aromatic rings; reversible 1 ppm max.
Total nitrogen  Neutralizes active catalyst sites; irreversible 0.1 ppm max.
Total sulfur Affects quality of the benzene product 1 ppm max.

*Bromine index

TABLE 2.7.2 Investment Cost and Utility
Consumption*

Estimated erected cost million $ U.S.  14.2
Utility consumption:

Electric power, kW 780
High-pressure steam, MT/h 11

Cooling water, m’/h 255
Fuel fired, million kcal/h 1.6

*Basis: 98.5 ton/h (7800 BPD) of feedstock. Feed com-
position: 60 wt % toluene, 40 wt % C, aromatics.
Note: MT/h = metric tons per hour.

CASE STUDY

A summary of the investment cost and utility consumption for a typical Tatoray unit is
shown in Table 2.7.2. The basis for this case is a Tatoray unit processing 98.5 MT/h (7,800
BPD) of a feed consisting of 60 wt % toluene and 40 wt % A,. This case corresponds to
the case study for an integrated UOP aromatics complex presented in Chap. 2.1. The
investment cost is limited to the Tatoray unit and stripper column and does not include fur-
ther downstream product fractionation. The estimated erected cost for the Tatoray unit
assumes construction on a U.S. Gulf Coast site in 2002. The scope of the estimate includes
engineering, procurement, and erection of equipment on the site.

COMMERCIAL EXPERIENCE

UOP has a long tradition of strong commitment to the BTX industry. Since the 1950s,
more than 650 aromatics processing units have been licensed for BTX production, includ-
ing process technologies for over 15 million MTA of PX production. As a result of this
dedication, UOP has pioneered in all major technology advancements. Employing an inte-
grated approach, UOP has focused on improving the economics of aromatics processing.
This includes the substantial improvement of yields in the Platformer unit and the efficient
conversion and separation of the aromatic rings in the downstream process units that pro-
duce the pure BTX products.

Since October 2000, the total TA-5 catalyst installed capacity has reached 120,000
BPSD. Every TA-5 installation is operating well and meeting expectations with excep-
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tionally high selectivities to xylenes and benzene. Design feed rates range from 2600 to
65,000 BPSD. The market acceptance has been outstanding, making TA-5 catalyst one of
the most successful products of its kind.

CONCLUSIONS

The transalkylation process plays a key role in the production of xylenes. Improvements
in the Tatoray catalysts have substantially increased the aromatics complex performance
and profitability. The new TA-5 catalyst is now rapidly gaining acceptance in the BTX
industry since its introduction in late 2000. TA-5 catalyst offers the convenience of a drop-
in reload, twice the stability, and the same high conversion and selectivity to benzene and
C8 aromatics as TA-4 catalyst.
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INTRODUCTION

Fluid catalytic cracking (FCC) technology is a technology with more than 60 years of
commercial operating experience. The process is used to convert higher-molecular-weight
hydrocarbons to lighter, more valuable products through contact with a powdered catalyst
at appropriate conditions. Historically, the primary purpose of the FCC process has been
to produce gasoline, distillate, and C,/C, olefins from low-value excess refinery gas oils
and heavier refinery streams. FCC is often the heart of a modern refinery because of its
adaptability to changing feedstocks and product demands and because of high margins that
exist between the FCC feedstocks and converted FCC products. As oil refining has evolved
over the last 60 years, the FCC process has evolved with it, meeting the challenges of
cracking heavier, more contaminated feedstocks, increasing operating flexibility, accom-
modating environmental legislation, and maximizing reliability.

The FCC unit continuously circulates a fluidized zeolite catalyst that allows rapid
cracking reactions to occur in the vapor phase. The KBR Orthoflow FCC unit (Fig. 3.1.1)
consists of a stacked disengager-regenerator system that minimizes plot space require-
ments. The cracking reactions are carried out in an up-flowing vertical reactor-riser in
which a liquid oil stream contacts hot powdered catalyst. The oil vaporizes and cracks to
lighter products as it moves up the riser and carries the catalyst along with it. The reactions
are rapid, requiring only a few seconds of contact time. Simultaneously with the desired
reactions, coke, a material having a low ratio of hydrogen to carbon, deposits on the cata-
lyst and renders it less catalytically active. Catalyst and product vapors separate in a dis-
engaging vessel with the catalyst continuing first through a stripping stage and second
through a regeneration stage where coke is combusted to rejuvenate the catalyst and pro-
vide heat for operation of the process. The regenerated catalyst then passes to the bottom
of the reactor-riser, where the cycle starts again. Hydrocarbon product vapors flow down-
stream for separation into individual products.

KBR, through its ancestry in The M.W. Kellogg Company, has been a leader in FCC
technology developments since the inception of the process. In recent years, KBR has
worked with its FCC partner, ExxonMobil, to create and refine FCC technology features
that have led the industry. To date, KBR has licensed more than 120 grassroots FCC
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units throughout the world, including 13 grassroots units and more than 120 revamps
since just 1990.

FEEDSTOCKS

The modern FCC unit can accept a broad range of feedstocks, a fact which contributes to
FCC'’s reputation as one of the most flexible refining processes in use today. Examples of
common feedstocks for conventional distillate feed FCC units are

e Atmospheric gas oils
e Vacuum gas oils

e Coker gas oils

Thermally cracked gas oils
e Solvent deasphalted oils
e Lube extracts

e Hydrocracker bottoms

Residual FCCU (RFCCU) processes Conradson carbon residue and metals-contaminated
feedstocks such as atmospheric residues or mixtures of vacuum residue and gas oils.
Depending on the level of carbon residue and metallic contaminants (nickel and vanadi-
um), these feedstocks may be hydrotreated or deasphalted before being fed to an RFCCU.
Feed hydrotreating or deasphalting reduces the carbon residue and metals levels of the
feed, reducing both the coke-making tendency of the feed and catalyst deactivation.

PRODUCTS

Products from the FCC and RFCC processes are typically as follows:

e Fuel gas (ethane and lighter hydrocarbons)

C, and C, liquefied petroleum gas (LPG)
e Gasoline

e Light cycle oil (LCO)

e Fractionator bottoms (slurry oil)

Coke (combusted in regenerator)

Hydrogen Sulfide (from amine regeneration)

Although gasoline is typically the most desired product from an FCCU or RFCCU, design
and operating variables can be adjusted to maximize other products. The three principal
modes of FCC operation are (1) maximum gasoline production, (2) maximum light cycle
oil production, and (3) maximum light olefin production, often referred to as maximum
LPG operation. These modes of operation are discussed below:

Maximum Gasoline

The maximum gasoline mode is characterized by use of an intermediate cracking temper-
ature (510 to 540°C), high catalyst activity, and a high catalyst/oil ratio. Recycle is nor-
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mally not used since the conversion after a single pass through the riser is already high.
Maximization of gasoline yield requires the use of an effective feed injection system, a
short-contact-time vertical riser, and efficient riser effluent separation to maximize the
cracking selectivity to gasoline in the riser and to prevent secondary reactions from degrad-
ing the gasoline after it exits the riser.

Maximum Middle Distillate

The maximum middle distillate mode of operation is a low-cracking-severity operation in
which the first pass conversion is held to a low level to restrict recracking of light cycle oil
formed during initial cracking. Severity is lowered by reducing the riser outlet temperature
(below 510°C) and by reducing the catalyst/oil ratio. The lower catalyst/oil ratio is often
achieved by the use of a fired feed heater which significantly increases feed temperature.
Additionally catalyst activity is sometimes lowered by reducing the fresh catalyst makeup rate
or reducing fresh catalyst activity. Since during low-severity operation a substantial portion of
the feed remains unconverted in a single pass through the riser, recycle of heavy cycle oil to
the riser is used to reduce the yield of lower-value, heavy streams such as slurry product.

When middle distillate production is maximized, upstream crude distillation units are
operated to minimize middle distillate components in the FCCU feedstock, since these
components either degrade in quality or convert to gasoline and lighter products in the
FCCU. In addition, while maximizing middle distillate production, the FCCU gasoline
endpoint would typically be minimized within middle distillate flash point constraints,
shifting gasoline product into LCO.

If it is desirable to increase gasoline octane or increase LPG yield while also maximiz-
ing LCO production, ZSM-5 containing catalyst additives can be used. ZSM-5 selectively
cracks gasoline boiling-range linear molecules and has the effect of increasing gasoline
research and motor octane ratings, decreasing gasoline yield, and increasing C, and C,
LPG yield. Light cycle oil yield is also reduced slightly.

Maximum Light Olefin Yield

The yields of propylene and butylenes may be increased above that of the maximum gaso-
line operation by increasing the riser temperature above 540°C and by use of ZSM-5 con-
taining catalyst additives. The FCC unit may also be designed specifically to allow
maximization of propylene as well as ethylene production by incorporation of MAXOFIN
FCC technology, as described more fully in the next section. While traditional FCC oper-
ations typically produce less than 6 wt % propylene, the MAXOFIN FCC process can pro-
duce as much as 20 wt % or more propylene from traditional FCC feedstocks. The process
increases propylene yield relative to that produced by conventional FCC units by combin-
ing the effects of MAXOFIN-3 catalyst additive and proprietary hardware, including a sec-
ond high-severity riser designed to crack surplus naphtha and C,’s into incremental light
olefins. Table 3.1.1 shows the yield flexibility of the MAXOFIN FCC process that can
alternate between maximum propylene and traditional FCC operations.

PROCESS DESCRIPTION

The FCC process may be divided into several major sections, including the converter sec-
tion, flue gas section, main fractionator section, and vapor recovery units (VRUs). The
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TABLE 3.1.1 MAXOFIN FCC Process Yields and Operating

Conditions
Operating mode
Maximum Traditional fuels
propylene production
Description Minas VGO and light Minas VGO
Feed naphtha recycle
Catalyst FCC + ZSM-5 FCC
Reactor configuration ~ Dual riser Single riser
Riser top temp., °F 1000 / 1100 1000
Yields, wt %
Hydrogen sulfide 0.03 0.01
Hydrogen 0.91 0.12
Methane and ethane 6.61 2.08
Ethylene 4.30 0.91
Propane 5.23 3.22
Propylene 18.37 6.22
n-Butane 2.25 2.17
i-Butane 8.59 7.62
Butylenes 12.92 7.33
Gasoline 18.81 49.78
Light cycle oil 8.44 9.36
Decant oil 5.19 5.26
Coke 8.34 5.91

number of product streams, the degree of product fractionation, flue gas handling steps,
and several other aspects of the process will vary from unit to unit, depending on the
requirements of the application. The following sections provide more detailed descriptions
of the converter, flue gas train, main fractionator, and VRU.

Converter

The KBR Orthoflow FCCU converter shown in Fig. 3.1.2 consists of regenerator, stripper,
and disengager vessels, with continuous closed-loop catalyst circulation between the
regenerator and disengager/stripper. The term Orthoflow derives from the in-line stacked
arrangement of the disengager and stripper over the regenerator. This arrangement has the
following operational and cost advantages:

e Essentially all-vertical flow of catalyst in standpipes and risers

o Short regenerated and spent catalyst standpipes allowing robust catalyst circulation
e Uniform distribution of spent catalyst in the stripper and regenerator

e Low overall converter height

e Minimum structural steel and plot area requirements

Preheated fresh feedstock, plus any recycle feed, is charged to the base of the riser reactor.
Upon contact with hot regenerated catalyst, the feedstock is vaporized and converted to low-
er-boiling fractions (light cycle oil, gasoline, C, and C, LPG, and dry gas). Product vapors
are separated from spent catalyst in the disengager cyclones and flow via the disengager
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FIGURE 3.1.2 Orthoflow FCC converter.
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overhead line to the main fractionator and vapor recovery unit for quenching and fractiona-
tion. Coke formed during the cracking reactions is deposited on the catalyst, thereby reduc-
ing its activity. The coked catalyst, which is separated from the reactor products in the
disengager cyclones, flows via the stripper and spent catalyst standpipe to the regenerator.
The discharge rate from the standpipe is controlled by the spent catalyst plug valve.

In the regenerator, coke is removed from the spent catalyst by combustion with air. Air
is supplied to the regenerator air distributors from an air blower. Flue gas from the com-
bustion of coke exits the regenerator through two-stage cyclones which remove all but a
trace of catalyst from the flue gas. Flue gas is collected in an external plenum chamber and
flows to the flue gas train. Regenerated catalyst, with its activity restored, is returned to the
riser via the regenerated catalyst plug valve, completing the cycle.

ATOMAX Feed Injection System

The Orthoflow FCC design employs a regenerated catalyst standpipe, a catalyst plug
valve, and a short inclined lateral to transport regenerated catalyst from the regenerator to
the riser.

The catalyst then enters a feed injection cone surrounded by multiple, flat-spray, atom-
izing feed injection nozzles, as shown in Fig. 3.1.3. The flat, fan-shaped sprays provide
uniform coverage and maximum penetration of feedstock into catalyst, and prevent cata-
lyst from bypassing feed in the injection zone. Proprietary feed injection nozzles, known
as ATOMAX nozzles, are used to achieve the desired feed atomization and spray pattern
while minimizing feed pressure requirements. The hot regenerated catalyst vaporizes the
oil feed, raises it to reaction temperature, and supplies the necessary heat for cracking.

The cracking reaction proceeds as the catalyst and vapor mixture flow up the riser. The
riser outlet temperature is controlled by the amount of catalyst admitted to the riser by the
catalyst plug valve.

FIGURE 3.1.3 Feed injection cone.
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Riser Quench

The riser quench system consists of a series of nozzles uniformly spaced around the upper
section of riser. A portion of the feed or a recycle stream from the main fractionator is
injected through the nozzles into the riser to rapidly reduce the temperature of the riser
contents. The heat required to vaporize the quench is supplied by increased fresh feed pre-
heat or by increased catalyst circulation. This effectively increases the temperature in the
lower section of the riser above that which would be achieved in a nonquenched operation,
thereby increasing the vaporization of heavy feeds, increasing gasoline yield, olefin pro-
duction, and gasoline octane.

Riser Termination

At the top of the riser, all the selective cracking reactions have been completed. It is impor-
tant to minimize product vapor residence time in the disengager to prevent unwanted ther-
mal or catalytic cracking reactions which produce dry gas and coke from more valuable
products. Figure 3.1.4 shows the strong effect of temperature on thermal recracking of
gasoline and distillate to produce predominantly dry gas.

Closed cyclone technology is used to separate product vapors from catalyst with mini-
mum vapor residence time in the disengager. This system (Fig. 3.1.5) consists of riser
cyclones directly coupled to secondary cyclones housed in the disengager vessel. The ris-
er cyclones effect a quick separation of the spent catalyst and product vapors exiting the
riser. The vapors flow directly from the outlet of the riser cyclones into the inlets of the
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FIGURE 3.1.4 Pilot-plant data showing extent of thermal cracking of FCC reactor products.
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FIGURE 3.1.5 Closed cyclone system.

secondary cyclones and then to the main fractionator for rapid quenching. Closed cyclones
almost completely eliminate postriser thermal cracking with its associated dry gas and
butadiene production. Closed cyclone technology is particularly important in operation at
high riser temperatures (say, 538°C or higher), typical of maximum gasoline or maximum
light olefin operations.

MAXOFIN FCC

The proprietary MAXOFIN FCC process, licensed by KBR, is designed to maximize the
production of propylene from traditional FCC feedstocks and selected naphthas (Fig. 3.1.6).

In addition to processing recycled light naphtha and C, LPG, the riser can accept naph-
tha from elsewhere in the refinery complex, such as coker naphtha streams, and upgrades
these streams into additional light olefins. Olefinic streams, such as coker naphtha, convert



3.12 CATALYTIC CRACKING

Closed Cyclone
System
Primary Feed
Riser
2nd Riser
for Naphtha

Recycle

ATOMAX-2™
Fresh Feed
Injection

: \ Recycle
Naphtha

Injection

FIGURE 3.1.6 MAXOFIN FCC converter.

most readily to light olefins with the MAXOFIN FCC process. Paraffinic naphthas, such
as light straight-run naphtha, also can be upgraded in the MAXOFIN FCC unit, but to a
lesser extent than olefinic feedstocks.

A MAXOFIN FCC unit can also produce an economic volume of ethylene for petro-
chemical consumption if there is ready access to a petrochemical plant or ethylene
pipeline. For instance, while traditional FCC operations have produced less than about 2
wt % ethylene, the MAXOFIN FCC process can produce as much as 8 wt % ethylene.

Spent Catalyst Stripping

Catalyst separated in the cyclones flows through the respective diplegs and discharges into
the stripper bed. In the stripper, hydrocarbon vapors from within and around the catalyst
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particles are displaced by steam into the disengager dilute phase, minimizing hydrocarbon
carry-under with the spent catalyst to the regenerator. Stripping is a very important func-
tion because it minimizes regenerator bed temperature and regenerator air requirements,
resulting in increased conversion in regenerator temperature or air-limited operations. See
Fig. 3.1.7.

The catalyst entering the stripper is contacted by upflowing steam introduced through
two steam distributors. The majority of the hydrocarbon vapors entrained with the catalyst
are displaced in the upper stripper bed. The catalyst then flows down through a set of hat
and doughnut baffles. In the baffled section, a combination of residence time and steam
partial pressure is used to allow the hydrocarbons to diffuse out of the catalyst pores into
the steam introduced via the lower distributor.

Stripped catalyst, with essentially all strippable hydrocarbons removed, passes into a
standpipe, which is aerated with steam to maintain smooth flow. At the base of the stand-
pipe, a plug valve regulates the flow of catalyst to maintain the spent catalyst level in the
stripper. The catalyst then flows into the spent catalyst distributor and into the regenerator.

Regeneration

In the regenerator, coke is burned off the catalyst with air in a fluid bed to supply the heat
requirements of the process and restore the catalyst’s activity. The regenerator is operated

FIGURE 3.1.7 Spent catalyst stripper.
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in either complete CO combustion or partial CO combustion modes. In the regenerator
cyclones, the flue gas is separated from the catalyst.

Regeneration is a key part of the FCC process and must be executed in an environment
that preserves catalyst activity and selectivity so that the reaction system can deliver the
desired product yields.

The KBR Orthoflow converter uses a countercurrent regeneration system to accom-
plish this. The concept is illustrated in Fig. 3.1.8. The spent catalyst is introduced and dis-
tributed uniformly near the top of the dense bed. This is made possible by the spent catalyst
distributor. Air is introduced near the bottom of the bed.

The design allows coke burning to begin in a low-oxygen partial pressure environment
which controls the initial burning rate. Controlling the burning rate prevents excessive parti-
cle temperatures which would damage the catalyst. The hydrogen in the coke combusts more
quickly than the carbon, and most of the water formed is released near the top of the bed.
These features together minimize catalyst deactivation during the regeneration process.

With this unique approach, the KBR countercurrent regenerator achieves the advan-
tages of multiple regeneration stages, yet does so with the simplicity, cost efficiency, and
reliability of a single regenerator vessel.

Catalyst Cooler

A regenerator heat removal system may be included to keep the regenerator temperature
and catalyst circulation rate at the optimum values for economic processing of the feed-
stock. The requirement for a catalyst cooler usually occurs when processing residual feed-
stocks which produce more coke, especially at high conversion.

FIGURE 3.1.8 Regenerator air and spent catalyst distributors.
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The KBR regenerator heat removal system is shown in Figure 3.1.9. It consists of an
external catalyst cooler which generates high-pressure steam from heat transferred from
the regenerated catalyst.

Catalyst is drawn off the side of the regenerator and flows downward as a dense bed
through an exchanger containing bayonet tubes. The catalyst surrounding the bayonet tubes
is cooled and then transported back to the regenerator. Air is introduced at the bottom of the
cooler to fluidize the catalyst. A slide valve is used to control the catalyst circulation rate and
thus the heat removed. Varying the catalyst circulation gives control over regenerator tem-
perature for a broad range of feedstocks, catalysts, and operating conditions.

Gravity circulated boiler feedwater flows downward through the inner bayonet tubes
while the steam generated flows upward through the annulus between the tubes.

FIGURE 3.1.9 Dense phase catalyst cooler.
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Flue Gas Section

Flue gas exits the regenerator through two-stage cyclones and an external plenum cham-
ber into the flue gas train, as shown in Fig. 3.1.10. Energy from the regenerator flue gas is
recovered in two forms: Energy is recovered in the form of mechanical energy by means
of a flue gas expander and in the form of heat by the generation of steam in the flue gas
cooler or CO boiler.

Power Recovery

A flue gas expander is included to recover energy from reducing flue gas pressure. A third
stage catalyst separator is installed upstream of the expander to protect the expander blades
from undue erosion by catalyst, as shown in Fig. 3.1.11. Overflow from the third-stage
separator flows to the expander turbine, where energy is extracted in the form of work.

The expander and a butterfly valve located near the expander inlet act in series to main-
tain the required regenerator pressure. A small quantity of gas with most of the catalyst is
taken as underflow from the third-stage catalyst separator and recombined with the flue
gas downstream of the expander.

The expander may be coupled with the main air blower, providing power for blower oper-
ation; or the air blower may be driven by a separate electric motor or steam turbine with
expander output used solely for electric power generation. If the expander is coupled
with the air blower, a motor/generator is required in the train to balance expander output with
the air blower power requirement, and a steam turbine is included to assist with start-up.
The steam turbine may be designed for continuous operation as an economic outlet for
excess steam, or a less expensive turbine exhausting to atmosphere may be installed for
use only during start-up.

FLUE GAS
COOLER

H. P, STEAM
> —
STACK
T ———
—3
3RD STAGE
SEPARATOR FLUEGAS AR MOTOR/

EXPANDER BLOWER| TURBINE  GENERATOR

CATALYST FINES

FIGURE 3.1.10 Regenerator flue gas system.
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FIGURE 3.1.11 CycloFines third-stage separator.

Flue Gas Heat Recovery

The flue gas from the expander flows to a flue gas cooler, generating superheated steam
from the sensible heat of the flue gas stream. If the unit were designed to operate in a par-
tial CO combustion mode, a CO (incinerator) boiler would be installed rather than a flue
gas cooler. The gases then pass to the stack. In some cases, an SO, scrubbing unit or an
electrostatic precipitator is also installed, depending upon the governing environmental
requirements for SO_and particulate emissions.

Main Fractionator Section
The process objectives of the main fractionator system are to

e Condense superheated reaction products from the FCC converter to produce liquid
hydrocarbon products

e Provide some degree of fractionation between liquid sidestream products
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e Recover heat that is available from condensing superheated FCC converter products

A process flow diagram of the main fractionator section is shown in Fig. 3.1.12.

Superheated FCC converter products are condensed in the main fractionator to produce
wet gas and raw gasoline from the overhead reflux drum, light cycle oil from the bottom
of the LCO stripper, and fractionator bottoms from the bottom of the main fractionator.
Heavy naphtha from the upper section of the main fractionator is utilized as an absorber
oil in the secondary absorber in the vapor recovery unit (VRU). Any fractionator bottoms
recycle and heavy cycle oil recycle are also condensed and sent to the RFCC converter.

Heat recovered from condensation of the converter products is used to preheat fresh
converter feed, to reboil the stripper and debutanizer towers in the vapor recovery unit, and
to generate high-pressure steam. Heat that cannot be recovered and utilized at a useful lev-
el is rejected to air and finally to cooling water.

Fractionator Overhead

Fractionator overhead vapor flows to the fractionator overhead air cooler and then to the
overhead trim cooler. Fractionator overhead products, consisting of wet gas, raw gasoline,
a small amount of reflux, and sour water, are condensed in the overhead reflux system.
Net products and reflux are recovered in the fractionator overhead reflux drum. Wet gas
flows to the wet gas compressor low-pressure suction drum in the vapor recovery section.
Raw gasoline is pumped to the top of the primary absorber and serves as primary lean oil.

Heavy Naphtha Pumparound

Fractionation trays are provided between the LCO and heavy naphtha draw in the main
fractionator. Desired fractionation between the LCO and raw gasoline is achieved by
induced reflux over these trays. Circulating reflux and lean oil are pumped to the
pumparound system.
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FIGURE 3.1.12 Main fractionator section.
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Significant quantities of C, and C, boiling-range material are recovered in the return
rich oil from the secondary absorber. This recovered material is vaporized and leaves the
fractionator in the overhead product stream. Lighter components recovered in the second-
ary absorber are recycled between the fractionator and vapor recovery section.

Light Cycle Oil

Light cycle oil is withdrawn from the main fractionator and flows by gravity to the top tray
of the LCO stripper. Steam is used to strip the light ends from the LCO to improve the flash
point. Stripped LCO product is pumped through the fresh feed/LCO exchanger, the LCO
air cooler, and the LCO trim cooler and then is delivered to the battery limits.

Heavy Cycle Oil Pumparound

Net wet gas, raw gasoline, and LCO products are cooled, and HCO reflux is condensed in
this section. Total condensed material is collected in a total trap-out tray, which provides
suction to the pumparound pump.

Net tray liquid is pumped back to the cleanup trays below. The circulating reflux is
cooled by first exchanging heat with the debutanizer in the vapor recovery section and then
preheating fresh FCC feed.

Main Fractionator Bottoms Pumparound

FCC converter products—consisting of hydrocarbon gases, steam, inert gases, and a small
amount of entrained catalyst fines—flow to the main fractionator tower above the frac-
tionator bottoms steam distributor. The converter products are cooled and washed free of
catalyst fines by circulation of a cooled fractionator bottoms material over a baffled tower
section above the feed inlet nozzle.

Heat removed by the bottoms pumparound is used to generate steam in parallel kettle-
type boilers and to preheat fresh FCC feed, as required. Fractionator bottoms product is
withdrawn at a point downstream of the feed preheat exchangers. The bottoms product is
cooled through a boiler feedwater preheater and an air cooler, and then it is delivered to
the battery limits.

Fresh Feed Preheat

The purpose of this system is to achieve required FCC converter feed preheat temperature,
often without use of a fired heater. The fresh feed may be combined from several sources
in a feed surge drum. The combined feed is then pumped through various exchangers in
the main fractionator section to achieve the desired feed temperature.

Vapor Recovery Unit

The vapor recovery unit consists of the wet gas compressor section, primary absorber,
stripper, secondary absorber, and debutanizer. The vapor recovery section receives wet gas
and raw gasoline from the main fractionator overhead drum.

The vapor recovery unit is required to accomplish the following:
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¢ Reject C, and lighter components to the fuel gas system
e Recover C; and C, products as liquids with the required purity
e Produce debutanized gasoline product with the required vapor pressure

A process flow diagram of a typical vapor recovery section is shown in Fig. 3.1.13.
Additional product fractionation towers may be included depending on the desired
number of products and required fractionation efficiency. These optional towers often
include a depropanizer to separate C, and C, LPG, a C, splitter to separate propane from
propylene, and a gasoline splitter to produce light and heavy gasoline products.

Wet Gas Compression

Wet gas from the fractionator overhead reflux drum flows to a two-stage centrifugal com-
pressor. Hydrocarbon liquid from the low-pressure stage and high-pressure gas from the
high-pressure stage are cooled in the air-cooled condenser and combined with liquid from
the primary absorber and vapor from the stripper overhead. This combined two-phase
stream is further cooled in the high-pressure trim cooler before flowing into the high-pres-
sure separator drum.

Stripper

Liquid from the high-pressure separator is pumped to the top tray of the stripper. The strip-
per is required to strip C,’s and lighter components from the debutanizer feed and thus
serves to control the C, content of the C,/C, LPG product. Stripped C,’s and lighter prod-
ucts are rejected to the primary absorber. Absorbed C,’s and heavier products are recov-
ered in the stripper bottoms.

Primary Absorber

Vapor from the high-pressure separator drum flows to a point below the bottom tray in the
absorber. Raw gasoline from the main fractionator and supplemental lean oil from the bot-
tom of the debutanizer combine and flow to the top tray of the absorber. This combined
liquid feed serves to absorb C,’s and heavier components from the high-pressure vapor.

Secondary Absorber

Vapor from the primary absorber overhead contains recoverable liquid products. Gasoline
boiling-range components and a smaller quantity of C, and C, boiling-range material are
recovered in the secondary absorber by contacting the primary absorber overhead with
heavy naphtha lean oil from the main fractionator.

Rich oil containing recovered material returns to the main fractionator. Sour fuel gas
from the top of the secondary absorber flows to the amine treating section and finally to
the fuel gas system.

Debutanizer

Liquid from the bottom of the stripper exchanges heat with the debutanizer bottoms and
then flows to the debutanizer. The debutanizer is required to produce a gasoline product of
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specified vapor pressure as well as produce a C,/C, stream containing minimal amounts of
C, boiling-range materials. The debutanizer reboiler is heated by HCO pumparound. The
debutanizer and overhead condensing duty is supplied by an air-cooled condenser fol-
lowed by a trim condenser utilizing cooling water.

The debutanizer overhead liquid product, C,/C, LPG, is pumped to amine and caustic
treating sections, then to product storage. The debutanizer bottoms stream, debutanized
gasoline, exchanges heat with the debutanizer feed and cooling water, prior to caustic treat-
ing and delivery to product storage.

PROCESS VARIABLES

There are a large number of variables in the operation and design of an FCC unit which
may be used to accommodate different feedstocks and operating objectives. Operational
variables are those that may be manipulated while on-stream to optimize the FCCU per-
formance. Decisions on design variables must be made before the unit is constructed.

Operational Variables

FCCU operating variables can be grouped into categories of dependent and independent
variables. Many operating variables, such as regenerator temperature and catalyst circula-
tion rate, are considered dependent variables because operators do not have direct control
of them. Independent variables are the ones over which the operators have direct control,
such as riser outlet temperature or recycle rate.

Two dependent operating variables useful in a discussion of other variables are con-
version and catalyst/oil ratio. Conversion is a measure of the degree to which the feedstock
is cracked to lighter products and coke during processing in the FCCU. It is defined as 100
percent minus the volume percent yield of LCO and heavier liquid products. In general, as
conversion of feedstock increases, the yields of LPG, dry gas, and coke increase, while the
yields of LCO and fractionator bottoms decrease; gasoline yield increases, decreases, or
remains constant depending on the situation.

Catalyst/oil ratio (cat/oil) is the ratio of catalyst circulation rate to charge rate on a
weight basis. At a constant charge rate, cat/oil increases as catalyst circulation increases.
At constant riser temperature, conversion increases as cat/oil increases due to the increased
contact of feed and catalyst.

Following is a discussion of six important independent operating variables:

e Riser temperature

e Recycle rates

e Feed preheat temperature
¢ Fresh feed rate

e Catalyst makeup rate

¢ Gasoline endpoint

Riser Temperature. Increasing the riser temperature set point will signal the
regenerated catalyst valve to increase the hot catalyst flow as necessary to achieve the
desired riser outlet temperature. The regenerator temperature will also rise because of
the increased temperature of the catalyst returned to the regenerator and because of
increased coke laydown on the catalyst. When steady state is reached, both the catalyst
circulation and the regenerator temperature will be higher than they were at the lower
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riser temperature. The increased riser temperature and increased catalyst circulation
(cat/oil) result in increased conversion.

Compared to the other means of increasing conversion, increased riser temperature pro-
duces the largest increase in dry gas and C, yields but less increase in coke yield. This
makes increasing riser temperature an attractive way to increase conversion when the unit
is close to a regenerator air limit, but has some spare gas-handling capacity.

Increasing riser temperature also significantly improves octane. The octane effect of
increased reactor temperature is about 1 (R + M) / 2 per 15°C; however, beyond a certain
temperature, gasoline yield will be negatively impacted. The octane effect will often swing
the economics to favor high-riser-temperature operation.

Recycle Rates. HCO and slurry from the main fractionator can be recycled to the
riser to increase conversion and/or increase regenerator temperature when spare coke-
burning capacity is available. Coke and gas yield will be higher from cracking HCO or
slurry than from cracking incremental fresh feed, so regenerator temperature and gas
yield will increase significantly when recycling HCO or slurry to the riser. As such,
recycle of slurry to the riser is an effective way to increase regenerator temperature if
this is required. If the FCCU is limited on gas-handling capacity, the use of HCO or
slurry recycle will require a reduction in riser temperature which will depress octane,
and conversion could also fall.

Operation with HCO or slurry recycle together with lower riser temperature is some-
times used when the objective is to maximize LCO yield. This maximizes LCO yield
because the low riser temperature minimizes cracking of LCO boiling-range material into
gasoline and lighter products while the recycle of the heavy gas oil provides some conver-
sion of these streams to LCO.

Sometimes slurry recycle is employed to take entrained catalyst back into the convert-
er. This is most often done when catalyst losses from the reactor are excessive.

Feed Preheat Temperature. Decreasing the temperature of the feed to the riser
increases the catalyst circulation rate required to achieve the specified riser outlet
temperature. The increase in catalyst circulation rate (cat/oil) causes increased
conversion of the FCC feedstock. Compared to raising the riser outlet temperature,
increasing conversion via lower preheat temperature produces a larger increase in coke
yield but smaller increases in C, and dry gas yield and octane. Feed preheat
temperature has a large effect on coke yield because reducing the heat supplied by the
charge to the riser requires an increase in heat from the circulating catalyst to satisfy
the riser heat demand.

When the FCCU is near a dry gas or C, production limit, but has spare coke-burning
capacity, reducing preheat temperature is often the best way to increase conversion.
Conversely, if the FCCU is air-limited, but has excess light ends capacity, high preheat
(and higher riser temperature) is often the preferred mode of operation.

In most cases, reducing preheat will lead to a lower regenerator temperature because
the initial increase in coke yield from the higher catalyst circulation (cat/oil) is not enough
to supply the increased reactor heat demand. In other cases, reducing the feed preheat tem-
perature may result in an increased regenerator temperature. This can occur if the feed pre-
heat temperature is reduced to the point that it hinders feed vaporization in the riser or if
catalyst stripping efficiency falls because of higher catalyst circulation rate.

Fresh Feed Rate. As feed rate to the riser is increased, the other independent
operating variables must usually be adjusted to produce a lower conversion so that the
unit will stay within controlling unit limitations, such as air blower capacity, catalyst
circulation capability, gas compressor capacity, and downstream C, and C, olefin
processing capacity. The yield and product quality effects associated with the drop in
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conversion are chiefly a function of changes in these other independent variables.
Economically, feed rate is a very important operating variable because of the profit
associated with each barrel processed.

Catalyst Makeup Rate. Each day, several tons of fresh catalyst are added to the
FCCU catalyst inventory. Periodically, equilibrium catalyst is withdrawn from the
FCCU to maintain the inventory in the desired range. Increasing the fresh catalyst
makeup rate will increase the equilibrium catalyst activity because in time it lowers
the average age and contaminant (Ni, V, and Na) concentrations of the catalyst in the
inventory.

With other independent FCCU operating variables held constant, increasing catalyst
activity will cause greater conversion of feedstock and an increase in the amount of coke
deposited on the catalyst during each pass through the riser. To keep the coke burning in
balance with the process heat requirements, as the activity increases, the regenerator tem-
perature will increase and the catalyst circulation (cat/oil) will fall, to keep the coke burn-
ing consistent with the process heat demand. The conversion will usually increase with
increasing activity because the effect of higher catalyst activity outweighs the effect of the
lower catalyst circulation rate.

If riser or feed preheat temperatures are adjusted to keep conversion constant as activ-
ity is increased, the coke and dry gas yields will decrease. This makes increasing catalyst
activity attractive in cases where the air blower or gas compressor is limiting, but where
some increase in regenerator temperature can be tolerated. (Typically, regenerator temper-
ature will be limited to around 720°C in consideration of catalyst activity maintenance.) If
the riser temperature has to be lowered to stay within a regenerator temperature limitation,
the conversion increase will be lost.

Gasoline Endpoint. The gasoline/LCO cut point can be changed to significantly shift
product yield between gasoline and LCO while maintaining both products within
acceptable specifications. Changing the cut point can significantly alter the gasoline
octane and sulfur content. A lower cut point results in lower sulfur content and
generally higher octane, but of course the gasoline yield is reduced.

Design Variables

Several FCCU process design variables are available to tailor the unit design to the require-
ments of a specific application. Several of these are discussed below:

e Feed dispersion steam rate

e Regenerator combustion mode

e Regenerator heat removal

e Disengager and regenerator pressures

e Feed temperature

Feed Dispersion Steam Rate. Selection of a design feed dispersion steam rate
influences the sizing of the feed injection nozzles, so dispersion steam rate is both a
design and an operating variable. Design dispersion steam rates are commonly in a
range between 2 and 5 wt % of feed, depending on the feed quality. The lower values
are most appropriate for vacuum gas oil feedstocks while dispersion steam rates near
the upper end of the range are most appropriate for higher-boiling, more difficult to
vaporize residual feedstocks. Once the feed nozzle design has been specified, a
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dispersion steam operating range is recommended for optimizing the unit during
operation.

Regenerator Combustion Mode. Oxygen-lean regeneration (partial CO combustion)
is most appropriate for use with heavy residuals where regenerator heat release and air
consumption are high due to high coke yield. In addition, oxygen-lean regeneration
offers improved catalyst activity maintenance at high catalyst vanadium levels, due to
reduced vanadium mobility at lower oxygen levels. In grassroots applications,
therefore, oxygen-lean regeneration is preferred for heavy residual operations with
high catalyst vanadium loadings.

On the other hand, for better-quality residuals and gas oil feedstocks, complete CO
combustion is preferred for its simplicity of operation. Other factors in the selection of
regeneration mode are listed below:

e A unit designed to operate in an oxygen-lean mode of regeneration must include a CO
boiler to reduce CO emissions to environmentally safe levels. If a CO boiler is includ-
ed, the KBR Orthoflow FCC unit may also be operated in a full CO combustion mode,
with the CO boiler serving to recover sensible heat from the flue gas.

e Unit investment cost is lower for oxygen-lean regeneration due to reduced regenerator,
air blower, and flue gas system size.

e Steam production can be maximized by operating in an oxygen-lean mode of regenera-
tion, due to combustion in the CO boiler.

e Regenerator heat removal systems (such as catalyst coolers) may be avoided in some
cases if the unit is operated in an oxygen-lean mode of regeneration.

¢ In some cases, complete CO combustion will allow the unit to operate with a lower coke
yield, thereby increasing the yield of liquid products.

e SO, emissions can be controlled to lower levels with complete CO combustion, due to a
lower coke-burning rate and because SO -reducing catalyst additives are more effective
at the higher regenerator oxygen content.

Regenerator Heat Removal. Depending on the feedstock, desired conversion, and
regenerator combustion mode, a regenerator heat removal system may be required to
control regenerator temperature in a range chosen to provide an optimum catalyst/oil
ratio and minimum catalyst deactivation. KBR uses an external dense phase catalyst
cooler for control of heat balance, which provides maximum reliability and maximum
operating flexibility.

The range of the heat removal requirements may be seen in Fig. 3.1.14, which shows
the amount of heat removal required to absorb the heat associated with increased feed
Conradson carbon residue content. Direct heat removal from the regenerator is just one of
several means available for control of the unit heat balance. Flue gas CO,/CO ratio is also
a design variable which may influence the unit heat balance, as shown in Fig. 3.1.15.

Disengager and Regenerator Pressures. In the KBR Orthoflow converter design, the
regenerator pressure is held 7 to 10 Ib/in? higher than the disengager pressure to provide
the desired differential pressures across the spent and regenerated catalyst control valves. The
process designer may still, however, specify the overall operating pressure of the system.
Lower operating pressures tend to favor product yield selectivity, spent catalyst stripper
performance, and air blower horsepower requirements; but these advantages come with
increased vessel sizes and thus higher investment cost.

In addition, the economics of flue gas expanders are improved with increased regener-
ator operating pressure. Economic analysis comparing high-pressure and low-pressure
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FIGURE 3.1.15 Impact of flue gas composition on heat released during catalyst regeneration.

designs and yield performance have concluded that investment in a lower-pressure unit is
the most attractive, even if a flue gas expander is included in the analysis.

Feed Temperature. The design feed temperature affects the feed preheat exchanger
train configuration and the possible requirement of a fired feed heater. In general,
modern FCCU designs do not include fired feed heaters, except for those units
designed to emphasize the production of middle distillates.

ADVANCED PROCESS CONTROL

FCC units have a large number of interactive variables, making advanced process control
(APC) especially beneficial. The benefits of an FCCU APC system include the following:

e Operation closer to targets and constraints
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e Improved stability and smoother operation
e Enhanced operator information
e Faster response to changes in refinery objectives

These benefits translate to economic gains typically ranging from $0.05 to $0.20 per bar-
rel of feed, not including the less tangible benefits associated with the APC installation.

The KBR APC system for the Orthoflow FCCU consists of five modules, as shown in
Fig. 3.1.16. Although each module is independently implemented, the required interac-
tions are accounted for in the control algorithms. Following is a general description of the
functions performed by each module.

Severity Control Module

This module manipulates the riser outlet temperature, feed flow rates, and feed tempera-
ture to operate the unit within its constraints while satisfying a specified operating objec-
tive. Typical constraints considered by the system include catalyst valve differential,
regenerator temperature, coke-burning rate, wet gas make, and fractionator overhead lig-
uid flow rate. The operating objective is selected by the operator through a menu.

Based on client requirements and specific refinery objectives, the menu may include
options such as those listed:

e Maximize reactor temperature while maintaining a feed rate target.
e Maximize feed rate while maintaining a reactor temperature target.

e Minimize feed temperature while maintaining a reactor temperature target.

Combustion Control Module

This module maintains the oxygen composition in the regenerator flue gas at a specified
control target by manipulating the airflow rate. This module compensates for changes in
the feed rate, recycle flow rate, riser outlet temperature, and feed temperature in a feed-
forward manner, which assists the system in maintaining the flue gas oxygen concentra-
tion close to the target at all times.

Pressure Balancing and Control Module

This module controls the overall converter pressure by manipulating the wet gas compres-
sor suction pressure. The suction pressure is controlled to maximize the utilization of avail-
able air blower and wet gas compressor capacity. It also distributes the available pressure
differential across the catalyst valves by manipulating the reactor/regenerator pressure dif-
ferential, which maximizes converter catalyst circulation capacity.

Fractionator Control Module

This module increases recovery of more valuable products by more closely meeting the
quality specifications. It also maximizes high-level heat recovery while observing loading
and heat removal constraints of the unit.

These objectives are accomplished by manipulation of the bottoms pumparound return
temperature, the HCO pumparound return temperature, the overhead reflux rate, and the
LCO product flow rate.
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In addition to optimizing the steady-state operation of the main fractionator, the system
is configured to react to several different disturbance variables, such as reactor feed rate
and riser temperature, in a feed-forward manner. This minimizes the transient effects of the
disturbances on the fractionator operation.

Vapor Recovery Unit Control Module

This module adjusts the operation of the VRU towers to more closely meet product spec-
ifications. It also stabilizes unit operation through the use of surge capacity.

CATALYST AND CHEMICAL CONSUMPTION

Initial Charge of FCC Catalyst

The initial charge of catalyst to a unit should consist of an equilibrium catalyst with good
activity and low metals content. The circulating inventory depends on the coke-burning
capacity of the unit. Catalyst inventory in the KBR Orthoflow design (Fig. 3.1.1) is mini-
mized by the use of a dual diameter regenerator vessel. This provides a moderately high
regenerator bed velocity which minimizes bed inventory, while the expanded regenerator
top section minimizes catalyst losses by reducing catalyst entrainment to the cyclones.

Fresh FCC Catalyst

FCC operators must add fresh catalyst continually to replace losses through the cyclones
and to maintain the activity of the unit’s circulating inventory at an acceptable level.
Catalysts containing rare earth exchanged ultrastable Y zeolite are preferred. The ultrasta-
bilization processes provide the zeolite with excellent stability and low coke selectivity,
while the rare earth exchange increases activity and further increases stability.

The optimum level of rare earth will depend on the desired trade-off between gasoline
yield, coke selectivity, light olefin yields, and gasoline octane.

Depending on the level of bottoms upgrading desired, active matrix materials may be
included in the catalyst to increase the ratio of LCO to slurry oil.

The FCC catalyst market advances rapidly, and improved products are continually
becoming available. KBR continually evaluates the characteristics and performance of
commercial fresh and equilibrium catalysts. Several catalyst families from the major ven-
dors have shown the attributes required for effective FCCU operation. Within these fami-
lies, there are variations in activity, rare earth content, and matrix activity, which may be
used to optimize the catalyst formulation for a particular application. Although general
guidelines help to narrow the choices, the best way to choose the optimum catalyst is
through pilot-plant testing with a representative feedstock.

When feedstock metals are low, hydrothermal deactivation of catalyst with age is the
major factor in catalyst deactivation, setting the fresh catalyst addition rate required to
achieve the desired equilibrium catalyst activity with a given fresh catalyst. Proper regen-
erator design can be used to minimize catalyst makeup requirements, with countercurrent
regeneration and low regenerator temperatures minimizing the deactivation rate. The feed-
stocks for many units contain high levels of both nickel and vanadium. In these units, con-
trol of equilibrium catalyst metals with fresh catalyst additions is the primary defense
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against metals contamination and deactivation. Refer to Fig. 3.1.17 for typical FCC fresh
catalyst addition requirements.

At higher feed metals loadings, additional means of controlling the effects of metals
become economic. The deleterious effects of nickel contamination can be passivated by
the addition of antimony or bismuth. Vanadium effects can be mitigated by employing
selective metal traps, either incorporated in the catalyst or as separate particles, which
selectively bind vanadium and prevent it from reaching and destroying the zeolite. In addi-
tion, older higher metals, catalyst particles can be selectively removed from the unit inven-
tory by magnetic separation, providing increased activity and lower equilibrium catalyst
metals concentrations for a given fresh catalyst makeup rate, as described below.

MagnaCat

As a result of continual catalyst losses and fresh catalyst additions, the inventory of cata-
lyst particles in a commercial FCC unit represents a broad age and activity distribution.
This includes just-added particles being relatively fresh and active and catalytically “dead”
particles which have been in the unit for many months or even years. The particles which
have been in the unit the longest are the most deactivated and least selective for cracking
to desired liquid products. Catalyst deactivation and loss of selectivity are the result of
extended exposure to the hydrothermal deactivating environment of the regenerator which
reduces zeolite surface area and crystallinity. Since many FCC units now include atmo-
spheric or vacuum residue in the feedstock to increase the upgrade of heavy oils to trans-
portation fuels, the catalyst inventory is also contaminated with metals. These include
nickel, vanadium, and iron among others.

Since the oldest catalyst particles have had the most contact with the metals-contami-
nated feed, it follows that the oldest particles will have the greatest concentration of accu-
mulated metals, particularly nickel and iron. The distribution of the accumulated nickel
and iron on catalyst will be similar to the age distribution of the inventory. Figure 3.1.18
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FIGURE 3.1.17 Typical fresh catalyst makeup requirements for constant-equilibrium catalyst activity.
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FIGURE 3.1.18 FCC catalyst age distribution.

shows the particle age distribution in a perfectly back-mixed catalyst inventory for two
daily makeup rates.

The greater magnetic susceptibility imparted by the higher concentration of deposited
metals on the older catalyst allows MagnaCat to make a separation between them and the
newer, less magnetic catalyst particles. Figure 3.1.19 is a simplified diagram of the roller
magnet assembly which is the heart of the MagnaCat separation process. Figure 3.1.20
shows a complete, prefabricated MagnaCat module, including catalyst transporters, mag-
netic separator, catalyst hopper, and baghouse.

Equilibrium catalyst is distributed onto a moving belt which has a high-field-strength per-
manent magnet in the form of a roller at its far end. As the equilibrium catalyst passes into the
magnetic field, the most magnetic catalyst is retained on the belt. The nonmagnetic catalyst,
on the other hand, is discharged from the end of the belt into a chute and returned to the FCC.

After the most magnetic catalyst leaves the roller’s magnetic field, it is discharged into
a second chute and discarded.

In effect, then, MagnaCat results in selective withdrawal of the poorest fraction of the
catalyst inventory rather than indiscriminate withdrawal of fresh and deactivated catalyst
together. It’s obvious from this that the FCC catalyst inventory, on average, is fresher and
more active and selective with MagnaCat than without it.

Spent Catalyst Disposal

Equilibrium catalyst withdrawn from the regenerator is typically disposed of in a landfill
or used in concrete or brick manufacturing.

Passivator

Antimony or bismuth solutions may be required for nickel passivation, especially if the
equilibrium catalyst nickel content exceeds 2000 ppm. Passivation reduces the coke and
gas make associated with the metals, which translates into increased liquid recovery and
reduced compressor requirements. Typically, metals passivation can reduce the coke make
by 10 percent and the hydrogen yield by 50 to 70 percent.
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FIGURE 3.1.19 Magnetic separator.

Other Chemical Requirements

Diethanolamine (DEA) is required for the amine-treating system, a corrosion inhibitor
solution is injected into the main fractionator overhead system, and phosphate injection is
used in the slurry steam generators and waste heat boiler.

INVESTMENT AND UTILITIES COSTS

The following provides typical investment cost and utilities information for a 50,000 barrels
per stream-day (BPSD) FCCU, including the costs of the converter, flue gas system (with-
out power recovery), main fractionator and vapor recovery sections, and amine treating.

e Installed cost, U.S. Gulf Coast, first quarter of 2002: 2250 to 2500 $/BPSD

e High-pressure steam production: 40 to 200 lb/bbl

e Electric power consumption: 0.7 to 1.0 kWh/bbl
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FIGURE 3.1.20 MagnaCat module.
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CHAPTER 3.2

DEEP CATALYTIC CRACKING,
THE NEW LIGHT OLEFIN
GENERATOR

Warren S. Letzsch

DCC Program Manager
Stone & Webster Inc.
Houston, Texas

BASIS

The fluid catalytic cracking (FCC) unit is the most important and widely used heavy oil
conversion process in the modern refinery. Historically, the FCC unit has operated in max-
imum gasoline and maximum distillate modes, depending on seasonal product demands
and refinery locale. Recently, with the advent of reformulated gasoline requirements, the
FCC unit has been increasingly required to operate in the maximum olefin mode. Light
isoolefins, isobutylene and isoamylene, from the FCC unit are necessary feedstocks for
methyl tertiary butyl ether (MTBE) and tertiary amyl methyl ether (TAME) oxygenated
reformulated gasoline blending components. Increased alkylate demand to meet reformu-
lated gasoline requirements also necessitates an increase in light olefins.

At the same time as these changes are occurring in the refining industry, the petro-
chemical industry is experiencing increased demands for propylene for the manufacture of
polypropylene products. Nearly one-half of the propylene used by the chemical industry is
obtained from refineries, and the remainder comes from steam cracking (SC).' As a result,
the demand for propylene from both FCC units and SC units is rising. Since SC units pro-
duce ethylene as the primary product, a catalytic process is more suitable for making
propylenes and butylenes.

The demand for propylene, both as an alkylation feed and for polypropylene produc-
tion, is expected to continue growing well into the 21st century. More isoolefins are also
needed for those locations where MTBE and TAME can be used in the gasoline pool. This
places a considerable strain on the FCC unit and SC unit in order to meet the demand.
Obviously, a need for an economical light olefin generating process is required to meet
these demands for light olefins (C, through C).

To this end, Stone & Webster has entered into an agreement with the Research Institute
of Petroleum Processing (RIPP) and Sinopec International, both located in the People’s
Republic of China, to exclusively license RIPP’s Deep Catalytic Cracking (DCC) technol-
ogy outside China. DCC is a fully commercialized process, similar to FCC, for producing

3.35



3.36 CATALYTIC CRACKING

light olefins (C, to C;) from heavy feedstocks such as gas oils and paraffinic residuals.
Stone & Webster’s proven position in FCC technology and steam cracking is a natural
complement to DCC technology.

Numerous DCC units have been put in commercial service. Table 3.2.1 is a list of all
DCC units operating at present. Figure 3.2.1 shows the unit built in Thailand currently
operating at about 18,000 B/D and producing about 150,000 MTA of propylene.

PROCESS DESCRIPTION

DCC is a fluidized catalytic process for selectively cracking a variety of feedstocks to light
olefins. A traditional reactor/regenerator unit design is employed with a catalyst having
physical properties much like those of FCC catalyst. The DCC unit may be operated in one
of two modes: maximum propylene (type I) and maximum isoolefins (type II). Each oper-
ational mode employs a unique catalyst and operating conditions. DCC reaction products
are light olefins, high-octane gasoline, light cycle oil, dry gas, and coke. A small amount
of slurry oil may also be produced.

DCC maximum propylene operation (type I) employs both riser and bed cracking at
severe reactor conditions. Maximum isoolefin operation (type II) utilizes riser cracking, as
does a modern FCC unit, at slightly milder conditions than a type I operation. Figure 3.2.2,
a process flow diagram of a type I DCC process, serves as a basis for the process descrip-
tion. (Note that the only difference between the type I and type II designs is an extended
riser with a riser termination device above the reactor bed level.)

Fresh feed is finely atomized by steam and injected into the riser through Stone &
Webster proprietary FCC feed injection nozzles over a dense phase of catalyst. The atom-
ized oil intimately mixes with the catalyst and begins to crack into lighter, more valuable
products. A good feed injection system is required for DCC, just as for FCC operations, to
ensure rapid oil vaporization and selective catalytic cracking reactions.

Riser steam is injected just above the feed injection point to supplement feed disper-
sion and stripping steam in order to achieve optimal hydrocarbon partial pressure for the
DCC operation. Simple steam injection nozzles are employed for riser steam injection.
(Steam requirements for DCC type II operation are considerably less and may not need
additional steam injection nozzles.)

TABLE 3.2.1 DCC Commencement Status

Feed,

Location MTA* Start-up  DCC type
Jinan, China 60,000 1990 1
Jinan expansion 150,000 1994 Tand II
Anqing, China 400,000 1995 1
Dagqing, China 120,000 1995 1
Jinmen, China 800,000 1997 1
TPI, Thailand 900,000 1997 1
Shenyang, China 400,000 1998 I
Jinzhou, China 300,000 1999 1
Urumchi, China 800,000 1999 11

*MTA = metric tons per year.
Design by Stone & Webster Engineering Corporation.
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FIGURE 3.2.1 DCC unit at TPI refinery, Thailand.

Slurry recycle is injected, if required, just above the riser steam nozzles. This recycle
stream is not required to increase overall conversion but rather to optimize the unit heat
balance, as a large slurry reaction product is coke.

At the top of the riser, catalyst, steam, and hydrocarbon pass through a riser terminator
located below the reactor bed. Conversion of the DCC feedstock can be regulated by
adjusting the catalyst bed height (hydrocarbon weight hourly space velocity) above the ris-
er distributor, the catalyst circulation rate, and/or the reactor temperature. Two-stage high-
efficiency reactor cyclones remove entrained catalyst from the reactor vapors. Products,
inerts, steam, and a small amount of catalyst flow from the reactor into the bottom of the
main fractionator to begin product separation.

The regenerated catalyst slide valve controls the reactor bed temperature by regulating
the amount of hot regenerated catalyst entering the riser. Nominal reactor temperatures and
pressures are listed in Table 3.2.2.
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FIGURE 3.2.2 Maximum propylene DCC unit (type I) process flow diagram.

The stripper portion of the reactor vessel uses baffles to create multiple stages. Steam
from the main steam ring fluidizes the catalyst bed, displaces the entrained hydrocarbons,
and strips the adsorbed hydrocarbons from the catalyst before it enters the regeneration
system. A steam fluffing ring, located in the bottom head of the stripper, keeps the catalyst
properly fluidized and ensures smooth catalyst flow into the spent catalyst standpipe. An
alternative to the baffled stripper is the use of packing to create the staging.

Spent catalyst leaves the stripper through a slanted standpipe. Aeration taps, located
stepwise down the standpipe, serve to keep the catalyst aerated and replace the gas volume
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lost by compression. The spent catalyst slide valve, located near the point where the stand-
pipe enters the regenerator, maintains proper bed level in the reactor/stripper. Reactor bed
level is optimized with respect to conversion and unit operability.

Spent catalyst is dispersed inside the regenerator by a catalyst distributor just above the
combustion air rings. Combustion air rings provide even air distribution across the regen-
erator bed, resulting in proper fluidization and combustion. The regenerator operates in a
full combustion mode with approximately 2 vol % excess oxygen. Regenerator flue gases
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exit through two-stage high-efficiency regenerator cyclones which remove entrained cata-
lyst from the flue gas. Typical regenerator temperature is near 700°C. Regeneration/reac-
tor differential pressure is controlled by a flue gas slide valve.

Hot regenerated catalyst is withdrawn from the regenerator, just below the regenerator
bed level, into a catalyst withdrawal well. The withdrawal well allows the catalyst to deaer-
ate properly to standpipe density before entering the vertical regenerated catalyst stand-
pipe. A small air ring located in the withdrawal well serves to maintain proper catalyst
fluidization. Aeration taps, located stepwise down the standpipe, replace gas volume lost
by compression. Catalyst passes through the regenerated catalyst slide valve, which con-
trols the reactor temperature by regulating the amount of hot catalyst entering the
riser/reactor section. A straight vertical section below the feed nozzles stabilizes the cata-
lyst flow and serves as a reverse seal, preventing oil reversals into the regenerator.

The DCC gas recovery section employs a low-pressure-drop main fractionator design
with warm reflux overhead condensers to condense the large amounts of steam used in the
converter. A large wet gas compressor is required, relative to FCC operation, because of
the high amounts of dry gas and liquefied petroleum gas (LPG). The absorber and stripper
columns, downstream of the wet gas compressor, are specifically designed for enhanced
C, recovery at relatively low gasoline rates. Following the traditional debutanizer and
depropanizer for contaminant removal, a deethanizer and C, splitter are required to pro-
duce polymer-grade propylene. For DCC units in or near a petrochemical process, a cryo-
genic ethylene recovery unit utilizing Stone & Webster’s Advanced Recovery System
(ARS) technology may be of interest for ethylene recovery and essentially complete
propylene recovery. For a grassroots petrochemical plant, the gas recovery system can be
optimized using Stone & Webster’s maximum olefin recovery (MOR) technology, saving
considerable investment capital.

The flue gas handling system, downstream of the DCC regenerator, requires consider-
ations no different from those of an FCC system. It consists of a flue gas slide valve to con-
trol the differential pressure between the reactor and regenerator followed by an orifice
chamber. Heat is recovered by a flue gas cooler in the form of high-pressure superheated
steam. Depending on local particulate emission specifications, the system may contain a
third-stage cyclone separator upstream of the flue gas slide valve or an electrostatic pre-
cipitator (ESP) upstream of the stack. SO, or NO, emission requirements may necessitate
a flue gas scrubber or SO -capturing catalyst additive to reduce SO, emissions and/or a
selective catalytic reduction (SCR) process for NO, removal.

CATALYST

The most critical part of the DCC process is the catalyst. RIPP’s research and development
efforts have resulted in the development of several proprietary catalysts, each with unique
zeolites. All catalysts have physical properties similar to those of FCC catalysts.

The catalyst designated CRP-1 was developed for use in the DCC maximum propylene
operation (type I). CRP has a relatively low activity to ensure high olefin selectivity and
low hydrogen-transfer reactions. The catalyst also exhibits a high degree of hydrothermal
stability and low coke selectivity.

CS-1 and CZ-1 were developed to produce high isobutylene and isoamylene selectivi-
ty as well as propylene selectivity. Again, these catalysts are low hydrogen-transfer cata-
lysts with good hydrothermal and coke-selective properties.

All three types of catalyst are currently manufactured by Qilu Petrochemical
Company’s catalyst facility in China. Stone & Webster has qualified suppliers outside of
China.
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FEEDSTOCKS

The DCC process is applicable to various heavy feedstocks for propylene and isoolefin
production. Feedstocks include wax, naphtha, thermally cracked gas oils, vacuum gas oils,
hydrotreated feeds, and residual oils. Paraffinic feedstocks are preferred; however, suc-
cessful pilot-plant trials have also been performed with naphthenic and aromatic feeds,
although the olefin yields are significantly lower due to their lower hydrogen contents.

OPERATING CONDITIONS

A range of typical operating conditions for both type I (maximum propylene) and type II
(maximum isoolefins) are shown in Table 3.2.2. Also indicated are typical FCC and SC
operating conditions for comparison. A more severe reactor temperature is required for the
DCC process than for FCC. Type II DCC reactor temperature is less severe than type 1, to
increase isoolefin selectivity, but still more than FCC. Steam usage for DCC operations is
higher than for FCC, but considerably less than for SC. DCC catalyst circulation rates are
higher than FCC operations, while regenerator temperatures are similar or lower.

DCC PRODUCT YIELDS

DCC Maximum Propylene (Type I)

A typical DCC maximum propylene yield slate for a Daqing (paraffinic) VGO is shown in
Table 3.2.3. For comparison purposes, FCC and SC maximum olefin yields for the same
feedstock are also shown in Table 3.2.3.

Propylene is abundant in the DCC LPG stream and considerably higher than that for
FCC. DCC LPG also contains a large amount of butylenes where the isobutylene fraction
of the total butylenes is higher than that for FCC (38 to 42 wt % versus 17 to 33 wt %).
Subsequent MTBE production is enhanced over FCC operations because of the addition-
al available isobutylene. These high olefin yields are achieved by selectively overcracking
naphtha.

Large amounts of dry gas are produced by the DCC type I process because of the severe
reactor temperature. DCC dry gas is rich in ethylene, which can be recovered for petro-

TABLE 3.2.2 DCC, FCC, and SC Operating Conditions

DCC type I DCC type I

max, C, max., isoolefins FCC SC

Temperatures:

Reactor, °C 550-565 525-550 510-550  760-870

Regenerator, °C 670-700 670-700 670-730 —_
Reactor pressure, kg/cm2 gage 0.7-1.0 1.0-1.4 1.4-2.1 1.0
Reaction times, s * 2 (riser) 2 (riser) 0.1-0.2
Catalyst/oil, wt/wt 9-15 7-11 5-8 —
Steam injection, wt % feed 20-30 10-15 2-7 30-80

*Riser residence time approximately 2 s plus 2-20 weight hourly space velocity (WHSV) in reactor bed.
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TABLE 3.2.3  Yields for DCC Type I versus FCC and Steam

Cracking
Wt % of feed

Component DCC (type I) FCC SC
H, 0.3 0.1 0.6
Dry gas (C,-C,) 12.6 3.8 44.0
LPG (C4-Cy 42.3 27.5 25.7
Naphtha (C,-205°C) 20.2 479 19.3
Light cycle oil (205-330°C) 7.9 8.7 4.7
Slurry oil (330°C+) 7.3 59 5.7
Coke 9.4 6.1 —
Light olefins:

C, 5.7 0.9 28.2

C, 20.4 8.2 15.0

C, 15.7 13.1 4.1

Source: Lark Chapin and Warren Letzsch, “Deep Catalytic Cracking,
Maximum Olefin Production,” NPRA Annual Meeting, AM-94-43, Mar.
20-22, 1994.

chemical sales. Nonetheless, the DCC operation produces considerably less dry gas and
more LPG than steam cracking does. The primary DCC product is propylene, whereas eth-
ylene is the major SC component. (Steam cracking is a thermal reaction whereas DCC is
predominantly catalytic.)

Because of high conversion, the DCC C,+ liquid products are all highly aromatic.
Consequently octane values of the DCC naphtha are very high. For this yield slate, an 84.7
motor octane number, clear (MONC) and 99.3 research octane number, clear (RONC)
were measured.’ DCC C;+ naphtha has greater than 25 wt % benzene, toluene, and xylene
(BTX) content and is a good BTX extraction candidate. Because of high diolefin content,
selective hydrotreating is usually required. Selective hydrotreating can be achieved with-
out losing octane. The coke make is somewhat higher than that in FCC operation. The
higher heat of reaction required for the conversion of the feed to DCC products and the
high reactor temperature add to the coke yield.

The sensitivity of olefin yield for three VGO types is shown in Table 3.2.4. Daqing
VGO is highly paraffinic. Arabian light is moderately aromatic, while Iranian is highly
aromatic. Propylene and butylene yields are very high for paraffinic feedstocks and
decrease for the most aromatic feeds. The data were generated in RIPP’s 2 barrel per day
(BPD) DCC pilot unit but have been commercially verified.

DCC Maximum Isoolefin (Type Il)

DCC type 1I yields are shown in Table 3.2.5. Large olefin yields are produced by over-
cracking naphtha at less severe conditions than for type I. The high olefin selectivity is
indicative of very low hydrogen transfer rates. Butylene and amylene isomer breakdowns
are shown in Table 3.2.6. Note that the isoolefins in the DCC type II operation approach
their respective thermodynamic equilibrium. As a result, isobutylene and isoamylene
yields are very large, each over 6.0 wt % of feed.
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TABLE 3.2.4 DCC Type 1 Olefin Yields for Various VGO Feedstocks

Daqing  Arabian Light*  Iranian*
Specific gravity 0.84 0.88 0.91
UOP K factor 124 11.9 11.7
Olefin yield, wt % feed:
C, 6.1 4.3 35
C, 21.1 16.7 13.6
C, 14.3 12.7 10.1

*Hydrotreated vacuum gas oil.

TABLE 3.2.5 DCC Maximum Isoolefin

Yields (Type II)

Component

Yield, wt % of feed

C,—

C;-C,

C,+ naphtha
Light cycle oil
Heavy cycle oil
Coke

Loss

Light olefins:

i-C,
CS
i-C,

5.59
34.49
39.00

9.77

5.84

431

1.00

2.26
14.29
14.65

6.13

9.77

6.77

Source: 7. T. Li, W. Y. Shi, N. Pan, and F. K.
Jaing, “DCC Flexibility for Isoolefins Production,”
Advances in Fluid Catalytic Cracking, ACS, vol.

38, no. 3, pp. 581-583.

DCC INTEGRATION

3.43

It is possible to incorporate a DCC process in either a petrochemical or a refining facility.
Idled FCC units in operating facilities are particularly attractive for DCC implementation.
A few possible processing scenarios are discussed.

One possible scenario is utilization of a DCC unit to increase propylene production in
an ethylene facility. DCC naphtha, ethane, propane, and butane could be sent to the SC unit
for additional ethylene yield. It may be possible to debottleneck the existing product split-
ter to accommodate the DCC gaseous stream. A petrochemical facility can be designed to
take whole crude oil as the feed where the naphtha goes to a steam cracker and the heav-

ier components go to a DCC unit.
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TABLE 3.2.6 Olefin Isomer Distribution DCC Type II Operation

Component, wt %  Equilibrium value ~ DCC max. isoolefin

Butylene isomers:

1-butene 14.7 12.8
t-2-butene 24.5 26.7
c-2-butene 16.7 18.6
Isobutylene 44.1 419
Amylene isomers:
1-pentene 5.2 52
t-2-pentene 12.2 17.6
c-2-pentene 12.0 7.9
Isoamylene 70.6 69.3

Source: Z.T.Li, W. Y. Shi, N. Pan, and F. K. Jaing, “DCC Flexibility for
Isoolefins Production,” Advances in Fluid Catalytic Cracking, ACS, vol. 38, no.
3, pp. 581-583.

A DCC unit could be incorporated into a refining facility for polypropylene and styrene
production. An example of such a processing scheme is shown in Fig. 3.2.3.

Another example of DCC integration is for supporting reformulated gasoline produc-
tion, as shown in Fig. 3.2.4. An ethylene recovery unit using Stone & Webster’s ARS tech-
nology could be incorporated into this scheme for polymer ethylene and propylene sales.

REFERENCES

1. Lark Chapin and Warren Letzsch, “Deep Catalytic Cracking Maximize Olefin Production,” NPRA
Annual Meeting, AM-94-43, Mar. 20-22, 1994.

2. C. Xie, W. Shi, F. Jiang, Z. Li, Y. Fan, Q. Tang, and R. Li, “Research and Development of Deep
Catalytic Cracking (DCC Type II) for Isobutylene and Isomylene Production,” Petroleum
Processing and Petrochemicals, no. 5, 1995.

3. L. Zaiting, J. Fakang, and M. Enze, “DCC—A New Propylene Production Process from Vacuum
Gas Oil,” NPRA Annual Meeting, AM-90-40, Mar. 25-27, 1990.

4. Lark Chapin, W. S. Letzsch, and T. E. Swaty, “Petrochemical Options from Deep Catalytic
Cracking and the FCCU,” NPRA Annual Meeting, AM 98-44.

5. Wang Yamin, Li Caiying, Chen Zubi, and Zhong Xiaoxiang, “Recent Advances of FCC
Technology and Catalyst in RIPP,” Proceedings of 6th Annual Workshop on Catalysts in Petroleum
Refining and Petrochemicals, December 1996. KFUPM, Dhahran, Saudi Arabia.

6. Andrew Fu, D. Hunt, J. A. Bonilla, and A. Batachari, “Deep Catalytic Cracking Plant Produces
Propylene in Thailand,” Oil & Gas Journal, Jan. 12, 1998.

7. Zaiting Li, Jiang Fukang, Xie Chaogang, and Xu Youhao, “DCC Technology and Its
Commercial Experience,” China Petroleum Processing and Petrochemical Technology, no. 4,
December 2000.



DEEP CATALYTIC CRACKING, THE NEW LIGHT OLEFIN GENERATOR 3.45

»Fuel Gas
EZL(T Benzene E+B s
Com HDA Styrene tyrene
2= r . A
Hees
POLY >
Cy's ) Polypropylene
VGO DCC
Naphtha
- P ke
LCO
v . Fuels
» Processing
DO
Z » Fuel Oil

FIGURE 3.2.3 Polypropylene and styrene production scheme (EXT = aromatics extraction, HDA =
hydrodealkylation, SHP 5 selective hydrogenation).

Cy- BERUd » Fuel Gas
> ase _
1 . Gas » Ethylene
Recovery v v > Propylene
Alcohol !
DCC C,= \f .
_>VGO ‘ Premium
Max Methanol Oxygenate _
Iso-Olefin Y »| Alkylate | . Gasoline
or i etc. Blending
Max Cs- Components
Cy= Cs+
"1 sHu » Gasoline
Naphtha
DO yLCO 'F' . Lo
» DO

FIGURE 3.2.4 Reformulated gasoline production scheme.



CHAPTER 3.3

UOP FLUID CATALYTIC
CRACKING PROCESS

Charles L. Hemler and Lester F. Smith
UOP LLC
Des Plaines, Illinois

INTRODUCTION

The fluid catalytic cracking (FCC) process is a process for the conversion of straight-run
atmospheric gas oils, vacuum gas oils, certain atmospheric residues, and heavy stocks
recovered from other refinery operations into high-octane gasoline, light fuel oils, and
olefin-rich light gases. The features of the FCC process are relatively low investment, reli-
able long-run operations, and an operating versatility that enables the refiner to produce a
variety of yield patterns by simply adjusting operating parameters. The product gasoline
has an excellent front-end octane number and good overall octane characteristics. Further,
FCC gasoline is complemented by the alkylate produced from the gaseous olefinic by-
products because alkylate has superior midrange octane and excellent sensitivity.

In a typical FCC unit, the cracking reactions are carried out in a vertical reactor riser in
which a liquid oil stream contacts hot powdered catalyst. The oil vaporizes and cracks to
lighter products as it moves up the riser and carries the catalyst powder along with it. The
reactions are rapid, and only a few seconds of contact time are necessary for most appli-
cations. Simultaneously with the desired reactions, coke, a carbonaceous material having
a low ratio of hydrogen to carbon (H/C), deposits on the catalyst and renders it less cat-
alytically active. The spent catalyst and the converted products are then separated; and the
catalyst passes to a separate chamber, the regenerator, where the coke is combusted to
rejuvenate the catalyst. The rejuvenated catalyst then passes to the bottom of the reactor
riser, where the cycle begins again.

DEVELOPMENT HISTORY

With early development of the process taking place in the late 1930s, the first commercial
FCC unit was brought on-stream in the United States in May 1942. This design, Model I,
was quickly followed by a Model II design. A total of 31 Model II units were designed and
built. Although engineered by different organizations, these units were similar in concept
because the technology came from the same pool, a result of wartime cooperative efforts.

3.47
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Of those first units, several remain in operation today. The principal features of the Model
II unit included a reactor vessel near ground level and the catalyst regenerator offset and
above it. A rather short transfer line carried both catalyst and hydrocarbon vapor to a
dense-bed reactor. Dual slide valves were used at various points in the unit, and this con-
figuration resulted in a low-pressure regenerator with a higher-pressure reactor.
Commercial evidence indicated that although conversions were rather low on these early
units [40 to 55 liquid volume percent (LV %)], a large portion of the cracking reactions
actually took place in the short transfer line carrying both hydrocarbon and catalyst.

After the war, the stacked FCC design (Fig. 3.3.1), which featured a low-pressure reac-
tor stacked directly above a higher-pressure regenerator, was commercialized by UOP.*
This design was a major step toward shifting the cracking reaction from the dense phase
of the catalyst bed to the dilute phase of the riser. In the mid-1950s, the straight-riser
design, also called the side-by-side design (Fig. 3.3.2), was introduced. In this unit, the
regenerator was located near ground level, and the reactor was placed to the side in an ele-
vated position. Regenerated catalyst, fresh feed, and recycle were directed to the reactor
by means of a long, straight riser located directly below the reactor. Compared with earli-
er designs, product yields and selectivity were substantially improved.

A major breakthrough in catalyst technology occurred in the mid-1960s with the devel-
opment of zeolitic catalysts. These sieve catalysts demonstrated vastly superior activity,
gasoline selectivity, and stability characteristics compared to the amorphous silica-alumi-
na catalysts then in use. The availability of zeolitic catalysts served as the basis for most
of the process innovations that have been developed in recent years.

The continuing sequence of advances first in catalyst activity and then in process design
led to an emphasis on achieving more of the reactions within the dilute phase of the riser, or
riser cracking, as it is commonly called. In 1971, UOP commercialized a new design based
on this riser cracking concept, which was then quickly extended to revamps of many of the
existing units. Commercial results confirmed the advantages of this system compared to the
older designs. Riser cracking provided a higher selectivity to gasoline and reduced gas and
coke production that indicated a reduction in secondary cracking to undesirable products.

*Trademark and/or service mark of UOP.
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This trend has continued throughout the years as process designs emphasize greater
selectivity to desired primary products and a reduction of secondary by-products. When
processing conditions were relatively mild, extended risers and rough-cut cyclones were
adequate. As reaction severities were increased, vented risers and direct-connected
cyclones were used to terminate the riser. To achieve even higher levels of hydrocarbon
containment, further enhancements to prestrip, or displace, hydrocarbons that would oth-
erwise be released from the cyclone diplegs into the reactor vessel now provide an even
more selective operation. One example of such selective riser termination designs is the
vortex separation system (VSS*) (Fig. 3.3.3). Such designs have truly approached the con-
cept of all-riser cracking, where almost all the reaction now takes place within the riser and
its termination system.

The emphasis on improved selectivity with all-riser cracking has placed a premium on
good initial contact of feed and catalyst within the riser. Thus, much attention over the
years has been given to improving the performance of the feed distributor as well as to
properly locating it. The quantity of dispersant and the pressure drop required as well as
the mechanical characteristics of various feed nozzles have been carefully studied, leading
to the development of the highly successful Optimix* feed distributor.' The feed nozzle,
though important, is just one component of a complete feed distribution system. Again the
push for higher reaction severities has placed an even greater emphasis on the characteris-
tics of this complete feed distribution system in the design of a modern FCC unit.

Thus far, the discussion has centered on the reactor design; however, significant
changes have taken place on the regeneration side. For the first 20 years or so of its histo-
ry, the regenerator of the FCC unit was operated so that the flue gas contained substantial
quantities of carbon monoxide (CO) and carbon dioxide (CO,). In this partial combustion
mode, the spent catalyst was regenerated to the point of leaving a few tenths of a percent
of carbon still remaining on the regenerated catalyst. A major improvement in FCC tech-
nology in the early 1970s was the development of catalysts and hardware to permit com-
plete internal combustion of CO to CO,. In 1973, an existing FCC unit was revamped to
include a new high-efficiency concept in regeneration technology to achieve direct con-

*Trademark and/or service mark of UOP.
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version of CO within the unit. This advance was followed by the start-up in early 1974 of
anew UOP FCC unit specifically designed to incorporate the new regenerator technology.
The development of the new regenerator design and operating technique resulted in
reduced coke yields, lower CO emissions (which satisfy environmental standards), and
improved product distribution and quality.

A typical FCC unit configuration has a single regenerator to burn the coke from the cat-
alyst. Although the regenerator can be operated in either complete or partial combustion,
complete combustion has tended to predominate in new unit designs because an environ-
mentally acceptable flue gas can be produced without the need for additional hardware,
such as a CO boiler. This boiler would be required for the partial combustion mode to keep
CO emissions low.

With the tightening of crude supplies and refinery economics in the late 1970s, refin-
ers began to look more closely at the conversion of heavier feed components, particularly
atmospheric residues. To effectively process highly contaminated residues, Ashland Oil
and UOP cooperated to develop a fluidized catalytic cracking approach that would extend
the feedstock range. The result of this cooperation, a process for reduced crude oil con-
version, was first commercialized in 1983. Among its many innovative features were a
two-stage regenerator to better handle the higher coke production that resulted from pro-
cessing these residues and a new design for a catalyst cooler to help control regeneration
temperatures. The two-stage regenerator aided in regulating the unit heat balance because
one stage operated in complete combustion and the other operated in partial combustion.
The single flue gas stream that was produced passed to a CO boiler to satisfy flue gas CO
emissions. The new style of dense-phase catalyst cooler aided in not only regulating the
regenerator temperature and resulting heat balance but also maintaining catalyst circula-
tion to provide adequate reaction severity.’

Catalyst advancements (especially the improvements in metal tolerance), innovative
design features, and this additional heat balance control from a reliable catalyst cooler
have helped extend the range of acceptable feedstocks to include some rather heavy atmo-
spheric residues. In fact, residue processing has steadily increased to the point that many
older FCC units and about one-half of the new units licensed now process residue or a
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major residue component. Equipment such as the catalyst cooler (Fig. 3.3.4) has been
extremely successful in revamps® and has found widespread application because of the
cooler’s ability to vary the level of heat removal in a controlled fashion.

The inventive and innovative spirit that has characterized FCC development from its
early days has led to a variety of mechanical and process advancements to further improve
the selectivity of the cracking reactions. Thus, improved feed distributors, more effective
riser termination devices, and designs that emphasize selective short-time cracking have all
been recent process advancements. The pivotal role of catalytic cracking in the refinery
almost dictates that even further improvements will be forthcoming.

PROCESS CHEMISTRY

Because the chemistry of catalytic cracking is complex, only a broad outline is attempted here.
Readers interested in more detailed discussion are referred to an article by Venuto and Habib.*

Feedstocks for the FCC process are complex mixtures of hydrocarbons of various types
and sizes ranging from small molecules, like gasoline, up to large complex molecules of
perhaps 60 carbon atoms. These feedstocks have a relatively small content of contaminant
materials, such as organic sulfur, nitrogen compounds, and organometallic compounds.
The relative proportions of all these materials vary with the geographic origin of the crude
and the particular boiling range of the FCC feedstock. However, feedstocks can be ranked
in terms of their crackability, or the ease with which they can be converted in an FCC unit.
Crackability is a function of the relative proportions of paraffinic, naphthenic, and aro-
matic species in the feed.

Generally the crackability of FCC feedstocks can be correlated against some simple
parameter like feedstock hydrogen content or the UOP characterization factor K
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where T, is the cubic average boiling point of the feedstock, °R, and sg is its specific grav-
ity. A large amount of experimental and commercial data can be classified as shown in
Table 3.3.1.

Sulfur compounds do not seriously affect crackability; the cracked sulfur compounds
are distributed into the liquid products, thus creating a need for product cleanup before
final use. In addition, sulfur exits from the FCC unit in the form of H,S and sulfur oxides,
the latter posing a potential air pollution problem.

The organometallic compounds deposit on the circulating catalyst, and after regenera-
tion, almost all the metals in the feedstock remain deposited on the catalyst. These deposit-
ed metals have two rather serious deleterious effects: They affect product distribution by
causing more light gases, especially hydrogen, to be formed, and they have a serious deac-
tivating effect on the catalyst. To counteract these effects, more fresh catalyst must be
added to maintain activity. Heavy polynuclear aromatic-ring compounds are extremely
refractory, and these molecules are generally accepted as coke precursors.

In general, the relative amounts of these contaminants in the FCC feedstock increase as
the endpoint of the feedstock increases. As endpoints increase into the nondistillable
range, above about 566°C (1050°F), the increase in these contaminants is dramatic, thus
posing a major processing problem. One solution to this problem is to hydrotreat the FCC
feedstock. Much of the sulfur and nitrogen leaves the hydrotreater in relatively easily dis-
posable forms of H,S and NH, rather than with the products or as flue gas oxides from the
FCC unit. The metals are deposited irreversibly on the hydrotreating catalyst, which is
periodically replaced. In addition to removing contaminants, hydrotreating upgrades the
crackability of the FCC feed, and hydrotreated feeds do, in fact, crack with better product
selectivity because of their increased hydrogen contents.

A carbonium ion mechanism can describe the chemistry for the cracking reactions and
the products produced. All cracking catalysts, either the older amorphous silica alumina or
modern zeolites, are acidic materials; and reactions of hydrocarbons over these materials
are similar to well-known carbonium ion reactions occurring in homogeneous solutions of
strong acids. These reactions are fundamentally different from thermal cracking. In ther-
mal cracking, bond rupture is random; but in catalytic cracking, it is ordered and selective.

Various theories have been proposed to explain how the cracking process is initiated,
that is, how the first carbonium ions are formed. One theory proposes that the carbonium
ion is formed from an olefin, which in turn could be formed by thermal effects on initial
catalyst-oil contact, or may be present in the feed. The temperatures involved in catalytic
cracking are in the range where thermal cracking can also occur. Alternatively, the carbo-
nium ion could be formed by the interaction of the hydrocarbon molecule with a Bronsted
or Lewis acid site on the catalyst. The exact mechanism is not well understood.

Once formed in the feed, the carbonium ions can react in several ways:

e Crack to smaller molecules
e React with other molecules
e Isomerize to a different form

e React with the catalyst to stop the chain

TABLE 3.3.1 Feedstock Crackability

Range of Relative

characterization factor K crackability Feedstock type
>12.0 High Paraffinic
11.5-11.6 Intermediate Naphthenic

<11.3 Refractory Aromatic
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The cracking reaction normally follows the rule of 3 scission. The C—C bond in the 3 posi-
tion relative to the positively charged carbon tends to be cleaved:

AAA NA S ®
¢ ¢ C R C/\C/\C// + R

B scission
R ——

®
Carbonium ion Olefin Carbonium ion

This reaction is most likely because it involves a rearrangement of electrons only. Both
of the fragments formed are reactive. The olefin may form a new carbonium ion with the
catalyst. The R*, a primary carbonium ion, can react further, usually first by rearrangement
to a secondary carbonium ion and repetition of the ) scission.

The relative stability of carbonium ions is shown in the following sequence:

C
1
C-C-C > C-C-C > C-C-C
® @ ®
Tertiary Secondary Primary

Reactions in the system will always proceed toward the formation of the more stable car-
bonium ion. Thus, isomerizations of secondary to tertiary carbonium ions are common.
These reactions proceed by a series of steps including migration of hydride or even alkyl
or aryl groups along the carbon chain. Of course, this reaction leads to a product distribu-
tion that has a high ratio of branched- to straight-chain isomers.

The subject of catalytic coke formation by cracking catalysts, especially its chemical
nature and formation, is also a complex topic for which many theories have been proposed.
The formation of coke on the catalyst, an unavoidable situation in catalytic cracking, is
likely due to dehydrogenation (degradation reactions) and condensation reactions of
polynuclear aromatics or olefins on the catalyst surface. As coke is produced through these
mechanisms, it eventually blocks the active acid sites and catalyst pores. The only recourse
is to regenerate the catalyst to retain its activity by burning the coke to CO and CO, in the
FCC regenerator. This coke combustion becomes an important factor in the operation of
the modern FCC.

THERMODYNAMICS OF CATALYTIC CRACKING

As in the chemistry of cracking, the associated thermodynamics are complex because of
the multitude of hydrocarbon species undergoing conversion. The key reaction in crack-
ing, B scission, is not equilibrium-limited, and so thermodynamics are of limited value in
either estimating the extent of the reaction or adjusting the operating variables. Cracking
of relatively long-chain paraffins and olefins can go to more than 95 percent completion at
cracking temperature.

Certain hydrogen-transfer reactions act in the same way. Isomerization, transalkylation,
dealkylation, and dehydrogenation reactions are intermediate in the attainment of equilib-
rium. Condensation reactions, such as olefin polymerization and paraffin alkylation, are
less favorable at higher temperatures.

The occurrence of both exothermic and endothermic reactions contributes to the over-
all heat of reaction, which is a function of feedstock, temperature, and extent of conver-
sion. In general, highly endothermic cracking reactions predominate at low to intermediate
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conversion levels. At high conversion, some of the exothermic reactions begin to exert an
influence. Overall, the reaction is quite endothermic, and heat must be supplied to the sys-
tem. This heat is provided by the regenerated catalyst. A more detailed description of the
FCC unit heat balance will be presented later.

CATALYST HISTORY

Paralleling the significant improvements in FCC unit design was a corresponding improve-
ment in FCC catalysts. The first catalysts used were ground-up amorphous silica alumina.
Whether synthetic or naturally occurring, these catalysts suffered from low activity and
poor stability relative to the catalysts available today. Additionally, they had poor fluidiza-
tion characteristics. Often, fines had to be collected from the flue gas and returned to the
unit to assist in maintaining smooth catalyst circulation.

In 1946, spray-dried (microspheroidal) synthetic silica-alumina catalysts were intro-
duced. This type of catalyst, containing 10 to 13 percent alumina, was in general use until
a more active and stable catalyst high in alumina (25 wt % alumina) became available in
the late 1950s. In addition to improved activity and stability, these spray-dried catalysts
had improved fluidization characteristics.

The most significant catalyst development occurred during the early 1960s, when
molecular sieves were introduced into fluid cracking catalysts. The resulting catalysts
exhibited significantly higher activity and stability compared with catalysts available at the
time. These crystalline catalysts were, and are, ideally suited for the short-contact-time ris-
er cracking concept. Besides being more active, these materials are more selective toward
gasoline production compared to the initial amorphous type.

A wide variety of catalysts have been used in an FCC unit: from low-activity amorphous
catalysts to high-activity zeolite-containing catalysts. As an example of relative activities,
Table 3.3.2 summarizes pilot-plant results from processing the same feedstock at identical
conditions over various catalysts. The present, commercially available high-activity zeolitic
catalysts exhibit widely varying matrix compositions, zeolite content, and chemical consis-
tency; yet many can provide the high activity levels required for modern operations.

The chief cracking component of the FCC catalyst is a Y-type zeolite, and an indicator
of its content is the catalyst micropore surface area. The hydrogen-transfer capabilities of
the zeolite can be adjusted by varying the degree of rare earth exchange of the catalyst. A
second component is an active alumina which helps to crack larger feed molecules. The
mesopore surface area gives an indication of the active alumina content. Different types of
alumina can be used to adjust its function from an active cracking role to just a binder for
mechanical strength. A typical range of characteristics for commercially available FCC
catalyst is shown in Table 3.3.3.

TABLE 3.3.2 Effect of Catalyst Activity*

Low- Moderate- High-

Amorphous  activity sieve  activity sieve  activity sieve
Conversion, LV % 63.0 67.9 76.5 78.9
Gasoline, LV % 45.1 51.6 55.4 57.6
RONC 93.3 92.6 92.3 92.3

*Basis: Middle East sour gas oil, 23.7° API gravity (sg = 0.912), 11.84 UOP K factor, 2.48 wt %
sulfur.

Note: RONC = research octane number, clear; “API = degrees on American Petroleum
Institute scale.



UOP FLUID CATALYTIC CRACKING PROCESS 3.55

TABLE 3.3.3 Fresh FCC Catalyst Characteristics

Apparent bulk density, g/mL 0.7-0.9
Total surface area, m2/g 130-370
Micropore surface area, m2/g 100-250
Mesopore surface area, m?/g 30-120
Rare earth content, wt % Re,O,
For low micropore surface area 0.3-1.5
For high micropore surface area  0.8-3.5
Alumina, wt % Al,O, 25-50

Many of today’s catalysts exhibit a trend toward attrition resistance in response to the
concern for reducing particulate emissions. This trend has also affected modern FCC unit
design by reducing the amount of catalyst carried to the cyclones.

One important area that has received major attention in the catalyst field has been the
separate inclusion of specific additives to enhance a particular process performance func-
tion. Thus individual solid catalytic additives can be introduced, for example, (1) to help
promote the combustion of carbon monoxide in the regenerator; (2) to assist in cracking
portions of the gasoline, thereby making more light olefins and increasing octane; (3) to
enhance bottoms cracking; (4) to reduce the concentration of sulfur oxides in the flue gas;
and (5) to lower the sulfur content of the gasoline product.

PROCESS DESCRIPTION

Every FCC complex contains the following sections (Fig. 3.3.5):

e Reactor and regenerator. In the reactor, the feedstock is cracked to an effluent con-
taining hydrocarbons ranging from methane through the highest-boiling material in the
feedstock plus hydrogen and hydrogen sulfide. In the regenerator, the circulating spent
catalyst is rejuvenated by burning the deposited coke with air at high temperatures.

e Main fractionator. Here the reactor effluent is separated into the various products. The
overhead includes gasoline and lighter material. The heavier liquid products, heavier
naphtha, and cycle oils are separated as sidecuts, and slurry oil is separated as a bottoms
product.

e Gas concentration unit. In this section, usually referred to as the unsaturated gas
plant, the unstable gasoline and lighter products from the main fractionator overhead are
separated into fuel gas, C,- C, for alkylation or polymerization, and debutanized gaso-
line that is essentially ready for use except for possible chemical treating.

Depending on the objectives of the refiner, some unconverted materials in the feedstock
boiling range may be recycled to the reactor. In general, conversion, which is typically
defined as 100 minus the liquid volume percentage of products heavier than gasoline, is
never carried to completion. Some main-column bottoms material, referred to as clarified
oil or slurry oil, is a product usually used for fuel oil blending. Light cycle oil, recovered
as a sidecut product, is generally used for home heating, although a fraction might be suit-
able for diesel fuel blending stock.

The modern FCC unit is likely to have any of a number of optional units associated with
the flue gas system. As discussed later, the flue gas contains a significant amount of avail-
able energy that can be converted to usable forms. Typically, the flue gas is composed of cat-
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option.

alyst fines; nitrogen from the air used for combustion; the products of coke combustion (the
oxides of carbon, sulfur, nitrogen, and water vapor); and trace quantities of other compounds.
The flue gas exits the regenerator at high temperature, approximately 700 to 780°C (1292 to
1436°F), and at pressures of typically 10 to 40 Ib/in* gage (0.7 to 2.8 bar gage). The thermal
and kinetic energy of the flue gas can be converted to steam or used to drive a turboexpander-
generator system for electric power generation. Unconverted CO in the flue gas can be com-
busted to CO, in a CO boiler that produces high-pressure steam. Catalyst fines may be
removed in an electrostatic precipitator or a specially designed third-stage separator system.

Reactor-Regenerator Section

The heart of a typical FCC complex (Fig. 3.3.6) is the reactor-regenerator section. In the
operation of the FCC unit, fresh feed and, depending on product distribution objectives,
recycled cycle oils are introduced into the riser together with a controlled amount of regen-
erated catalyst. The charge may be heated, either by heat exchange or, for some applica-
tions, by a fired heater.

The hot regenerated catalyst vaporizes the feed, the cracking begins, and the resultant
vapors carry the catalyst upward through the riser. At the top of the riser, the desired crack-
ing reactions are completed, and the catalyst is quickly separated from the hydrocarbon
vapors to minimize secondary reactions. The catalyst-hydrocarbon mixture from the riser
is discharged into the reactor vessel through a device that achieves a significant degree of
catalyst-gas separation. Final separation of catalyst and product vapor is accomplished by
cyclone separation.

The reactor effluent is directed to the FCC main fractionator for resolution into gaseous
light olefin coproducts, FCC gasoline, and cycle stocks. The spent catalyst drops from the
reactor vessel into the stripping section, where a countercurrent flow of steam removes
interstitial and some adsorbed hydrocarbon vapors. Stripped spent catalyst descends
through a standpipe and into the regenerator.
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FIGURE 3.3.6 Modern UOP combustor-style FCC unit.

During the cracking reaction, a carbonaceous by-product is deposited on the circulat-
ing catalyst. This material, called coke, is continuously burned off the catalyst in the regen-
erator. The main purpose of the regenerator is to reactivate the catalyst so that it can
continue to perform its cracking function when it is returned to the conversion section. The
regenerator serves to gasify the coke from the catalyst particles and, at the same time, to
impart sensible heat to the circulating catalyst. The energy carried by the hot regenerated
catalyst is used to satisfy the thermal requirements of the cracking section of the unit (the
heat-balance concept is be discussed in greater detail in the next section).

Depending on the specific application, the regenerator may be operated at conditions
that achieve complete or partial internal combustion of CO to CO,; or alternatively, CO



3.58 CATALYTIC CRACKING

may be converted to CO, in an external CO boiler. If internal conversion of CO to CO, is
used, the sensible heat of the flue gas can be recovered in a waste heat boiler. Flue gas is
directed through cyclone separators to minimize catalyst entrainment prior to discharge
from the regenerator.

To maintain the activity of the working catalyst inventory at the desired level and to
make up for any catalyst lost from the system with the flue gas, fresh catalyst is introduced
into the circulating catalyst system from a catalyst storage hopper. An additional storage
hopper is provided to hold spent catalyst withdrawn from the circulating system as neces-
sary to maintain the desired working activity and to hold all the catalyst inventory when
the FCC unit is shut down for maintenance and repairs.

Heat Balance

The schematic diagram of the FCC heat balance in Fig. 3.3.7 shows the close operational
coupling of the reactor and regenerator sections. As with other large commercial process
units, the FCC unit is essentially adiabatic. The overall energy balance can be written in
the following form:

QRG = (Qp - QF[)) + (QFG - QA) + QRX + (Qu + QLz)
Heat of Enthalpy Enthalpy difference =~ Heat of Losses
combustion  difference between  between flue gas and  reaction
of coke products and feed regeneration air

including any

recycle streams
This equation, which has been greatly simplified to present only the major heat terms,
describes the basis of the overall reactor-regenerator heat balance. The energy released by

burning coke in the regenerator Qg is sufficient to supply all the heat demands for the rest
of the reactor and regenerator. Heat is needed to

e Bring the feed and recycle streams to reaction temperatures

e Vaporize the feed and recycle streams

Spent
Catalyst

Regenerator Qsc Reactor
Flue Gas

\ Q
Qra Hgg}t{gi —1 = 5 Products
Combustion — | 5 Heat
Heat o // Qrx QL2 Losses
Losses "(, RG L
Heat of /
Reaction
A Qpp
Qa Qre l¢——— Recycle
. Regenerated
Regeneration Fresh
Air Catalyst O‘_ Feed
Feed
Preheater

FIGURE 3.3.7 FCC heat balance.
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e Supply the endothermic heat of reaction and various smaller reactor side energy require-
ments and losses

e Raise the incoming regeneration air temperature to flue gas conditions and to satisfy
regenerator losses

The circulating catalyst becomes the mechanism for transferring the needed energy
from the regenerator to satisfy the reactor requirements. Thus, all the reactor heat require-
ments are supplied by the enthalpy difference between regenerated and spent catalyst (Qg.
— Qe

Tshcf): circulating catalyst rate then becomes a key operating variable because it not only
supplies heat but also affects conversion according to its concentration in the reactor relative
to oil, expressed in terms of the well-known catalyst/oil ratio. In practice, the catalyst/oil
ratio is not a directly controlled variable: changes in the ratio result indirectly from changes
in the main operating variables. For instance, an increase in the catalyst/oil ratio results from
an increase in reactor temperature, a decrease in regenerator temperature, or a decrease in
feed preheat temperature. When process conditions are changed so that an increase in the cat-
alyst/oil ratio occurs, an increase in conversion is also typically observed.

Normally the catalyst/oil weight ratio is tied directly to the FCC unit heat balance. One
significant exception to that occurs when carbonized catalyst from the reactor is recycled to
the feed contacting zone without passing to the regenerator. Termed RxCat* technology and
developed by UOP, this approach provides for higher catalyst/oil ratios in the reaction zone
although some of the catalyst now has a higher carbon content. RxCat technology is aimed
at those operations where there is a high-quality feedstock producing a low delta-coke lay-
down and where additional severity or light olefins are desired. RxCat technology is an inte-
gral part of UOP’s PetroFCC* process, which will be discussed later in this section.

Fractionation Section

Product vapors from the reactor are directed to the main fractionator, where gasoline and
gaseous olefin-rich coproducts and other light ends are taken overhead and routed to the
gas concentration unit. Light cycle oil, which is recovered as a sidecut, is stripped for
removal of light ends and sent to storage. Net column bottoms are yielded as slurry or clar-
ified oil. Because of the high efficiency of the catalyst-hydrocarbon separation system used
in the modern UOP reactor design, catalyst carryover to the fractionator is minimized; the
net heavy product yielded from the bottom of the fractionator does not have to be clarified
unless the material is to be used in some specific application, such as the production of car-
bon black, that requires low solids content. In some instances, heavy material can be recy-
cled to the reactor riser.

Maximum usage is made of the heat available at the main column. Typically, light and
heavy cycle oils are used in the gas concentration section for heat-exchange purposes, and
steam is generated by a circulating main-column bottoms stream.

Gas Concentration Section

The gas concentration section, or unsaturated gas plant, is an assembly of absorbers and
fractionators that separate the main-column overhead into gasoline and other desired light
products. Sometimes olefinic gases from other processes such as coking are sent to the
FCC gas concentration section.

*Trademark and/or service mark of UOP.
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A typical four-column gas concentration plant is shown in Fig. 3.3.8. Gas from the FCC
main-column overhead receiver is compressed and directed with primary-absorber bottoms
and stripper overhead gas through a cooler to the high-pressure receiver. Gas from this receiv-
er is routed to the primary absorber, where it is contacted by the unstabilized gasoline from
the main-column overhead receiver. The net effect of this contacting is a separation between
C,+ and C,— fractions on the feed to the primary absorber. Primary-absorber offgas is direct-
ed to a secondary, or “sponge,” absorber, where a circulating stream of light cycle oil from the
main column is used to absorb most of the remaining C,+ material in the sponge-absorber
feed. Some C, and C, material is also absorbed. The sponge-absorber-rich oil is returned to
the FCC main column. The sponge-absorber overhead, with most of the valuable C,+ mate-
rial removed but including H,S, is sent to fuel gas or other processing.

Liquid from the high-pressure separator is sent to a stripper column, where most of the
C,— is removed overhead and sent back to the high-pressure separator. The bottoms lig-
uid from the stripper is sent to the debutanizer, where an olefinic C,-C, product is sepa-
rated. In some instances this stream can be further separated for 1nd1v1dua1 C, and C,
recovery, or it can be sent to either alkylation or catalytic condensation for further gasolme
production. The debutanizer bottoms, which is the stabilized gasoline, is sent to treating,
if necessary, and then to storage.

This section has described the minimum gas concentration configuration. Sometimes a
gasoline splitter is included to split the gasoline into light and heavy cuts. Any H,S in the
fuel gas or C,-C, product can be removed through absorption in an amine system. Thus,
some gas concentration plants contain six or seven columns.

MODERN UOP FCC UNIT

A modern FCC unit reflects the combination of process and mechanical features probably
as well as any process unit in the refinery. Fundamentals of fluidization, fluid flow, heat
transfer, mass transfer, reaction kinetics, thermodynamics, and catalysis are applied and
combined with the practical experience relating to mechanical design to produce an
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FIGURE 3.3.8 Typical FCC gas concentration plant.
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extremely rugged unit with some sophisticated features. The result is a successful process
that combines selective yields with a long run length.

Reactor

The advantages of a reaction system that emphasizes short-contact-time cracking have led
to a modern unit design (Fig. 3.3.6) that is well suited for today’s high-activity, superior-
selectivity zeolitic catalysts. Great emphasis has been placed on the proper initial contact-
ing of feedstock and catalyst followed by a controlled plug-flow exposure. The reaction
products and catalyst are then quickly separated as the hydrocarbons are displaced and
stripped from the catalyst before the catalyst passes to the regenerator. This all-riser crack-
ing mode produces and preserves a gasoline-selective yield pattern that is also rich in C;-
C, olefins. Higher reaction temperatures have been used to further increase gasoline
octanes and yields of the light olefins for downstream alkylation and etherification units.

These individual reaction-side improvements have not been limited to just new unit
designs. Many older FCC units have been revamped in one or more of the important areas
of feed-catalyst contacting, riser termination, or catalyst stripping. The yield benefits when
revamping to a more contained VSS riser with an improved stripping configuration and an
elevated Optimix* feed distribution system are presented in Table 3.3.4. For demonstration
purposes, the revamped unit was operated for a period at the same conversion level as
before the revamp. Then the unit was operated to maintain coke make and keep a maxi-
mum utilization of the air blower. The improved selectivity of the revamped unit is appar-
ent and demonstrates why this type of revamp has been widely accepted. In addition,
risers, catalyst standpipes, and slide valves have been routinely replaced as many of these
older units have pushed for much higher operating capacities over the years.

Regenerator

A modern UOP FCC unit features a high-efficiency regenerator design, termed a com-
bustor regenerator. The combustor-style regenerator was developed to provide a more
uniform coke-air distribution and to enhance the ability to burn completely. The regen-
erator uses a fast fluidized bed as a low-inventory carbon-burning zone followed by a

TABLE 3.3.4 Commercial Performance, Pre- and Postrevamp

Postrevamp

Prerevamp ~ Same conversion ~ Same coke yield

Feed rate Base Base Base
Feed, sg 0.916 0.918 0.918
UOP K factor 11.68 11.7 11.69
Feed temp., °F 380 430 420
Reactor temp., °F 975 950 990
Yields

C,—, wt% 2.32 1.82 2.63

C; + C,, vol % 27.2 24.6 29.7
Gasoline, vol % 57.2 60.7 59.6
Light cycle oil, vol % 17.1 17.4 15.1
Clarified oil, vol % 8.9 8.4 6.9
Coke, wt % Base 0.91 X base Base

Conversion, vol % 74.0 74.2 78.0
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higher-velocity transport-riser heat-exchange zone. The overall combination has excel-
lent catalyst retention and produces flue gas and regenerated catalyst of uniform tem-
perature. Regeneration efficiency and operability are improved, and catalyst inventory is
substantially decreased. This reduction in catalyst inventory has economic significance
not only from the initial cost of the first catalyst inventory but also from a daily catalyst
makeup cost as well.

The combustor configuration was first introduced in the 1970s. Before that, FCC regen-
erators were operated typically to produce a partial combustion of the coke deposited on
the catalyst. Some coke, generally a few tenths of a weight percent, was left on the cata-
lyst after regeneration. The flue gas produced from the coke that was burned in the regen-
erator often contained about equal proportions of CO and CO,. As environmental
considerations were becoming more significant, a flue gas CO boiler was needed to reduce
CO emissions to an acceptable level. If the regenerator can be modified to achieve a more
complete combustion step, the capital cost of a CO boiler can be eliminated.

The extra heat of combustion that would be available from burning all the CO to CO,
also could make a significant change in the heat balance of the FCC unit. The increased
heat availability means that less coke needs to be burned to satisfy a fixed reactor heat
demand. Because additional burning also produces a higher regenerator temperature, less
catalyst is circulated from the regenerator to the reactor.

Another important effect that results from the increased regenerator temperature and
the extra oxygen that is added to achieve complete combustion is a reduction in the resid-
ual carbon left on the regenerated catalyst. The lower this residual carbon, the higher the
effective catalyst activity. From a process viewpoint, complete combustion produces a
reduced catalyst circulation rate, but the catalyst has a higher effective activity. Because
less coke was needed to satisfy the heat balance, the reduction in coke yield led to a cor-
responding increase in FCC products.

To assist in the burning of CO, small quantities of noble metal additives are extremely
effective when blended with the catalyst. This promoted catalyst, as it was called, was
widely used in existing units and as an alternative to a complete mechanical modification
of the regenerator to a combustor-style configuration. New units were designed with the
combustor configuration, which could operate in complete combustion without the more
expensive promoted catalyst.

The combustor-style regenerator has proved itself in many varied operations over the
years. It has been shown to be an extremely efficient device for burning carbon and burn-
ing to low levels of CO. Whether for very small or large units, afterburning has been vir-
tually eliminated, and low levels of carbon on regenerated catalyst are routinely
produced.

The tighter control of emissions from the FCC unit, and in particular the regenerator,
has led to a significant flue-gas-handling train for the gases coming from the regenerator.
In addition to the normal heat removal from the flue gas, electrostatic precipitators and
scrubbers are being used for particulate removal, and a new generation of third-stage sep-
arators has been developed that can help achieve low particulate emissions. Wet gas scrub-
bing and other treating steps can lower the sulfur and nitrogen oxides in the flue gas, and
tighter environmental regulations have mandated the addition of such systems.

Yield Versatility

One of the strengths of the FCC process is its versatility to produce a wide variety of
yield patterns by adjusting basic operating parameters. Although most units have been
designed for gasoline production, UOP has designed units for each of the three major
operational modes:
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Gasoline Mode. The most common mode of operation of the FCC unit is aimed at
the maximum production of gasoline. This mode is better defined as an operation
producing a high gasoline yield of a specified octane number.

This condition requires careful control of reaction severity, which must be high
enough to convert a substantial portion of the feed but not so high as to destroy the gaso-
line that has been produced. This balance normally is achieved by using an active and
selective catalyst and enough reaction temperature to produce the desired octane. The
catalyst circulation rate is limited, and reaction time is confined to a short exposure.
Because this severity is carefully controlled, no recycle of unconverted components is
normally needed.

Distillate Mode. 1f the reaction severity is strictly limited, then the FCC unit can be
used for the production of distillates. Changing operating conditions can shift from the
normally gasoline-oriented yield distribution to one with a more nearly equal ratio of
gasoline to cycle oil. Additional distillates can be produced at the expense of gasoline by
reducing the endpoint of the gasoline and dropping the additional material into the light
cycle oil product. The usual limitation in this step is reached when the resulting cycle oil
reaches a particular flash point specification.

High-Severity (LPG) Mode. 1f additional reaction severity is now added beyond the
gasoline mode, a high-severity operation producing additional light olefins and a
higher-octane gasoline will result. This case is sometimes described as an LPG mode
(for the increase in C, and C, materials which can be used as liquefied petroleum gas).
If isobutane is available to alkylate the light olefins or if they are etherified or
polymerized into the gasoline boiling range, high total gasoline yields and octanes can
be produced.

Typical yield patterns for these three modes of operation are shown in Table 3.3.5. The
feedstock for these cases was a Middle East vacuum gas oil (VGO). These yields are typ-
ical for a particular feedstock. In general, FCC yield patterns are a function of feedstock
properties; for instance, a feedstock with a lower UOP K factor and hydrogen content is
more difficult to crack and produces a less favorable yield pattern.

The data in Table 3.3.5 show certain trends. As the severity of the FCC unit is
increased from low to high, the production of coke and light ends increases, gasoline
octane increases, and in general, the liquid products become more hydrogen deficient.
Also, the high-severity case overcracks a considerable amount of the gasoline to C,-C,
material.

PetroFCC. This is a specialized application where even greater reaction severity is
utilized than for the high-severity (LPG) mode. For all the previous modes, even though
the specifically desired product was different, the primary focus remained the production
of transportation fuels. However, for PetroFCC, the aim is now to produce a yield pattern
with a petrochemical focus.’ Utilizing a combination of specific processing conditions
and catalyst, selected mechanical hardware, and a high concentration of shape-selective
additive, an even higher-severity operation can be achieved. Extremely high yields of
light olefins, and particularly propylene, are produced. At the same time, the gasoline
product, which is now greatly reduced in volume, has become highly aromatic—aromatic
enough and concentrated enough so that the single ring aromatics found there can be
recovered for their petrochemical value.

A comparison between a traditional gasoline mode operation and a PetroFCC opera-
tion for the same moderately contaminated gas oil-residue feed blend is shown in Fig.
3.3.9. Note that the C, and lighter material for the PetroFCC is about 2.5 times that for the
gasoline operation.
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TABLE 3.3.5 Product Yield and Properties for Typical Modes of Operation

Middle-distillate mode Gasoline Light olefin

Full range Undercut mode mode
Product yields
H,S, wt % 0.7 0.7 1.0 1.0
C,—, wt% 2.6 2.6 32 4.7
C;, LV % 6.9 6.9 10.7 16.1
C,LV % 9.8 9.8 15.4 20.5
C+ gasoline, LV % 43.4 33.3 60.0 55.2
Light cycle oil, LV % 375 47.6 13.9 10.1
CO, LV % 7.6 7.6 9.2 7.0
Coke, wt % 49 49 5.0 6.4

Product properties

LPG, vol/vol:

C, olefin/saturate 34 34 3.2 3.6

C, olefin/saturate 1.6 1.6 1.8 2.1
Gasoline:

ASTM 90% point, °C 193 132 193 193

ASTM 90% point, °F 380 270 380 380

RONC 90.5 91.3 93.2 94.8

MONC 78.8 79.3 80.4 82.1
Light cycle oil:

ASTM 90% point, °C 354 354 316 316

ASTM 90% point, °F 670 670 600 600

Flash point, °C (°F) 97 (207) 55 (131) 97 (207) 97 (207)

Viscosity, ¢St @ 50°C 3.7 24 3.1 32

(122°F)

Sulfur, wt % 2.9 2.4 34 3.7

Cetane index 34.3 31.8 24.3 20.6
Clarified oil:

Viscosity, ¢St @ 100°C (210°F) 10.9 10.9 9.0 10.1

Sulfur, wt % 5.1 5.1 6.0 6.8

Note: ASTM = American Society for Testing and Materials; RONC = research octane number, clear;
MONC = motor octane number, clear.

Source: Reprinted from D. A. Lomas, C. A. Cabrera, D. M. Cepla, C. L. Hemler, and L. L. Upson,
“Controlled Catalytic Cracking,” UOP 1990 Technology Converence.

FEEDSTOCK VARIABILITY

The early FCC units were designed primarily to operate on virgin VGOs. These feedstocks
would be characterized as good cracking feedstocks. Today many refiners are faced with
processing less favorable materials. In addition, refiners have been forced to convert more
of the nondistillable portion of the barrel to remain competitive. Thus, a greater proportion
of FCC feedstock has its origin in the bottom of the barrel. These components may be
cracked stocks in the VGO boiling range, or they may be previously virgin nondistillables.
Coker and visbreaker gas oils are commonly blended in FCC feed. The next source of
heavy FCC feed has traditionally been a little vacuum tower residue blended into the feed
in proportions consistent with the FCC coke-burning capabilities. Some refiners have cho-
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FIGURE 3.3.9 Typical PetroFCC yield, wt % (VGO feed).

sen to solvent-extract the vacuum residue to provide a nondistillable FCC feed component
that has significantly less metal and asphaltene than the vacuum residue itself. Others have
gone to the limit and charge certain whole atmospheric residues to their FCC units.

This section briefly discusses two significant FCC operations: the hydrotreating of
FCC feeds for yield improvement and environmental concerns and the cracking of various
solvent-extracted oils and whole residues.

FCC Feed Hydrotreating

Because the FCC feed can include a substantial amount of sulfur-containing materials, the
products, including the flue gas, are typically rich in sulfur compounds. This situation in
turn has led to specialized flue gas treating systems and scrubbers for external cleanup or
to catalyst modifications and feed hydrotreating as internal process approaches for the
reduction of sulfur levels. Of these approaches, only feed hydrotreating provides any sig-
nificant processing improvement because the addition of hydrogen can dramatically
increase the cracking potential of any given feed. This increase can be even more mean-
ingful when the initial feed is poor in quality or when the feed is contaminated. Table 3.3.6
shows the results of hydrotreating poor-quality feed at two different levels of hydrogen
addition. As feedstock quality declines and growing emphasis is placed on tighter sulfur
regulations, feed hydrotreating will receive even more consideration.

Cracking of High-Boiling Feedstocks

Reference has been made to the cracking of high-boiling fractions of the crude. As refin-
ers seek to extend the range of the feedstocks that are processed in FCC units, the most
frequent sources of these heavier feeds are

e A deeper cut on a vacuum column
e The extract from solvent extraction of the vacuum tower bottoms
e The atmospheric residue itself
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TABLE 3.3.6 Hydrotreating of FCC Feedstock

Untreated Mildly Severely
feed desulfurized  hydrotreated
Gravity, °API (specific gravity) 18.4(0.944)  22.3(0.920)  26.3 (0.897)
UOP K factor 11.28 11.48 11.67
Distillation D-1160, °C (°F):
5% 275 (527) 266 (510) 249 (481)
50% 410 (770) 399 (750) 375 (707)
95% 498 (928) 497 (926) 467 (873)
Sulfur, wt % 1.30 0.21 0.04
Nitrogen, wt % 0.43 0.32 0.05
Hydrogen, wt % 11.42 12.07 12.74
Cracking performance at equivalent
pilot-plant conditions:
Conversion, LV % 59.0 66.1 82.5
Gasoline, LV % 41.1 46.0 55.6
Coke, wt % 8.8 6.1 5.6

Regardless of the source of these high-boiling components, a number of problems are typ-
ically encountered when these materials are processed in an FCC unit, although the mag-
nitude of the problem can vary substantially:

e Additional coke production. Heavy feeds typically have high levels of contaminants,
such as Conradson carbon levels. Because much of this material deposits on the catalyst
with the normal coke being deposited by the cracking reactions, the overall coke pro-
duction is substantially higher. Burning this coke requires additional regeneration air. In
an existing unit, this coke-burning constraint often limits capacity.

Necessity for metal control. Metals in the heavy feeds deposit almost quantitatively on
the catalyst. These metals produce two significant effects. First, they accelerate certain
metal-catalyzed dehydrogenation reactions, thereby contributing to light-gas (hydrogen)
production and to the formation of additional coke. A second, more damaging effect is
the situation in which the presence of the metal contributes to a catalyst activity decline
caused partly by limited access to the catalyst’s active sites. This latter effect is normal-
ly controlled by catalyst makeup practices (adding and withdrawing catalyst).

Distribution of sulfur and nitrogen. The level of sulfur and nitrogen in the products,
waste streams, and flue gas generally increases when high-boiling feeds are processed
because these feed components typically have higher sulfur and nitrogen contents than
their gas oil counterparts. In the case of nitrogen, however, the problem is not just one
of higher nitrogen levels in the products. One portion of the feed nitrogen is basic in
character, and the presence of this basic nitrogen acts as a temporary catalyst poison to
reduce the useful activity of the catalyst.

e Heat-balance considerations. Heat-balance control may be the most immediate and
troublesome aspect of processing high-boiling feeds. As the contaminant carbon
increases, the first response is normally an increase in regenerator temperature.
Adjustments in operating parameters can be made to assist in this control, but eventual-
ly, a point will be reached for heavier feeds when the regenerator temperature is too high
for good catalytic performance. At this point, some external heat removal from the
regenerator is required and would necessitate a mechanical modification like a catalyst
cooler.
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Many of the UOP-licensed FCC units have a high-boiling feed component as a signif-
icant portion of the FCC charge. Interestingly, the product qualities from these operations
are not much different from those for similar gas oil operations. In general, the octane lev-
els of the gasoline remain good, the cycle oil qualities are similar, and the heavy fuel oil
fraction has a low viscosity and a low metal content and still remains distillable.

Demetallized oil (DMO) from the solvent extraction of a vacuum-tower bottoms stream
using a light paraffinic solvent and atmospheric residue have emerged as the two most
widely used high-boiling feed components.

Atmospheric residue has ranged from a relatively low proportion of the total feed all
the way to situations in which it represents the entire feed to the unit. To improve the han-
dling of these high-boiling feeds, several units have been revamped to upgrade them from
their original gas-oil designs. Some units have proceeded to increase the amount of residue
in a stepwise fashion; modifications to the operating conditions and processing techniques
are made as greater experience is gained in the processing of high-boiling feeds.

As expected, the properties of the high-boiling feedstocks currently being processed in
units originally designed for gas-oil feeds vary across a wide range. Typical of some of this
variation are the four feed blends described in Table 3.3.7. They range from clean, sweet
residues to more contaminated residues with up to approximately 4 wt % Conradson car-
bon residue.

The interest in atmospheric residue processing has extended to new unit designs as
well. Some examples of the feedstocks that have formed the basis for recent UOP-
designed units with two-stage regenerators and dense-phase catalyst cooling are shown in
Table 3.3.8. The higher carbon residues and metals levels have led to larger regenerators
and additional catalyst makeup; but catalyst improvements have helped, too. One unit has
operated with more than 15,000 ppm of nickel on the equilibrium catalyst. Even though
such values are high, operating or economic limitations will still continue to dictate the
characteristics of the feedstocks that will be processed.

PROCESS COSTS

The following section presents typical process costs for FCC units. These costs are included
here for orientation purposes only; specific applications need to be evaluated individually.

Investment. The capital investment for the various sections of a new 60,000 BPSD FCC
unit operating with a 5 wt % coke make is shown in Table 3.3.9. In general, costs for
other capacities vary according to a ratio of the capacities raised to a power of about 0.6.

TABLE 3.3.7 Typical Residue Cracking Stocks

A B C D
Gravity, °API (specific gravity) — 28.2 24.5 26.4 22.4
(0.886) (0.907)  (0.896) (0.919)

UOP K factor 12.1 11.75 12.1 11.95
Sulfur, wt % 0.98 1.58 0.35 0.77
Conradson carbon residue, wt % 1.01 1.25 2.47 3.95
Metals, wt ppm:

Ni 0.2 1.6 0.7 2.8

\% 0.8 2.3 0.5 35

Nondistillables at 565°C
(1050°F), LV % 10 8 13 23
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TABLE 3.3.8 Residue Feedstocks for New Units

A B C D

Gravity, °API 22.4 19.2 18.8 21.2
Specific gravity 0.9194 0.9390 0.9415 0.9267
UOP K factor 12.3 11.83 12.0 11.94
Sulfur, wt % 0.1 0.5 0.74 0.45
Nitrogen, wt ppm 2300 1600 1900 1050
Conradson carbon, wt % 5.6 6.0 8.0 4.2
Metals, wt ppm

Nickel 21 10 6.8 3.1

Vanadium 1 10 3.0 4.6

TABLE 3.3.9 Investment Costs

Estimated erected cost,* million $

Reactor section 22.7
Regenerator section 50.0
Main column 27.8
Gas concentration section 35.8

136.3

*Investment accurate within +40%, U.S. Gulf Coast erection, 2001.

Utilities. 'To gain an insight into the operating costs for a typical FCC unit, a utilities
and catalyst usage summary is presented in Table 3.3.10. The utilities balance assumes
an electrically driven main air blower with a steam-driven gas compressor. For large
units, a power recovery turbine is often used to recover the available energy from the
pressurized flowing flue gas. This has an obvious impact on the unit’s utilities balance
since the power recovery turbine can typically supply more than enough energy to run
the main air blower.

MARKET SITUATION

The FCC process is one of the most widely employed refining processes. More than 500
FCC units have been built worldwide since the process was first commercialized, and more
than 400 are still operating. A breakdown of the world’s operating FCC capacity data for
2001 is listed in Table 3.3.11.

When there is a high demand for gasoline, as in North America, the FCC charge capac-
ity can be about one-third that of the crude capacity. This ratio can go even higher when a
portion of the vacuum residue finds its way into additional FCC feedstock.

The FCC process will clearly be the conversion process of choice in future situations
where gasoline rather than middle distillate is the desired product. Because the FCC unit
has such a dominant place in the refinery flow scheme, it is only natural that the FCC unit
would be asked to play a major role in producing tomorrow’s clean fuels. So efforts to con-
trol the sulfur level and composition of the FCC gasoline are receiving major attention.

Future applications where the emphasis would switch from transportation fuels to pro-
ducing individual compounds and petrochemicals would also place the FCC unit in a
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TABLE 3.3.10 Typical Utilities and Catalyst Usage

Utilities
Electricity, kWh/bbl FF —8.8
Steam, 1b/bbl FF
High-pressure (600 1b/in* gage) 34.4
Medium-pressure (150 1b/in> gage) —45.1
Low-pressure (50 Ib/in® gage) 8.0
Treated water, 1b/bbl FF —-73.5
Cooling water, gal/bbl FF —270
FCC catalyst, 1b/bbl FF -0.16

Note: bbl FF = barrels of fresh feed. Negative values are con-
sumption, positive values are production.

TABLE 3.3.11 Worldwide Capacity

Crude capacity, FCC capacity,
million BPCD million BPCD

North America 20.0 6.5
Asia 20.2 2.7
Western Europe 14.5 2.1
Eastern Europe 10.7 0.8
South America 6.5 1.2
Middle East 6.1 0.3
Africa 32 0.2

Sum 81.2 13.8

BPCD = barrels per calendar day.
Source: Oil and Gas Journal, Dec. 24, 2001.

favored position. The FCC process will continue to play a major role and have a bright
future.
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HISTORY

Stone & Webster (S&W), in association with Institut Frangais du Pétrole (IFP), is the
licenser of the S&W-IFP residual fluid catalytic cracking (R2R) process. The original
S&W-IFP R2R (reactor 2 regenerators) process was developed during the early 1980s by
Total Petroleum Inc. at its Arkansas City, Kansas, and Ardmore, Oklahoma, refineries.
Because the development of this process saw heavy input from an operating company, unit
operability and mechanical durability were incorporated into the design to ensure smooth
operation and long run lengths. To process the heavy, viscous residual feedstocks, which
can contain metals in high concentrations and produce relatively high amounts of coke, the
design incorporates an advanced feed injection system, a unique regeneration strategy, and
a catalyst transfer system which produces extremely stable catalyst circulation. Recent
technology advances have been made in the areas of riser termination, reactant vapor
quench, mix temperature control (MTC), and stripping.

Today 26 full-technology S&W-IFP RFCC units have been licensed worldwide
(revamp and grassroots), more than all other RFCC licensers combined. Within the Pacific
Rim, S&W-IFP’s 19 licensed units outnumber the competition by more than 2 to 1. From
1980 to 2001, there were 20 operating S&W-IFP FCC units totaling more than 190 years
of commercial operation. A licensed R2R, located in Japan, is shown in Fig. 3.4.1. A list-
ing of all S&W-IFP (full-technology) licensed R2R units is shown in Table 3.4.1.

While the conception of this technology was based on processing residual feed, the
technology has been proved and is widely accepted for processing lighter gas oil feed-
stocks. Stone & Webster and IFP have ample experience revamping gas oil FCC units to
upgrade the feed injection system, combustion air distributor, riser termination device, etc.
At present, more than 60 FCC units are processing over 2,400,000 barrels per day (BPD)
of FCC feed employing the S&W-IFP feed injection technology. In fact, S&W-IFP sys-
tems have replaced feed injection systems of virtually every competing licenser and have
always provided measurable benefits.

3.711
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FIGURE 3.4.1 SWI-IFP RFCC unit located in Japan. Photograph shows second- and first-stage
regenerators and main fractionator. Note the external cyclones on the second-stage regenerator.

PROCESS DESCRIPTION

R2R Converter

Two configurations of the grassroots R2R unit are offered. The first, and the most com-
mon, is the stacked regenerator version shown in Fig. 3.4.2, which minimizes plot space.
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TABLE 3.4.1 S&W-IFP Full RFCC Technology Units

Refinery Location Capacity, BPSD  Start-up

A Kansas 20,000 1981
B Oklahoma  25,000/40,000% 1982
C Canada 19,000 1985
D Japan 40,000 1987
E Australia 25,000 1987
F Canada 25,000 1987
G China 23,000 1987
H China 21,000 1989
1 China 28,000 1990
J China 21,000 1990
K China 21,000 1991
L Japan 30,000 1992
M Japan 31,600 1994
N Uruguay 9,000 1994
(0] Singapore 24,000 1995
P Korea 50,000 1995
Q Korea 30,000 1995
R Thailand 37,000 1996
S India 15,000 1997
T Canada 65,000 2000
U India 15,000 2001
\" India 26,000 2002
w India 60,000 2003
X India 65,000 2003
Y Europe 30,000 2004
Z Vietnam 65,000 2004

*Design capacity was 40,000 BPSD. Currently operating at 25,000
BPSD.
Note: BPSD = barrels per stream-day.

The second is side-by-side regenerator design configuration, which is discussed in “FCC
Revamp to RFCC” below and is more typical of FCC units which have been revamped to
RFCC or for units larger than 100,000 B/D.

The process flow will be presented by using the stacked version shown in Fig. 3.4.2.
The RFCC utilizes a riser-reactor, catalyst stripper, first-stage regeneration vessel, second-
stage regeneration vessel, catalyst withdrawal well, and catalyst transfer lines. Process
flow for the side-by-side configuration is identical except for the catalyst transfer between
the first- and second-stage regenerators.

Fresh feed is finely atomized with dispersion steam and injected into the riser through
the feed injection nozzles over a dense catalyst phase. The small droplets of feed contact
the freshly regenerated catalyst and instantaneously vaporize. The oil molecules intimate-
ly mix with the catalyst particles and crack into lighter, more valuable products.

Mix temperature control nozzles inject a selected recycle stream which quenches the
catalyst and feed vapor. This feature allows control of the critical feed-catalyst mix zone
temperature independent of the riser outlet temperature and provides some cooling of
the regenerator. Riser outlet temperature (ROT) is controlled by the regenerated catalyst
slide valve.

As the reaction mixture travels up the riser, the catalyst, steam, and hydrocarbon prod-
uct mixture pass through a riser termination device. S&W-IFP currently offers a number
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FIGURE 3.4.2 S&W IFP RFCC unit process flow diagram.
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of patented technologies for this service. These include rough-cut cyclones with extended
outlet tubes, a linear disengaging device (LD?), a reactor separator stripper (RS?), and
close-coupled cyclones. These devices quickly disengage the catalyst from the steam and
product vapors. Reactant vapors may be quenched after the initial catalyst-vapor separa-
tion, minimizing thermal product degradation reactions. Reactant vapors are then ducted
to the top of the reactor near the reactor cyclone inlets, while catalyst is discharged into the
stripper through a pair of catalyst diplegs.

This ducting minimizes the vapor residence time and undesirable secondary thermal
reactions in the vessel. The vapors and entrained catalyst pass through single-stage high-
efficiency cyclones. Reactor products, inerts, steam, and a minute amount of catalyst flow
into the base of the main fractionator and are separated into various product streams.

Below each dipleg of the primary separator, a steam ring can be added to ensure smooth
catalyst flow out of the bottom. The stripper portion of this vessel can utilize four baffled
stages or contain a proprietary packing material. Steam from the main steam ring fluidizes
the catalyst bed, displaces the entrained hydrocarbons, and strips the adsorbed hydrocar-
bons from the catalyst before it enters the regeneration system. A steam fluffing ring, locat-
ed in the bottom head of the stripper, keeps the catalyst properly fluidized and ensures
smooth catalyst flow through the spent catalyst transfer line.

Stripped catalyst leaves the stripper through the 45° slanted withdrawal nozzle and then
enters a vertical standpipe. The spent catalyst flows down through this standpipe and into
a second 45° lateral section that extends into the first-stage regenerator. The spent catalyst
slide valve is located near the top of this lower 45° transfer line and controls the catalyst
bed level in the stripper. Careful aeration of the catalyst standpipe ensures proper head
buildup and smooth catalyst flow. The flow rates from the aeration taps are adjustable to
maintain stable standpipe density for different catalyst circulation rates or different cata-
lyst types. The catalyst enters the first-stage regenerator through a catalyst distributor
which disperses the catalyst onto and across the bed surface.

Catalyst and combustion air flow countercurrently within first-stage regenerator vessel.
Combustion air is distributed into the regenerator vessel by air rings. These air rings pro-
vide even air distribution across the bed, resulting in proper fluidization and combustion.
A pipe grid can be used as well. Partially regenerated catalyst exits near the bottom of the
vessel through a hollow stem plug valve which controls the first-stage regenerator bed lev-
el. A lift line conveys the partially regenerated catalyst from the first-stage regenerator to
the second stage, utilizing air injected into the line through the hollow stem of the plug
valve. Carbon monoxide-rich flue gases exit the regenerator through two-stage high-effi-
ciency cyclones.

The operational severity of the first-stage regeneration is intentionally mild due to par-
tial combustion. Low temperature results in the catalyst maintaining higher surface area
and activity levels. The coke burn percentage can be varied by shifting the burn to the sec-
ond-stage regenerator, giving the RFCC the operating flexibility for residual as well as gas
oil feedstocks. For residual feed, nearly 70 percent of the coke is burned in the first-stage
regenerator while approximately 50 percent is burned during gas oil operation. Essentially
all the hydrogen on the coke is burned off the coke in the first-stage regenerator; this step,
coupled with low regenerator temperature, minimizes hydrothermal deactivation of the
catalyst.

As the catalyst enters the second-stage regeneration vessel, below the combustion air
ring, a mushroom grid distributes the catalyst evenly across the bottom head. This grid dis-
tributor on the top of the lift line ensures proper distribution of air and catalyst. In the sec-
ond-stage regenerator, the remaining carbon on the catalyst is completely burned off with
excess oxygen, resulting in a higher temperature compared to the first-stage regenerator.
An air ring in this regenerator distributes a portion of the combustion air, while the lift air
provides the remainder of the air. With most of the hydrogen burned in the first stage,
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moisture content in the gases in the second-stage regenerator is low. This allows higher
temperatures in the second-stage regenerator without causing excessive hydrothermal cat-
alyst deactivation.

The second-stage regenerator vessel has minimum internals, which increases the met-
allurgical temperature limitations. Flue gas leaving the regenerator passes through two-
stage external cyclones for catalyst removal. The recovered catalyst is returned to the
regenerator via diplegs, and the flue gas flows to the energy recovery section.

If the feed Conradson carbon residue is greater than 7.0 wt %, a catalyst cooler will be
required for the second-stage regenerator (shown as optional in Fig. 3.4.2) to reduce the
second-stage regenerator temperature to less than 760°C. A dense-phase catalyst cooler
will withdraw catalyst and return it, via an air lift riser, to just beneath the combustion air
ring. Heat is recovered from the catalyst by generating saturated high-pressure steam.
Large adjustments in the catalyst cooler duty can be made by varying the catalyst circula-
tion rate through the catalyst cooler. Fine catalyst cooler duty corrections can be made by
adjusting the fluidization air rate in the cooler. Internal cyclones can be used in the second
regeneration, in this case due to the 760°C maximum temperature limit.

Hot regenerated catalyst flows into a withdrawal well from the second-stage regenera-
tor. The withdrawal well allows the catalyst to deaerate properly to standpipe density
before entering the vertical regenerated catalyst standpipe. This design ensures smooth and
even catalyst flow down the standpipe. Aeration taps, located stepwise down the standpipe,
serve to reaerate the catalyst and replace gas volume lost by compression. Flow rates for
the aeration taps are adjustable to maintain desirable standpipe density, allowing for dif-
ferences in catalyst circulation rates or catalyst types. The catalyst passes through the
regenerated catalyst slide valve, which controls the reactor temperature by regulating the
amount of hot regenerated catalyst to the reactor. The catalyst then flows down the 45°
slanted wye section to the riser base. Fluidization in the wye section ensures stable and
smooth dense-phase catalyst flow to the feed injection zone. A straight vertical section
below the feed nozzles stabilizes the catalyst flow before feed injection and serves as a
reverse seal, preventing oil flow reversal.

Flue Gas Handling

Each RFCC flue gas system is generally unique from one unit to the next because of local
environmental requirements and refiner preference. An example of a basic flue gas han-
dling system is shown in Fig. 3.4.3. The flue gas line from the second regenerator will have
a flue gas slide valve and orifice chamber. The first-stage regenerator flue gas slide valve
(FGSV) controls the pressure differential between the two regenerator vessels, while the
second-stage regenerator FGSV directly controls the pressure of the second-stage regen-
erator.

Large-capacity RFCC units may employ a power recovery train and tertiary cyclone
system on the first-stage regenerator flue gas stream to drive the air blower. Depending on
local particulate emission requirements, an electrostatic precipitator (ESP) or other partic-
ulate recovery device such as a third-stage cyclone system or flue gas scrubber may be
used to recover entrained particulates. Here a flue gas scrubber is included. More stringent
SO, and NO, emission requirements may necessitate a flue gas scrubber, SO, capturing
catalyst additive, or similar process for SO, recovery and/or a selective catalytic reduction
(SCR) unit for NO_mitigation.

A CO incinerator is located just downstream of the first-stage regenerator power recov-
ery equipment and oxidizes all CO gases to CO,, utilizing fuel gas and combustion air. Exit
temperature is typically 980°C with 1 percent excess O,. Gases from the CO incinerator
combine with second-stage regenerator flue gases and enter a flue gas cooler, where heat
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is recovered as high-pressure superheated steam. After going through the wet scrubber, the
flue gases are finally dispersed into the atmosphere through a stack.

Catalyst Handling
The RFCC catalyst handling system has three separate and unique functions:

e Spent catalyst storage and withdrawal
e Fresh catalyst storage and addition
e Equilibrium catalyst storage and addition

The spent hopper receives hot catalyst intermittently from the second-stage regenerator
to maintain proper catalyst inventory during operation. In addition, the spent catalyst hopper
is used to unload, store, and then refill the entire catalyst inventory during R2R shutdowns.

The fresh catalyst hopper provides storage of catalyst for daily makeup. A loader, locat-
ed just beneath the hopper, loads fresh catalyst from the hopper to the first-stage regener-
ator. Fresh catalyst makeup is based on maintaining optimal unit catalyst activity and
should be on a continuous basis.

Unique to R2R designs is a third hopper which is used for equilibrium catalyst. Like
the fresh catalyst hopper, the equilibrium catalyst hopper provides storage of catalyst for
daily makeup. Equilibrium catalyst serves to flush metals from the unit equilibrium cata-
lyst in processing of residual feeds with high metal content. However, equilibrium catalyst
usually does not contribute much to cracking activity.! As a result, the equilibrium catalyst
addition rate is based on targeted metal content on unit equilibrium catalyst, while the
fresh catalyst makeup rate is based on maintaining unit catalyst activity. An equilibrium
catalyst loader is located just beneath the hopper which supplies equilibrium catalyst to the
first-stage regenerator. It is critical that the equilibrium catalyst be compatible with resid-
ual operations and usually should not be more than one-third of the total catalyst makeup.

RFCC FEEDSTOCKS

The most significant advantage of the S&W-IFP R2R process is the flexibility to process
a wide range of feedstocks. Table 3.4.2 lists the range of feedstock properties which have
been successfully processed in the S&W-IFP R2R.

Feedstock to the R2R can take a variety of forms, from a hydrotreated vacuum gas oil
(VGO) to a virgin highly aromatic atmospheric tower bottoms (ATB) such as Arabian
Light ATB. The R2R feedstock can also be a blend of various unit streams such as a VGO
plus coker vacuum gas oil, vacuum tower bottoms (VTB), deasphalted oil (DAO), slop
wax, or lube extract. In fact, the number of possible feed constituents to the R2R is quite
large since almost any hydrocarbon stream can be considered as a potential R2R feed.

What gives the R2R unit the flexibility to process this wide range of feedstocks is pri-
marily the two-stage regenerator design and the minimization of delta coke inherent in the
feed injection, catalyst-vapor separator, and stripper designs. A common index which indi-
cates a feedstock’s tendency to produce feed-derived coke is the Conradson carbon
residue (CCR). As the residual content of a feedstock increases, so does the CCR amount.
Table 3.4.3 compares the maximum CCR levels that can be processed in a two-stage regen-
erator and in a single-stage regenerator.

Recently the increasing need to convert the bottom of the barrel into clean transporta-
tion fuels (low-sulfur) coupled with the decreasing availability of sweet crudes has ignit-
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TABLE 3.4.2 Commercial RFCC Feedstock
Operation Experience

Property Range
Gravity, °API 18-29
Conradson carbon residue, wt % 0-9
Sulfur, wt % 0.1-24
Nitrogen, wt % 0.05-0.35
Metals (Ni + V), wt ppm 0-50
540°C + components, LV % 0-58

Note: °API = degrees on the American Petroleum

Institute scale; LV = liquid volume.

TABLE 3.4.3 Heavy-Feed Processing Capabilities of Various
Heat Rejection Systems

System Conradson carbon residue, wt %

Single-stage regenerator

Full combustion 2.5
Partial combustion 3.5
Partial combustion + MTC 4.0
Catalyst cooler® 10.0

Two-stage regenerator

Alone 6.0
With MTC 7.0
Catalyst cooler® 10.0

*Economic rather than technical limit.

ed an interest in hydrodesulfurization and residual hydrodesulfurization (RDS). Reynolds,
Brown, and Silverman showed that it is economically feasible to upgrade VTB using a vac-
uum RDS (VRDS) process into feedstock for the S&W-IFP R2R unit.? Processing 100 per-
cent VIB in the RFCC is considerably more attractive than processing it in traditional
thermal processors such as delayed and fluid cokers since catalyst yields are superior to
thermally derived products.

Operating Conditions

Like traditional FCC units, the S&W-IFP R2R unit can be operated in maximum distillate,
maximum gasoline, or maximum olefin operational modes. Conversion is decreased for
maximum distillate operations and increased for the maximum olefin operations by adjust-
ing the riser outlet temperature and catalyst activity. Typical range of ROTSs required for the
three operation modes are as follows: maximum distillate, 510°C ROT minimum; maxi-
mum gasoline, 510 to 530°C ROT; and maximum olefins, 530 to 560°C ROT. For maxi-
mum distillate operation, MTC, discussed in “Mix Temperature Control” below, is critical
in order to maintain the required mix temperature to ensure vaporization of the heavy resid-
ual feed at lower riser outlet temperatures. Likewise, reactant vapor quench technology,
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discussed in “BP Product Vapor Quench” below, is especially critical during maximum

olefin operations to reduce postriser thermal cracking at the elevated reactor temperatures.
Other typical operating conditions of the R2R unit are shown in Table 3.4.4. Examples of

observed commercial product yields from S&W-IFP R2R units are shown in Table 3.4.5.

RFCC CATALYST

Catalyst Type

A successful residual cracking operation depends not only on the mechanical design of the
converter but also on the catalyst selection. To maximize the amount of residual content in
the RFCC feed, a low-delta-coke catalyst must be employed. Delta coke is defined as

Delta coke = wt % carbon on spent catalyst — wt % CRC
where CRC = carbon on regenerated catalyst, or as

coke wt % feed
Delta coke = —————(———
catalyst/oil ratio

Delta coke is a very popular index and, when increased, can cause significant rises in

regenerator temperature, ultimately reducing the amount of residual feed that can be
processed. Commercial delta coke consists of the following components:

TABLE 3.4.4 Typical RFCC Operating

Conditions
Reactor
Pressure, kg/cm2 gage 1.1-2.1
Temperature, °C 510-550
MTC recycle, vol % feed 10-25
Feed dispersion steam, wt % feed 2.5-7.0
Stripping steam, kg/1000 kg 2.0-5.0
First-stage regenerator
Pressure, kg/cm2 gage 1.4-25
Temperature, °C 620-690
CO/CO, 0.3-1.0
0,, vol % 0.2
Coke, burn, wt % 50-70
Second-stage regenerator
Pressure, kg/cm?® gage 0.7-1.4%*
Temperature, °C 675-760
0,, vol % 2.0
Coke burn, wt % 30-50

*Second-stage regenerator pressures reflect a stacked
regenerator configuration. For side-by-side regenerator con-
figurations, the second-stage regenerator pressure would be
similar to the first-stage regenerator pressure.
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TABLE 3.4.5 Commercial RFCC Product Yields

Unit (year)
A (1987) B (1993)

Feed properties:

540°C + components, LV % 36 58
CCR, wt % 59 4.9
Gravity, °APIL 22.3 25.1
Yield (LV %):

Dry gas, wt % 43 32

C,-C, 24.9 30.5
Gasoline 60.2 61.5
Light cycle oil 17.5 14.0
Slurry 6.6 4.9
Coke, wt % 7.8 8.0
Conversion 75.9 81.1

e Catalytic coke (deposited slowly as a result of the catalytic reaction)

Feed-derived coke (deposited quickly and dependent on feed CCR)

Occluded coke (entrained hydrocarbons)
e Contaminant coke (coke produced as a result of metal contaminants)

Because the feed-derived coke becomes a large contributor to the overall delta coke in
processing residual feeds, it is crucial that the overall delta coke be minimized in a resid-
ual FCC operation.

Stone & Webster-IFP typically recommends a catalyst with the following properties,
which characterize it as a low-delta-coke catalyst:

e Low rare-earth ultrastable Y (USY) zeolite
e Equilibrium microactivity test (MAT) activity 60 to 65
e Low-delta-coke matrix

At high metal loadings the operator may also consider catalyst with vanadium traps
and/or nickel passivators.

Catalyst Addition

Virgin residual feeds may contain large amounts of metals, which ultimately are deposit-
ed on the catalyst. Because of the mild two-stage regenerators, the catalyst metal content
can be allowed to approach 10,000 wt ppm (Ni + V) before product yields are significantly
affected. For an RFCC operation, catalyst addition is based on maintaining catalyst activ-
ity as well as metals on catalyst as opposed to maintaining only activity for typical FCC
gas oil operations. The most economical way to maintain both activity and metals is to add
both fresh catalyst and purchased equilibrium catalyst. Equilibrium catalyst is an effective
metal-flushing agent; however, equilibrium catalyst does not contribute much cracking
activity.! As a result, equilibrium catalyst is added with fresh catalyst in order to econom-
ically control both the unit catalyst activity and metal content. Care must be taken that the
equilibrium catalyst chosen is compatible with residual operations and should not be more
than one-third of the total catalyst additions.
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TWO-STAGE REGENERATION

In the S&W-IFP two-stage regeneration process, the catalyst is regenerated in two steps:
50 to 70 percent in the first-stage regenerator and the balance in the second-stage regener-
ator. The first-stage regeneration is controlled by operating the first stage in an oxygen-
deficient environment, producing significant amounts of carbon monoxide. Since the heat
of combustion of carbon to carbon monoxide is less than one-third of that for combustion
to carbon dioxide, much less heat is transferred to the catalyst than in a single-stage full-
combustion regenerator. For example, a 30,000 BPSD R2R unit with a feed gravity of
22.5° API and a coke yield of 7.5 wt % at 66 percent coke burn in the first-stage regener-
ator has reduced the heat transferred to the catalyst by approximately 25 X 10° kcal/h over
a full-burn single-stage regenerator.

The remaining carbon on the catalyst is burned in the second-stage regenerator in full-
combustion mode. Because of the possible elevated temperature, external cyclones are
employed to minimize regenerator internals and allow carbon-steel construction.

Comparison of Two-Stage and Single-Stage Regeneration with a Catalyst
Cooler

Although both systems operate to control regenerator temperatures, the principles of oper-
ation are significantly different. The advantages of the two-stage regeneration system
become apparent as the feed becomes heavier and/or its metal content increases. The ben-
efits of a two-stage regeneration system over a single-stage system with a catalyst cooler
are briefly described as follows.

Lower Catalyst Particle Temperature. A catalyst cooler removes heat after it is
produced inside the regenerator, while less heat is produced in the regenerator with a
two-stage regenerator design. This results in a lower catalyst particle temperature
during combustion, reducing overall catalyst deactivation. Since the combustion is
occurring in two steps, the combustion severity of each step is low. In the first-stage
regenerator, the catalyst enters the bed from the top through the spent catalyst
distributor while the combustion air enters the bed at the bottom of the vessel. This
countercurrent movement of catalyst and air prevents the contacting of spent catalyst
(high carbon) with fresh air containing 21 percent oxygen. All these factors result in
lower catalyst thermal deactivation for the two-stage regeneration system.

Lower Hydrothermal Deactivation. While the catalyst is only partially regenerated in
the first stage, most of the water formed by the combustion of the hydrogen in the
coke is removed in this vessel. Figure 3.4.4 shows the percentage of hydrogen on coke
burn as a function of carbon burn. Since the temperature of the first-stage regenerator
is low, catalyst hydrothermal deactivation is significantly reduced. In the second-stage
regenerator, where the bed temperature is high, moisture is minimal and does not pose
a significant hydrothermal deactivation risk for the catalyst.

Better Metal Resistance. When refiners run high-metal feeds, it is very advantageous
to be able to run with high metal levels on the equilibrium catalyst. Studies have
clearly shown that high metal levels (particularly vanadium) lead to excessive catalyst
deactivation in the presence of steam and oxygen. Since most of the steam in a
regenerator comes from the hydrogen in the coke, the moisture content can be
calculated in a straightforward manner. For a single-stage regenerator this will usually
be more than 10 percent moisture. When steam and vanadium react in the presence of
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oxygen, vanadic acid is formed, which attacks the alumina in the catalyst zeolite
structure. Massive dealumination causes the collapse of the zeolite structure, and the
resulting catalyst is left with little activity. The equations

5
2V + 0,5 V0,

and
V,0, + 3H,0 = 2VO (OH) ,

Vanadic acid

describe the generation of vanadic acid. As a result, catalyst in a single-stage regenerator
operating in the presence of excess oxygen and steam is prone to vanadic acid attack. Also
V,0; has a very low melting temperature and can be liquid at typical regenerator condi-
tions.

Staging the regeneration can be particularly effective in this situation. In the first-stage
regenerator, most of the hydrogen (and subsequent water vapor) is removed at low tem-
perature without the presence of oxygen. This is followed by a full-burn second-stage
regenerator where there is excess oxygen but very little moisture. Vanadium destruction of
the catalyst structure is minimized, since very little V,O; is present in the first-stage regen-
erator because of the lack of oxygen and lower temperature, while vanadic acid is mini-
mized in the second-stage regenerator by lack of water. In other words, the reaction

5
2V + EY 0, = V,0,
proceeds very slowly in the first-stage regenerator because of a lack of oxygen while the
reaction
V,0; + 3H,0 — 2VO (OH),

proceeds slowly in the second-stage regenerator because of low steam content.

The two-stage regeneration is clearly less severe with regard to catalyst deactivation;
and this, coupled with the newer generation of catalyst with vanadium traps, will allow
refiners to run heavier crudes more efficiently and economically than ever before.
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Catalyst Cooler System

The S&W-IFP heavy residual R2R units (feed CCR greater than 6.0 wt % or 7.0 wt % with
MTC) design includes well-proven catalyst cooler technologies. The same catalyst cooler
designs can also be provided for an existing FCC regenerator. These designs are operating
in more than 20 crackers, with several more in the design and construction stages. A few
features of the Stone & Webster catalyst cooler systems are

e Dense-phase, downward catalyst flow

e Slide-valve-controlled catalyst circulation
e Turndown capability from O to 100 percent
¢ No tube sheet required

e High mechanical reliability

e Cold wall design

e All carbon-steel construction

High heat-transfer and low tube wall temperature
e 100 percent on-stream factor

Catalyst cooler duties can range from as low as 2 X 10° kcal/h up to 35 X 10° kcal/h.
In the event that more than a 35 X 10° kcal/h cooler is required, multiple catalyst coolers
can be employed on a regenerator.

A schematic diagram for a catalyst cooler coupled to a regenerator (second-stage regen-
erator in a two-stage regeneration system) is shown in Fig. 3.4.5. Catalyst level inside the
cooler is controlled by the inlet catalyst slide valve. Gross temperature control of the
regenerator is achieved by the bottom catalyst slide valve, and fine temperature control is
achieved by the cooler fluidization air. An optional design eliminates the inlet slide valve
and operates with the cooler full of catalyst.

S&W-IFP Technology Features

S&W-IFP offers many technology features which improve the product selectivity, unit
capacity, and operability of our R2R designs. These same features are available to refiners
who wish to upgrade existing FCC units. In fact, various aspects of the S&W-IFP FCC
process have been applied to more than 100 FCC revamps.

Feed Injection System. The feedstock injection system and lower portion of the feed
riser are the most critical parts of the R2R/FCC. The earlier pioneering and patented
developments of Total Petroleum Inc. have convinced the refining industry of the
value and benefits of advanced feed injection. Basic elements of the S&W-IFP feed
injection system are as follows:

e Dense-phase flow of catalyst up to the feed injection point, employing small quantities
of steam to stabilize catalyst flow and maintain a uniform catalyst flux across the riser

Atomization of the feed external to the riser using steam in a simple but efficient two-
fluid nozzle not involving complex internals subject to plugging and erosion

Introduction of feed into an upward-flowing dense phase of catalyst in a manner which
achieves the penetration and turbulence necessary to accomplish rapid heat transfer from
the hot catalyst to the fine oil droplets, ensuring rapid vaporization
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FIGURE 3.4.5 General catalyst cooler arrangement.

Table 3.4.6 lists actual commercial product yield improvements observed after replacing
older feed injection systems with the S&W-IFP design.

Basic elements of the S&W-IFP feed injection nozzles are shown in Fig. 3.4.6. This
two-fluid nozzle works by injecting oil under pressure against a target plate to break the
oil into thin sheets that the steam shears as it moves across and through the oil. The oil mist
is injected into the riser through a specially designed tip which ensures maximum riser
coverage without impinging and damaging the riser wall.

This feed injection system was developed for residual FCC operations where the resid-
ual feed is highly viscous and difficult to atomize. To provide adequate atomization of the
residual feedstock, this nozzle design uses oil pressure, steam pressure, and steam rate. For
vacuum gas oil feedstocks which are considerably easier to atomize, oil pressure and steam
rates can be significantly reduced below those of residual operations.

Mix Temperature Control

An important concern in processing heavy feedstocks with substantial amounts of residual
oil is to ensure rapid feed vaporization. This is critical to minimize unnecessary coke dep-
osition due to incomplete vaporization. Unfortunately, in conventional designs, the mix
temperature is essentially dependent on the riser outlet temperature. Typically the mix tem-
perature is about 20 to 40°C higher than the riser outlet temperature and can be changed
only marginally by the catalyst/oil ratio.

In many cases, raising the riser outlet temperature to adjust the mix temperature is not
desirable since this may result in undesirable nonselective cracking reactions with high
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TABLE 3.4.6 Incremental S&W-IFP Feed
Injection System Product Yields

Delta yields
Product UnitA  UnitB

Dry gas, wt % +0.0 —-1.3
Cy/C,, LV % +1.5 +1.5
Gasoline, LV % +3.4 +6.2
Light cycle oil, LV % +1.6 —4.5
Slurry, LV % —-6.5 -0.3
Coke, wt % +0.0 —0.1
Conversion, LV % +4.9 +4.8

- Primary Atomization:
Oil Inlet + Qil Impact on Target

+ Steam Cross-Shearing

Secondary Atomization:
« Filamenting in barrel
» Spray Shaped by tip

FIGURE 3.4.6 S&W IFP feed injection nozzle.

production of dry gas. The problem becomes even more critical with less severe operating
conditions for maximum distillate production. To address this problem and make the above
objectives compatible with each other, the riser outlet temperature must be independently
adjusted. This is achieved with MTC developed and patented by IFP-Total.

MTC is performed by recycling a selected liquid cut downstream of the fresh feed
injection zone. It roughly separates the riser into two reaction zones:

e An upstream zone, characterized by high temperature, high catalyst/oil ratio, and very
short contact time

e A downstream zone, where the reaction proceeds under more conventional and milder
catalytic cracking conditions

Creating two separate cracking zones in the riser permits fine tuning of the feed vapor-
ization and cracking to desired products. With MTC, it is possible to raise the mix tem-
perature while maintaining or even lowering the riser outlet temperature. Figure 3.4.7
illustrates the MTC nozzle arrangement and the three temperature zones.
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FIGURE 3.4.7 Mix zone temperature control.

The primary objective of the MTC system is to provide an independent control of the
mix temperature. However, as a heat sink device similar to a catalyst cooler, MTC can be
used to increase the amount of residual feed processed in the unit.

Riser Termination Device

Numerous studies have shown that postriser vapor residence time leads to thermal crack-
ing and continued catalyst cracking in the reactor vessel. Unfortunately, these postriser
vapor-phase reactions are extremely nonselective and lead to degradation of valuable lig-
uid products, high dry-gas make, and high hydrogen transfer in liquefied petroleum gas
(LPG) olefins (low olefin selectivity). The factors that contribute to these phenomena are
temperature, time, and surface area. S&W-IFP’s riser termination technology is designed
to control all three factors.

S&W-IFP offer a variety of termination technologies to effectively control postriser
cracking. Rough-cut cyclones with modified outlet tubes, a linear disengaging device
(LD?), and a close-coupled version referred to as a reactor separator-stripper (RS?) have all
been successfully used. A close-coupled system that includes a dilute phase stripper has
also given state-of-the-art performance. Two of these separators are shown in Fig. 3.4.8.

These technologies offer the refiner options that are easy to operate, give low catalyst
carryover, and can provide dilute phase stripping.

BP Product Vapor Quench

This technology was developed and patented by Amoco (now BP) and is offered to the
industry by Stone & Webster and IFP under an exclusive arrangement. Reactant vapors are
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Linear Disengager Reactor Separator Design with Integral Stripper

FIGURE 3.4.8 Linear disengager and reactor separator and stripper.

quenched after leaving the riser termination system substantially free of catalyst, by inject-
ing a light cycle oil quench. By employing quench technology, nonselective thermal reac-
tions are arrested, resulting in higher gasoline yields and lower dry gas production. In
addition, use of the quench technology further preserves the LPG olefins and gasoline
octane, minimizes the formation of diolefins, and enhances gasoline stability.

The effectiveness of vapor quench is shown in Table 3.4.7. The data indicate that a
reduction in dry gas production is observed even at low riser outlet temperatures. As
expected, the impact of quench in terms of dry gas reduction and gasoline yield improve-
ment is more marked at higher temperatures.

The combination of the S&W-IFP riser termination devices and Amoco’s vapor quench
virtually eliminates undesirable postriser reactions.

Stripper Design

The traditional disk and doughnut stripping technology has been successfully used in
grassroots and revamp designs. However, these designs lose efficiency when the catalyst
flux rates approach 1100 to 1200 1b/ft* - min. Structured packing can be used in the place
of the disk and doughnuts or shed decks, with the result being

More stages of stripping
Use of the entire cross-sectional area of the stripper for catalyst flow

Less catalyst entrained to the R, cyclones

Ll e

Reuse of the existing stripper shell

For a new FCC unit, a stripper can be designed that will operate satisfactorily at 2 to 3
times the design catalyst flux. The improved contacting is due to the lower catalyst veloc-
ity going down the stripper which allows smaller steam bubbles to rise rather than having
them either coalesce into larger bubbles to go up the stripper or be simply swept along with
the catalyst to the bottom exit of the vessel.
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TABLE 3.4.7 Impact of Reactor Vapor Quench
on FCC Yields

UnitA UnitB  Unit C

Temperature, °C

Riser outlet 513 549 532

After quench 484 519 494
Yield shifts, wt %

Dry gas —-0.23 —-0.80 —0.66

Gasoline +0.43 +1.80 +2.89

The two types of strippers are shown in Fig. 3.4.9. Since the stripper is a multistage
contacting tower, putting in more efficient contactors improves the overall performance.
This is completely analogous to replacing trays with packing in a distillation tower.

MECHANICAL DESIGN FEATURES

The S&W-IFP R2R mechanical design philosophy is based on multiple concepts to pro-
vide high reliability and maintainability with longer run lengths. Mechanical design efforts
have focused on areas of an FCC unit that have historically caused high maintenance costs
and increased downtime. These efforts have resulted in an overall mechanical design capa-
ble of providing up to 5 years of operation between turnarounds. Some of the features are
discussed here.

Cold Wall Design

The cold wall design concept is emphasized throughout the unit in the riser, reactor, regen-
erators, catalyst cooler, external transfer lines, slide valves, and external cyclone. Internal
refractory insulation of vessel pressure parts sufficiently reduces the skin temperatures to
permit use of less expensive and easier-to-maintain carbon-steel materials. Lower metal
temperatures result in less thermal expansion of the components, minimizing the need for
expansion joints to compensate for differential thermal expansion between interconnected
components and transfer lines.

External surface areas of the pressure parts are exposed for on-line inspection, thereby
reducing inspection and maintenance costs. The internal refractory protects the pressure
shell from catalyst erosion, while metal hot spots can be readily detected before they
progress to a potentially dangerous level.

Feed Nozzle Fabrication

The S&W-IFP proprietary feed injection nozzles are installed through sleeves in the riser
wall. Erosion of the riser wall is avoided by careful selection of the entrance angle of the
sleeve and the design of the nozzle spray angle. The nozzle tip and atomizing chamber are
made from erosion-resistant material to virtually eliminate wear. In the unlikely event of
erosion, those surfaces exposed to erosive conditions are easily replaced and are designed
so that normal maintenance can be performed during a scheduled turnaround with removal
of the nozzle from the vessel sleeve. Typically, it is only necessary to inspect the nozzles
at turnaround, and only rarely is any maintenance required.
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FIGURE 3.4.9 Stripper geometric considerations.

External Cyclones

Cold wall external cyclones are used on the second-stage regenerator to remove them from
the internal, hot environment. The cyclones are attached directly to the cold wall regener-
ator and the minimal differential thermal expansion is easily accommodated. The size and
length/diameter ratio of the external cyclones are not limited by the internal dimensions of
the regenerator; therefore, more efficient cyclones can be designed with a shorter, less
expensive regenerator. In addition, the external cyclones offer longer turnaround cycles,
are insensitive to thermal excursions, and are subject to direct inspections while in opera-
tion. The cyclones can be easily monitored for mechanical reliability by using infrared
cameras and for process performance by monitoring the dipleg levels with level indicators.
Internal cyclones could be used where second-stage temperatures are not expected to
exceed 1400°F (760°C).

Combustion Air Rings

The S&W-IFP design utilizes proprietary combustion air rings instead of dome or pipe
grids. The design provides optimum air distribution and mixing, both vertically and later-
ally, and overcomes problems of material cracking, distributor erosion, and nozzle erosion
experienced with other designs. The use of properly designed nozzles and high-density
refractory material on the rings eliminates all damage due to erosion. A combustion air
ring is shown in Fig. 3.4.10.

FCC REVAMP TO R2R (SECOND-STAGE
REGENERATION ADDITION)

Adding a second-stage regenerator is an effective means of converting an existing FCC
unit to residual service without losing throughput. To date, three FCC units have been
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FIGURE 3.4.10 Combustion air ring.

revamped to include a second-stage regenerator and allow the processing of heavy resid-
ual feedstocks. These designs retain the existing regenerator as the first-stage regenerator
and the reactor/stripper. A new second-stage regenerator, catalyst transfer lines, and a CO
incinerator; a new or supplemental air blower; and a revamp of the flue gas handling facil-
ities are required. By operating the first-stage regenerator in partial combustion mode, as
explained earlier, no additional heat removal facilities will be required up to a feed CCR
of 6.0 wt %. Shown in Fig. 3.4.11 is an FCC unit revamped to include a second-stage
regenerator; the figure indicates both new and existing equipment.
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CHAPTER 4.1
UOP PLATFORMING PROCESS

Mark Lapinski, Lance Baird,
and Robert James
UOP LLC
Des Plaines, Illinois

PROCESS EVOLUTION

The Platforming* process is a UOP*-developed and -engineered catalytic reforming
process in widespread use today throughout the petroleum and petrochemical industries.
The first UOP Platforming unit went on-stream in 1949. The Platforming process has since
become a standard feature in refineries worldwide.

In the Platforming process, light petroleum distillate (naphtha) is contacted with a plat-
inum-containing catalyst at elevated temperatures and hydrogen pressures ranging from
345 to 3450 kPa (50 to 500 1b/in? gage). Platforming produces a high-octane liquid prod-
uct that is rich in aromatic compounds. Chemical-grade hydrogen, light gas, and liquefied
petroleum gas (LPG) are also produced as reaction by-products.

Originally developed to upgrade low-octane-number straight-run naphtha to high-
octane motor fuels, the process has since been applied to the production of LPG and high-
purity aromatics. A wide range of specially prepared platinum-based catalysts permit
tailored processing schemes for optimum operation. With proper feed preparation,
Platforming efficiently handles almost any refinery naphtha.

Since the first Platforming unit was commercialized, UOP has been at the industry
forefront in advancing reforming technology. UOP has made innovations and advances in
process-variable optimization, catalyst formulation, equipment design, and maximization
of liquid and hydrogen yields. Since higher yields and octane are obtained at low pressure
and high severity, innovations at UOP were driven to meet these objectives while control-
ling the coke deposition and catalyst deactivation.

The first Platforming units were designed as semiregenerative (SR), or fixed-bed, units
employing monometallic catalysts. Semiregenerative Platforming units are periodically
shut down to regenerate the catalyst. This regeneration includes burning off catalyst coke
and reconditioning the catalyst’s active metals. To maximize the length of time (cycle)
between regenerations, these early units were operated at high pressures in the range of
2760 to 3450 kPa (400 to 500 Ib/in* gage).

A typical SR Platforming flow diagram is presented in Fig. 4.1.1. In the process flow,
feed to the Platforming unit is mixed with recycled hydrogen gas, preheated by a feed-

*Trademark and/or service mark of UOP.
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FIGURE 4.1.1 UOP Platforming process.

effluent exchanger, further heated to reaction temperature by a fired heater, and then
charged to the reactor section. Because most of the reactions that occur in the Platforming
process are endothermic, the reactor section is separated into several stages, or reactors.
Fired heaters are installed between these reactors to reheat the process stream up to the
correct temperature for the next stage. Effluent from the last reactor is cooled by exchang-
ing heat with the feed for maximum heat recovery. Additional cooling to near-ambient
temperature is provided by air or water cooling. The effluent is then charged to the sepa-
ration section, where the liquid and gas products are separated. A portion of the gas from
the separator is compressed and recycled to the reactor section. The net hydrogen produced
is sent to hydrogen users in the refinery complex or to the fuel header. The separator lig-
uid is pumped to a product stabilizer, where the more-volatile light hydrocarbons are frac-
tionated from the high-octane liquid product.

UOP initially improved the Platforming process by introducing bimetallic catalysts to
SR Platforming units. These catalysts enabled a lower-pressure, higher-severity operation:
about 1380 to 2070 kPa (200 to 300 Ib/in> gage), at 95 to 98 octane with typical cycle
lengths of 1 year. The increased coking of the catalyst at the higher severity limited the
operating run length and the ability to further reduce pressure. Catalyst development alone
could not solve these problems; process innovations were needed. In the 1960s, cyclic
reforming was developed to sidestep this barrier. Cyclic reforming employs fixed-bed
reforming, but the reactors can be individually taken oft-line, regenerated, and then put
back into service without shutting down the unit and losing production.

UOP recognized the limitations of fixed-bed catalyst stability and so commercialized
Platforming with continuous regeneration, the CCR* Platforming process, in 1971. The

*Trademark and/or service mark of UOP.
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process employs continuous catalyst regeneration in which catalyst is continuously removed
from the last reactor, regenerated in a controlled environment, and then transferred back to
the first reactor (Fig. 4.1.2). The CCR Platforming process represents a step change in
reforming technology. With continuous regeneration, coke laydown is no longer an issue
because the coke is continuously burned off and the catalyst is reconditioned to its original
performance. The CCR Platforming process has enabled ultralow-pressure operations at 345
kPa (50 1b/in* gage) and produced product octane levels as high as 108. The continuous
regeneration approach has been very successful with more than 95 percent of the new cat-
alytic reformers being designed as CCR Platforming units. In addition, many units that were
originally built as SR Platforming units have been revamped to CCR Platforming units.

In summary, the UOP Platforming process has evolved continuously throughout its his-
tory. The operating pressure has been lowered by more than 2760 kPa (400 1b/in® gage),
and hydrogen yield has doubled. Product octane was increased by more than 12 numbers
along with a C;+ yield increase of 2 liquid volume percent (LV %). The evolution of UOP
Platforming performance is depicted in Fig. 4.1.3, which shows the increase in both C,+
yield and octane through time and innovation compared to the theoretical limit.

PROCESS CHEMISTRY

Feed and Product Compositions

The Platforming naphtha charge typically contains C, through C,; paraffins, naphthenes,
and aromatics. The primary purpose of the Platforming process is to produce aromatics
from the paraffins and naphthenes. The product stream is a premium-quality gasoline
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FIGURE 4.1.2 UOP CCR Platforming process.
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blending component because of the high-octane values of the aromatics. Alternatively, the
aromatics-rich product stream can be fed to a petrochemical complex where valuable aro-
matic products such as benzene, toluene, and xylene (BTX) can be recovered. In motor
fuel applications, the feedstock generally contains the full range of C, through C,, com-
ponents to maximize gasoline production from the associated crude run. In petrochemical
applications, the feedstock may be adjusted to contain a more-select range of hydrocar-
bons (C, to C,, C to C, C, to C,, and so forth) to tailor the composition of the reformate
product to the desired aromatics components. For either naphtha application, the basic
Platforming reactions are the same.

Naphthas from different crude sources vary greatly in their hydrocarbon composition
and thus in their ease of reforming. The ease with which a particular naphtha feed is
processed in a Platforming unit is determined by the mix of paraffins, naphthenes, and aro-
matics in the feedstock. Aromatic hydrocarbons pass through the unit essentially
unchanged. Naphthenes react relatively easily and are highly selective to aromatic com-
pounds. Paraffin compounds are the most difficult to convert, and the relative severity of
the Platforming operation is determined by the level of paraffin conversion required. Low-
severity (low-octane) operations require little paraffin conversion, but higher-severity
operations require a significant degree of conversion.

Naphthas are characterized as lean (low naphthene and aromatic content) or rich (high
naphthene and aromatic content). Rich naphthas, with a higher proportion of naphthene
components, are easier to process in the Platforming unit. Figure 4.1.4 demonstrates the
effect of naphtha composition on the relative conversion of the feedstock under constant
operating conditions in the Platforming process. A rich naphthenic charge produces a
greater volumetric yield of reformate than does a lean charge.

Reactions

Platforming reactions can generally be grouped into four categories: dehydrogenation, iso-
merization, dehydrocyclization, and cracking. The reactions are promoted by two kinds of
active sites on the catalyst, acidic and metallic. The extent to which each of the reactions
occurs for a given Platforming operation depends on the feedstock quality, operating con-
ditions, and catalyst type.

Because the Platforming feed is made up of many paraffin and naphthene isomers, multi-
ple reforming reactions take place simultaneously in the Platforming reactor. The rates of reac-
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FIGURE 4.1.4 Typical conversion of lean and rich naphthas.

tion vary considerably with the carbon number of the reactant. Therefore, these multiple reac-
tions occur in series and in parallel to one another. The generalized reaction network is illus-
trated in Fig. 4.1.5, and examples of the individual reactions are shown in Fig. 4.1.6.

Dehydrogenation of Naphthenes. The principal Platforming reaction in producing an
aromatic from a naphthene is the dehydrogenation of an alkylcyclohexane. This
reaction takes place rapidly and proceeds essentially to completion. The reaction is
highly endothermic, is favored by high reaction temperature and low pressure, and is
promoted by the metal function of the catalyst. Because this reaction proceeds rapidly
and produces hydrogen as well as aromatics, naphthenes are the most desirable
component in the Platforming feedstock.

Isomerization of Paraffins and Naphthenes. The isomerization of an alkylcyclopentane
to an alkylcyclohexane must take place before an alkylcyclopentane can be converted to an
aromatic. The reaction involves ring rearrangement, and thus ring opening to form a
paraffin is possible. The paraffin isomerization reaction occurs rapidly at commercial
operating temperatures. Thermodynamic equilibrium, however, slightly favors the isomers
that are more highly branched. Because branched-chain isomers have a higher octane than
straight-chain paraffins, this reaction improves product octane. Isomerization reactions are
promoted by the acid function of the catalyst.

Dehydrocyclization of Paraffins. The most-difficult Platforming reaction to promote
is the dehydrocyclization of paraffins. This reaction consists of molecular
rearrangement of a paraffin to a naphthene. Paraffin cyclization becomes easier with
increasing molecular weight of the paraffin because the probability of ring formation
increases. Partially offsetting this effect is the greater likelihood of the heavy paraffins
to hydrocrack. Dehydrocyclization is favored by low pressure and high temperature
and requires both the metal and acid functions of the catalyst.
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Hydrocracking and Dealkylation. In addition to naphthene isomerization and
paraffin cyclization reactions, the acid function catalyzes paraffin hydrocracking.
Paraffin hydrocracking is favored by high temperature and high pressure. As paraffins
crack and disappear from the gasoline boiling range, the remaining aromatics become
concentrated in the product, thereby increasing product octane. However, hydrogen is
consumed, and the net liquid product is reduced, making this reaction undesirable.

Dealkylation of aromatics includes both making the alkyl group (a side chain on the
aromatic ring) smaller and removing the alkyl group completely. Examples are converting
ethylbenzene to toluene and converting toluene to benzene, respectively. If the alkyl side
chain is large enough, the reaction is similar to paraffin cracking. Dealkylation is favored
by high temperature and high pressure.

Relative Reaction Rate

The primary reactions for the C; and C, paraffins proceed at vastly different rates. Because
the hydrocracking rate for hexane is at least 3 times greater than the dehydrocyclization
rate for hexane, only a small fraction of normal hexane is converted to aromatics. The rate
of heptane dehydrocyclization is approximately 4 times that of hexane. Therefore, a sub-
stantially greater conversion of normal heptane to aromatics occurs than for hexane.

Reactions of naphthenes in the feedstock show significant differences between the
alkylcyclopentanes and the alkylcyclohexanes. The alkylcyclopentanes react slowly and
follow two competing paths. The desired reaction is isomerization to an alkylcyclohexane
followed by dehydrogenation to aromatics. The competing reaction is decyclization to
form paraftins. In contrast, the alkylcyclohexanes dehydrogenate rapidly and nearly com-
pletely to aromatics.

The relative ease of isomerization to an alkylcyclohexane increases with increasing car-
bon number. For example, the ratio of alkylcyclopentane isomerization rate to total alkyl-
cyclopentane reaction rate is 0.67 for methylcyclopentane at low pressure. This ratio
increases to 0.81 for dimethylcyclopentane, one carbon number higher.

The conversion of hydrocarbon types as a function of position in the catalyst bed for
a moderate-severity Platforming operation is shown in Figs. 4.1.7 to 4.1.10. The feed-
stock is a rich BTX naphtha with a paraffin, naphthenes, and aromatics (PNA) content
of 42, 34, and 24 wt %, respectively. As the naphtha feed passes through the catalyst bed,
total aromatics concentration increases and the concentration of naphthenes and paraf-
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fins decreases as they undergo conversion (Fig. 4.1.7). The high rate of conversion of
cyclohexanes is shown by the rapidly decreasing concentration of naphthenes in the first
30 percent of the catalyst volume. The remaining naphthene conversion occurs at a slow-
er rate and is indicative of cyclopentane conversion and dehydrocyclization of paraffins
through a naphthene intermediate. By the reactor outlet, the naphthene concentration
approaches a low steady-state value, which represents the naphthene intermediary pres-
ent in the paraffin dehydrocyclization reactions. In contrast, paraffin conversion is near-
ly linear across the reactor bed.

Figure 4.1.8 illustrates the conversion of the three reactive species in the Platforming
feedstock. The relative rates of conversion are markedly different. In the first 20 percent of
the catalyst, 90 percent of the cyclohexanes are converted, but conversion is only 15 per-
cent for cyclopentanes and 10 percent for paraffins. Cyclopentanes are much less reactive
than cyclohexanes.

Figure 4.1.9 shows the relative reaction rate of cyclopentanes by carbon number.
Heavier components, which have a greater probability of isomerizing from a five- to six-
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FIGURE 4.1.10 Paraffin conversion by carbon number.

carbon ring, convert more readily than do the lighter components. The most-difficult reac-
tion, the conversion of paraftins, is characterized by carbon number in Fig. 4.1.10. As with
the cyclopentanes, the heavier paraffins convert more readily than do the lighter paraffins.
The relative ease of conversion associated with increasing carbon number for alkylcy-
clopentanes and paraffins explains why higher-boiling-range feedstocks are easier to
process.

In summary, paraffins have the lowest reactivity and selectivity to aromatics and are the
most difficult components to process in a Platforming unit. Although alkylcyclopentanes
are more reactive and selective than paraffins, they still produce a significant amount of
nonaromatic products. Alkylcyclohexanes are converted rapidly and quantitatively to aro-
matics and make the best reforming feedstock. As a general rule, heavier components con-
vert more easily and selectively to aromatics than do the lighter components.
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Heats of Reaction

Typical heats of reaction for the three broad classes of Platforming reactions are present-
ed in Table 4.1.1. The dehydrocyclization of paraffins and dehydrogenation of naphthenes
are endothermic. In commercial Platforming units, the majority of these reactions take
place across the first two reactors, as indicated by the large negative-temperature differen-
tials observed. In the final reactor, where a combination of paraffin dehydrocyclization and
hydrocracking takes place, the net heat effect in the reactor may be slightly endothermic
or exothermic, depending on processing conditions, feed characteristics, and catalyst.

Catalysts

Platforming catalysts are heterogeneous and composed of a base support material (usual-
ly AL,O,) on which catalytically active metals are placed. The first Platforming catalysts
were monometallic and used platinum as the sole metal. These catalysts were capable of
producing high-octane products; however, because they quickly deactivated as a result of
coke formation on the catalyst, they required higher-pressure, lower-octane Platforming
operations.

As refiners needed greater activity and stability to move to lower pressure and higher
octane, UOP introduced bimetallic catalysts in 1968. These catalysts contained platinum
and a second metal, rhenium, to meet increasing severity requirements. Catalyst metals are
typically added at levels of less than 1 wt % of the catalyst by using techniques that ensure
a high level of metal dispersion over the surface of the catalyst. To develop the acid func-
tionality of the catalyst, a promoter such as chloride or fluoride is added. Most catalyst
development for SR Platforming has followed the path of maximizing the efficiency and
balance of the metal and acid functionalities of the catalyst system.

The performance of UOP commercial fixed-bed catalysts is shown in Fig. 4.1.11. The
R-86* catalyst, which was first commercialized in 2001, has become the preferred SR
Platforming catalyst. Compared to the R-56* catalyst, R-86 provides a 1.0 LV % C,+
yield advantage and increased hydrogen yields while maintaining the same cycle length
and excellent regenerability. The alumina base of R-86 has been reformulated, resulting in
a lower-density support which provides lower coke make, reduced metals requirements,
and reduced reload cost per reactor.

For cyclic reformers, UOP has developed a family of catalysts (both Pt-Re and Pt only)
based on the R-86 support that provides increased yields, high activity, and reduced coke
make. Since cyclic reactors are sequentially taken off-line for regeneration, surface area
stability is important as the number of regenerations increases. UOP is improving the R-
86 support to further enhance the surface area stability to even higher levels, which will
increase the catalyst life and reduce reload costs over time.

With the introduction of the UOP CCR Platforming process in 1971, Platforming cat-
alyst development began a second parallel track to address the specific needs of the con-

*Trademark and/or service mark of UOP.

TABLE 4.1.1 Heats of Reaction AH

Reaction AH, kJ/mol H,

Paraffin to naphthene +44 (endothermic)
Naphthene to aromatic ~ +71 (endothermic)
Hydrocracking —56 (exothermic)
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FIGURE 4.1.11 Performance summary of commercial fixed-bed UOP Platforming catalysts.

tinuous process. The first UOP CCR Platforming unit used a conventional Pt-Re catalyst,
but UOP quickly developed the R-30* series catalyst to provide higher yields of gasoline
and hydrogen. Catalyst development for the CCR Platforming process has focused on the
following areas:

e Lower coke make to reduce regenerator investment.

e Higher tolerance to multiple regeneration cycles to maximize catalyst life and minimize
catalyst costs. Reducing the rate of surface area decline is important because reduced
catalyst surface area increases the difficulty of dispersing the metals on the catalyst sur-
face and obtaining the optimum chloride level.

e High strength to reduce catalyst attrition in the unit.

e Metals optimization to reduce the platinum content of the catalyst and thus reduce the
refinery working-capital requirement.

In 1992, UOP commercialized the R-130* CCR Platforming catalyst series with
improved surface-area stability, activity, and strength compared to the R-30 series. The
improved surface area stability of the R-130 alumina was achieved by modifying the alu-
mina during formation, and it contains no additional components. Other CCR catalyst
manufacturers obtain surface area stability by adding a component to the alumina. This
method may result in a degradation of chloride retention which could decrease catalyst
performance as the number of CCR cycles increases.

In 2000, UOP introduced the new R-200 catalyst series. Compared to the R-130 series,
the R-200 series provides 30 percent less coke, up to 1.5 LV % higher C,+ yields, higher

*Trademark and/or service mark of UOP.
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hydrogen yields, and improved strength with the same high surface area stability. The
reduced coke make allows enhanced operating flexibility by allowing either high through-
puts or higher-octane operations.

PROCESS VARIABLES

This section describes the major process variables and their effect on unit performance.
The process variables are reactor pressure, reactor temperature, space velocity, hydro-
gen/hydrocarbon (H,/HC) molar ratio, chargestock properties, catalyst selectivity, cata-
lyst activity, and catalyst stability. The relationship between the variables and process
performance is generally applicable to both SR and continuous regeneration modes of
operation.

Reactor Pressure

The average reactor operating pressure is generally referred to as reactor pressure. For
practical purposes, a close approximation is the last reactor inlet pressure. The reactor
pressure affects reformer yields, reactor temperature requirement, and catalyst stability.

Reactor pressure has no theoretical limitations, although practical operating constraints
have led to a historical range of operating pressures from 345 to 4830 kPa (50 to 700 Ib/in?
gage). Decreasing the reactor pressure increases hydrogen and reformate yields, decreas-
es the required temperature to achieve product quality, and shortens the catalyst cycle
because it increases the catalyst coking rate. The high coking rates associated with lower
operating pressures require continuous catalyst regeneration.

Reactor Temperature

The primary control for product quality in the Platforming process is the temperature of
the catalyst beds. By adjusting the heater outlet temperatures, a refiner can change the
octane of the reformate and the quantity of aromatics produced.

The reactor temperature is usually expressed as the weighted-average inlet temperature
(WAIT), which is the summation of the product of the fraction of catalyst in each reactor
multiplied by the inlet temperature of the reactor, or as the weighted-average bed temper-
ature (WABT), which is the summation of the product of the fraction of catalyst in each
reactor multiplied by the average of its inlet and outlet temperatures. Temperatures in this
chapter refer to the WAIT calculation. Typically, SR Platforming units have a WAIT range
of 490 to 525°C (914 to 977°F). CCR Platforming units operate at a WAIT of 525 to
540°C (977 to 1004°F).

Space Velocity

Space velocity is defined as the amount of naphtha processed over a given amount of cat-
alyst over a given length of time. The space velocity is an indication of the residence time
of contact between reactants and catalyst. When the hourly volume charge rate of naphtha
is divided by the volume of catalyst in the reactors, the resulting quotient, expressed in
units of h™!, is the liquid hourly space velocity (LHSV). Alternatively, if the weight charge
rate of naphtha is divided by the weight of catalyst, the resulting quotient, also expressed
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in units of h™', is the weighted hourly space velocity (WHSV). Although both terms are
expressed in the same units, the calculations yield different values. Whether LHSV or
WHSYV is used depends on the customary way that feed rates are expressed in a given loca-
tion. Where charge rates are normally expressed in barrels per stream day, LHSV is typi-
cally used. Where the rates are expressed in terms of metric tons per day, WHSV is
preferred.

Space velocity together with reactor temperature determines the octane of the product.
The greater the space velocity, the higher the temperature required to produce a given
product octane. If a refiner wishes to increase the severity of a reformer operation, she or
he can either increase the reactor temperature or lower the space velocity. A change in
space velocity has a small impact on product yields when the WAIT is adjusted to main-
tain constant severity. Higher space velocities may lead to slightly higher yields as a result
of less time available in the reactors for dealkylation reactions to take place. This advan-
tage is partially offset by the higher rate of hydrocracking reactions at higher temperatures.

Hydrogen/Hydrocarbon Molar Ratio

The H,/HC ratio is the ratio of moles of hydrogen in the recycle gas to moles of naphtha
charged to the unit. Recycle hydrogen is necessary to maintain catalyst-life stability by
sweeping reaction products from the catalyst. The rate of coke formation on the catalyst is
a function of the hydrogen partial pressure.

An increase in the H,/HC ratio increases the linear velocity of the combined feed and
supplies a greater heat sink for the endothermic heat of reaction. Increasing the ratio also
increases the hydrogen partial pressure and reduces the coking rate, thereby increasing cat-
alyst stability with little effect on product quality or yields. Directionally, lower H,/HC
ratios provide higher C;+ and hydrogen yields, although this benefit is difficult to meas-
ure in commercially operating units.

Chargestock Properties

The boiling range of Platforming feedstock is typically about 100°C (212°F) to 180°C
(356°F). Chargestocks with a low initial boiling point (IBP), less than 75°C (167°F) meas-
ured according to American Society for Testing and Materials specification ASTM D-86,
generally contain a significant amount of C; components which are not converted to valu-
able aromatics products. These components dilute the final product, thus requiring a high-
er severity to achieve an equivalent product octane. For this reason, feedstocks are
generally C¢+ naphthas. The endpoint of the chargestock is normally set by the gasoline
specifications for the refinery with the realization that a significant rise in endpoint, typi-
cally 15 to 25°C (27 to 45°F), takes place between the naphtha charge and reformate prod-
uct.

The effect of hydrocarbon types in the chargestock on aromatics yield was discussed in
the “Process Chemistry” section and can be further illustrated by examining a broad range
of chargestock compositions. Licensers typically develop a large database of feedstocks
that have been analyzed and tested under controlled conditions to characterize expected
reforming yields over a range of octanes. This database allows yields to be predicted for
future chargestocks of known composition. Four chargestocks of widely varying composi-
tions were chosen from such a database and are summarized in Fig. 4.1.12.

The chargestock range chosen covers lean through rich feeds. The aromatics-plus-
cyclohexanes content is a measure of their ease of conversion, and the paraffins-plus-
cyclopentanes content indicates the difficulty of reforming reactions. The effect of
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feedstock composition on aromatics yield is shown in Fig. 4.1.13. Increasing conversion
leads to an increase in the total yield of aromatics for each of the feedstocks. Feeds that
are easier to process produce the highest yield of aromatics at any level of conversion.

Catalyst Selectivity

Catalyst selection is usually tailored to the refiner’s individual needs. A particular catalyst
is typically chosen to meet the yield, activity, and stability requirements of the refiner. This
customization is accomplished by varying basic catalyst formulation, chloride level, plat-
inum content, and the choice and quantity of any additional metals.

Differences in catalyst types can affect other process variables. For example, the
required temperature to produce a given octane is directly related to the type of catalyst.

Catalyst selectivity can be easily described as the amount of desired product that can
be yielded from a given feedstock. Usually, the selectivity of one catalyst is compared with
that of another. At constant operating conditions and feedstock properties, the catalyst that
can yield the greatest amount of reformate at a given octane in motor fuel applications or
the greatest amount of aromatics in a BTX operation has the greatest selectivity.

Catalyst Activity and Stability

Activity is the ability of a catalyst to promote a desired reaction with respect to reaction
rate, space velocity, or temperature. Activity is also expressed in a relative sense in that one
catalyst is more active than another. In motor fuel applications, activity is generally
expressed as the temperature required to produce reformate at a given octane, space veloc-
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ity, and pressure. A more active catalyst can produce reformate at the desired octane at a
lower temperature.

Activity stability is a measure of the rate at which the catalyst deactivates over time. In
semiregenerative reforming, stability is an indication of how long the catalyst can remain
in operation between regenerations. In CCR Platforming, stability is an indication of how
much coke will be formed while processing a given feed at a given severity, which, in turn,
determines the size of the catalyst regeneration section.

CONTINUOUS PLATFORMING PROCESS

In the years following the invention of Platforming, the need for high-octane gasoline
blend components and the demand for aromatics for petrochemicals steadily increased.
This increasing market demand required refiners to operate their Platforming units at ever-
higher severity. Eventually, improvements in the catalyst and process could not keep up,
and the need to regenerate catalyst at shorter and shorter intervals became a serious limi-
tation of the SR Platforming units. UOP developed the CCR Platforming process to over-
come this limitation. In the CCR Platforming unit, partially coked catalyst in the reactors
is continuously replaced with catalyst that has been freshly regenerated in an external
regenerator (CCR section) to maintain a low average coke for the reactor catalyst. Thus,
continuous high-selectivity and high-activity characteristics associated with new catalyst
can be achieved at significantly higher severities than with the SR Platforming process. For
example, a SR Platforming unit operates at a severity that steadily builds coke up on the
catalyst surface over the length of a cycle (6 to 18 months), at which point the unit is shut
down and the catalyst regenerated. Throughout the cycle, yields decline. In contrast, with
a modern CCR Platforming unit, the catalyst is regenerated approximately every 3 days,
and yield remains constant at fresh catalyst levels.

The CCR Platforming flow scheme incorporates many engineering innovations.
Depending on the size of the unit, many SR Platforming units are also built to include
some of these innovations. This design allows for an easier transition between SR and
CCR Platforming units if the SR Platforming unit is later converted to meet future operat-
ing requirements.
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Movable-Catalyst-Bed System

In a conventional SR Platforming unit, the reactors are configured side-by-side. The CCR
Platforming unit uses a UOP-patented reactor stack. The reactors are stacked one on top
of another to achieve a compact unit that minimizes plot area requirements. The catalyst
flows gently by gravity downward from reactor to reactor, and this flow simplifies catalyst
transfer and minimizes attrition. Catalyst transfer is greatly simplified in comparison to
other reforming technologies, which employ side-by-side reactor configurations that
require the catalyst to be pneumatically lifted from the bottom of each reactor to the top of
the next reactor. In contrast, with the reactor stack, catalyst is lifted only twice during each
cycle: from the bottom of the reactor stack to the top of the regenerator and then from the
bottom of the regenerator back to the top of the reactor stack. The catalyst transfer requires
no operator intervention. Catalyst transfer rates have been designed from as low as 91 kg/h
(200 1b/h) to as high as 2721 kg/h (6000 Ib/h), depending on the capacity and the operat-
ing severity of the Platforming unit.

CCR System

The ability to continuously regenerate a controlled quantity of catalyst is the most signif-
icant innovation of the CCR Platforming unit. The catalyst flows by gravity from the last
reactor into an integral (to the reactor) catalyst collector vessel. The catalyst is then lifted
by either nitrogen or hydrogen lifting gas to a catalyst hopper above the regeneration tow-
er. Catalyst flows to the regeneration tower, where the catalyst is reconditioned.
Regenerated catalyst is then returned to the top of the reactor stack by a transfer system
similar to that used in the reactor-regenerator transfer. Thus, the reactors are continuously
supplied with freshly regenerated catalyst, and product yields are maintained at fresh cat-
alyst levels.

The regeneration and reactor sections of the unit are easily isolated to permit a shut-
down of the regeneration system for normal inspection or maintenance without interrupt-
ing the Platforming operation.

Improvements are continuously being made in the CCR regeneration section design. In
addition to its atmospheric and pressurized regenerators, UOP introduced the CycleMax*
regenerator in 1995 which combines new innovations with the best aspects of previous
CCR designs at lower cost.

Low-Pressure-Drop Features

Minimum pressure drop in the reactor section is critical for efficient ultralow-pressure
operation. Low pressure drop minimizes recycle gas compressor differential pressure and
horsepower. The result is lower utility consumption. The cost for even 1 Ib of additional
pressure drop across the compressor is high. Minimum pressure drop also permits the
operation at the lowest possible average reactor pressure, which increases reformate and
hydrogen yields.

UOP employs a variety of special equipment to minimize the pressure drop through-
out the plant circuit. Either vertical combined feed-effluent exchangers (VCFEs) or new
PACKINOX welded-plate exchangers introduced in the 1990s are used to maximize
thermal efficiency and minimize pressure drop. The patented reactor stack design, fired
heater design, and plot-plan layout further reduce plant pressure drop to achieve mini-
mum compression costs.
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Secondary-Recovery Schemes

Several innovative schemes for increased liquid recovery and separator gas purification
have been developed. The need for increasing liquid recovery is more critical with the low-
er-pressure designs, where the production of hydrogen and C,+ material is increased as a
result of more-selective processing. This advantage can be lost if a recovery system is not
installed downstream of the reactor section. At low operating pressures, the flash pressure
of the separator has been reduced. Consequently, the vapor liquid equilibrium thermody-
namically allows for more C,’s, C,’s, and C,+ material to leave with the vapor, resulting
in valuable C;+ product loss and lower-purity hydrogen production. To avoid this loss,
several types of improved recontacting schemes have been developed.

One scheme often used is reactor-effluent vapor-liquid recontacting. In this scheme,
reactor effluent, after being cooled, is physically separated into vapor and liquid portions.
Part of the vapor is directed to the recycle-compressor suction for use as recycle gas. The
remaining vapor, called the net separator gas, is compressed by a booster compressor and
discharged into either a drum or an adsorber. The liquid from the separator is also pumped
to the drum or absorber to recontact with the net separator gas at elevated pressure to
obtain increased liquid recovery and hydrogen purity.

Another method involves chilling the net separator gas. Depending on downstream
pressure requirements, net gas from either the compressor suction or discharge is cooled
to approximately 5°C (41°F) by a refrigeration system. Separation of the vapor and liquid
at a low temperature improves hydrogen purity and recovers additional liquid, which
would be routed to the stabilizer with the liquid from the low-pressure separator.

In addition, proprietary systems have been developed that even more efficiently recov-
er the liquid product. UOP offers one such system, RECOVERY PLUS,* that improves the
recovery of the liquid product at minimum operating cost.

Advantages of CCR Platforming

From both economic and technical standpoints, the CCR Platforming process has signifi-
cant advantages over the SR Platforming process. The advantages are discussed below.

e The CCR Platforming unit has the highest possible yields because it is capable of the
lowest possible pressure operation. If operated at the same conditions, the SR
Platforming catalyst is completely deactivated after only a few days of operation. In con-
trast, the high catalyst coking rate is easily managed in CCR Platforming by continu-
ously regenerating the catalyst. Both the hydrogen and the C,+ yields are maximized
with the CCR Platforming process. The C,+ yield advantage is illustrated in Fig. 4.1.14,
and the hydrogen yield advantage is shown in Fig. 4.1.15.

e Equally important to high yields in the economics of reforming are constant nondeclining
yields. Yields decline steadily from the beginning to the end of a cycle in SR Platforming as
the catalyst is deactivated by coke deposition. With the CCR Platforming process, the refor-
mate, aromatics, and hydrogen yields remain constant. This result is particularly important
for downstream users because inconsistent quality can lead to their products not meeting
specifications. The constancy of the yields is achieved by the CCR section, which ensures
proper redispersion of the metals and chloride balance to maintain fresh catalyst activity.

¢ CCR Platforming units have higher on-stream efficiency and are able to handle upset
scenarios without long-term shutdown or significant decline in performance. For exam-

*Trademark and/or service mark of UOP.
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ple, a compressor-trip or feed-upset scenario can lead to significant problems with the
SR Platforming unit because of increased coke levels, which inevitably shorten catalyst
cycle length. However, the continuous regeneration of catalyst in the CCR Platforming
unit allows for faster resumption of normal operations. The independent operation of the
reactor and catalyst regeneration sections and the robust design of the CCR Platforming
unit enable the greater on-stream availability for the CCR Platforming unit. Customer
surveys indicate that the average time between planned turnarounds is 3.4 years.

e Since the catalyst is not regenerated in situ, the reactor section operates only in its pri-
mary function of providing the catalytic environment for the reforming reactions. It is
therefore not exposed to harsh regeneration conditions and is less prone to corrosion and
fouling than SR Platforming.

CASE STUDIES

Two cases are presented to compare the SR Platforming and CCR Platforming processes.
The unit capacities are the same for the two modes of operation, but the CCR Platforming
unit is run at a higher operating severity, giving a research octane number (RONC) of 102
as compared to 97 RONC for SR Platforming. The performance advantage of the CCR
Platforming process is clearly demonstrated in the case studies. However, UOP continues
to license SR Platforming units because gasoline specifications vary in different regions of
the world. Some refiners prefer to build a lower-cost SR Platforming unit to meet current
octane requirements. That unit can later be converted to a CCR Platforming unit when
higher-octane gasoline, more hydrogen, or higher throughput is needed.

Operating Conditions

Table 4.1.2 shows the relative operating severities for the SR and CCR Platforming units.
The CCR Platforming unit operates at higher severity and lower reactor catalyst invento-
ry. In addition, the CCR unit runs continuously compared to 12-month SR Platforming
cycle lengths.

Product Yields and Properties

For the operating conditions in Table 4.1.2, Table 4.1.3 clearly shows significant benefits
of the CCR Platforming unit over SR. Significantly higher yields of hydrogen, at high puri-

TABLE 4.1.2 Relative Severities of CCR and SR Platforming Units

Operating mode SR CCR
Catalyst type R-56 R-134
Charge rate, MTD (BPSD) 2351 (20,000) 2351 (20,000)
LHSV, h! Base Base X 1.8
H,/HC Base Base X 0.5
RONC 97 102
Reactor pressure, kPa (Ib/in® gage) Base (Base) Base — 1035 (Base — 150)
Separator pressure, kPa (lb/in2 gage)  Base (Base) Base — 1000 (Base — 145)
Cycle life, months 12 Continuous

Note: MTD = metric tons per day; BPSD = barrels per stream-day.
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TABLE 4.1.3  Yield Comparison of CCR and SR Platforming Units

SR CCR Delta
Hydrogen yield, SCFB 1085 1709.0  +624.0
Hydrogen purity, mol % 80 92.6 +12.6
C;+ yield, LV % 79.3 79.4 +0.1
C,+ yield, wt % 85.2 88.2 +3
Octane-barrel, 10° bbl/yr 513 583 +80
Octane-ton yield, 10° MTA 64.9 76.3 +11.4

Note: SCFB = standard cubic feet per barrel; MTA = metric tons per annum.
Octane-ton yield = product of the reformate yield, octane, and operating days.

ty, are produced by the CCR. For C,+ yields, the higher severity of the CCR Platforming
unit results in similar liquid volume for the two units. However, the reformate produced by
the CCR Platforming unit is more valuable than that produced by the SR Platforming unit.
Taking into account both the higher octane value and the increased on-stream efficiency of
the CCR Platforming unit, 80 million more octane-barrels, or 11.4 million more metric
octane-tons, are produced per year with the CCR Platforming unit than with the SR
Platforming unit.

Economics

The estimated erected cost (EEC) for the two units is presented in Table 4.1.4. The EEC is
based on fourth-quarter, 1995, U.S. Gulf Coast, inside-battery-limits erection to UOP stan-
dards. The EEC for the CCR Platforming unit is higher than that for the SR Platforming
unit. The main difference in cost is for the CCR regeneration section. The choice of the
Platforming mode of operation depends on capital available and operating severity
required. In general, the break point between SR Platforming and CCR Platforming units
is an operating severity of 98 RONC. In some regions of the world, 98 RONC or lower
severity is sufficient to meet the local gasoline requirements. Many of the new SR
Platforming units are built with a reactor stack and with the flexibility to be converted to
CCR Platforming units at a later date. Thus, the cost of the CCR section is spread out over
a longer period, and the profits made from the SR Platforming operation can be used to
finance it.

However, to meet the gasoline restrictions in many regions of the world or to produce aro-
matics, an operating severity higher than 98 RONC is required. Moreover, for aromatics pro-
duction, the operating severity is typically 104 to 106 RONC. Therefore, in these cases the
CCR Platforming process is the only feasible mode of operation. Typically, the increased
yields and octane (that is, more and higher-value product), increased on-stream efficiency,
and better operating flexibility quickly pay back the incremental cost difference.

The estimated operating requirements for the two units are presented in Table 4.1.5.
These estimates are based on the assumption that the units are operated at 100 percent of
design capacity at yearly average conditions.

UOP’s design philosophy is to minimize consumption of utilities and maximize ener-
gy conservation within economic constraints. The operating requirements of the CCR
Platforming unit are higher because of the CCR regenerator, lower-pressure operation, and
a more intricate recontacting scheme.

The operating revenues and costs expected for the SR and CCR Platforming units are
listed in Table 4.1.6 and summarized in Table 4.1.7. The nomenclature used by UOP fol-
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TABLE 4.1.4 Estimated Erected Cost

Cost, million $ U.S.

SR CCR
Estimated erected cost 33 48.3
Catalyst base cost 0.9 1.1
Catalyst Pt cost 2.5 1.5
TABLE 4.1.5 Operating Requirements
SR CCR
Electric power, kWh 246 6142
Fuel fired, million kcal (106 Btu) 44.1 (175) 55.4 (220)
Cooling water, m*h (gal/min) 293 (1290) 534 (2350)
High-pressure steam generated,* MT/h (1000 1b/h) 6.3 (14) 9.5 (21)
Boiler feedwater, MT/h (1000 1b/h) 16.6 (36.5)  2.16 (47.6)
Condensate return,* MT/h (1000 1b/h) 8.6 (19) 11.1 (24.4)
*Net stream, exported unit.
Note: MT/h = metric tons per hour.
TABLE 4.1.6 Operating Economics
$/day
SR CCR

Product value

C;+, SR at $23/bbl and CCR at $24.60/bbl* 358,640* 392,790

H,, $0.34/b 38,990 61,585
LPG, $14/bbl 7,155 11,380
Fuel gas, $0.05/1b 30,860 11,220
Total value 435,645 476,975
Total value, million $/yr 145 172
Operating days/yr 333 360
Operating costs
Feedstock cost, $18.50/bbl 370,000 370,000
Utility costs:
Electric power, 5 cents/kWh 300 7,370
Fuel fired, $2.10/10° Btu 8,820 11,090
Cooling water, $0.10/1000 gal 190 340
Boiler feedwater, $0.40/1000 Ib 350 460
Condensate return, $0.40/1000 1b (+)180 (+)235
Steam make, at $3.45/1000 1b (+)1,140  (+)1,740
Total cost 378,340 387,285
Total cost, million $/yr 126 139

*At 97 and 102 RONC, respectively.
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TABLE 4.1.7 Economic Summary

Description SR CCR
Gross key* product value, million $/yr 120 141
Raw materials less by-products,f million $/yr 98 103
Consumables,§ million $/yr 0.3 0.75
Utilities, million $/yr 2.8 6.2
Total fixed costs,J million $/yr 5.5 6.5
Capital charges, million $/yr 3.5 5.2
Net cost of production, million $/yr 110 122
Pretax profit, million $/yr 10 20
Pretax return on investment, % 30 41
Payout period (gross), yr 1.5 1.3

*The key product is the octane-barrels of reformate.

TVariable costs

#Defined as the feed cost minus the value of the by-products, which are
LPG, hydrogen, and fuel gas.

§Includes catalyst and platinum makeup from attrition and recovery losses.

J[Includes labor, maintenance, overhead, and capital expenses.

TABLE 4.1.8 UOP Nomenclature for Economic Analysis

Term Definition

Gross margin A measure of net receipts exclusive of all capital and operating expenses

Variable costs Manufacturing costs that are directly related to the production rate

Fixed costs Manufacturing costs that are constant regardless of the production rate

Gross profit The total net income prior to considering income tax deductions (key prod-
uct revenue minus cash cost of production)

Capital charges Depreciation and amortization expenses associated with the capital plant
investment

Net cost of production ~ Total manufacturing costs inclusive of capital charges

Pretax return Portion of the gross profit that is subject to income taxes; also termed fax-
able income

Pretax return on Simplified approximation of the annual percentage of return that can

investment (ROI) be expected for each dollar invested. Expressed as the ratio of pretax

profits to total plant investment; does not consider compounded
interest effects

lows standard definitions. For clarification, the definitions for the economic parameters are
listed in Table 4.1.8.

The economics shown in Tables 4.1.6 and 4.1.7 are favorable for either mode of oper-
ation. Both modes of operation have a payback time of less than 2 years. However, the eco-
nomics of the CCR Platforming process are superior as a direct result of the differences in
operating severity and flexibility of the two modes of operations. The CCR Platforming
unit produces more valuable reformate at 102 RONC ($24.60 per barrel) versus the SR
Platforming reformate at 97 RONC ($23.00 per barrel). On-stream efficiency of the CCR
Platforming unit is 8640 h/yr compared to 8000 h/yr for the SR Platforming unit. Although
the CCR Platforming utility costs are higher than those for the SR Platforming unit, these
costs are offset by the increase in both product quantity and value, as demonstrated by pre-
tax profit and return on investment.
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UOP COMMERCIAL EXPERIENCE

UOP has designed more than 730 Platforming (both SR and CCR) units around the world
with a total feedstock capacity of more than 9.1 million barrels per stream-day (BPSD).
The feedstocks range from benzene-toluene (BT) cuts to full-range, lean Middle East
naphthas and rich U.S. and African naphthas and hydrocracked stocks with capacities
ranging from 150 to 60,000 BPSD. Research octane numbers run from 93 to 108 over a
wide range of catalysts.

The UOP CCR Platforming process is the most successful reforming process offered
by any licenser. As of mid-2002, UOP’s unparalleled commercial experience includes

e 171 UOP CCR Platforming units operating around the world

e 52 units operating at state-of-the-art reactor pressure of 75 Ib/in> gage
e 82 units operating at or below 100 1b/in> gage reactor pressure
4,000,000 BPSD CCR Platforming unit operating capacity

99.5% of all CCR Platforming units ever started up still operating

31 more UOP CCR Platforming units in design and construction

RZ PLATFORMING

RZ Platforming is the latest development in UOP’s long tradition of reforming process
improvements. The process is built around a new type of catalyst called RZ-100. RZ-100
is a zeolitic catalyst, activated with platinum, that gives the highest obtainable yields of
benzene (B) and toluene (T) from naphtha feedstocks. The RZ process is ideally suited for
use in aromatics production facilities especially when large amounts of benzene are
required. The ability of the RZ Platforming process to convert light, paraffinic feeds and
its flexibility in processing straight-run naphtha fractions provide many options for
improving aromatics production and supplying highly desired hydrogen.

Chemistry and Catalyst

The function of the BT reformer is to efficiently convert paraffins and naphthenes to aro-
matics with as little naphthene ring opening or paraffin cracking as possible. The cracking
reactions lead to the production of undesirable light gas products at the expense of BT
yields and hydrogen.

The RZ-100 catalyst differs greatly in the production of aromatics from conventional
reforming catalyst. The selectivities of RZ Platforming for toluene and benzene are
approximately factors of 2 and 4 greater, respectively, than previous state-of-the-art
reforming catalysts. Figure 4.1.16 illustrates the differences for aromatic yields as a func-
tion of the feed paraffin carbon number.

The RZ-100 catalyst selectivity to BT is achieved through platinum-catalyzed cycliza-
tion of paraffins in contrast to the predominantly acid-catalyzed route in conventional
reforming. The absence of acid sites allows the RZ-100 catalyst to form aromatics without
producing significant light by-products through cracking.

Though significantly different in reaction mechanism and aromatic selectively, the RZ-
100 catalyst is operated in a similar fashion to conventional fixed-bed reforming catalysts.
The extruded catalyst is operated with cycle lengths of 6 months to 1 year. During the
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FIGURE 4.1.16 Aromatic yield differences of RZ versus conventional Platforming.

cycle, the temperature is increased to maintain BT production as the catalyst is deactivat-
ing. Cycle lengths are determined when temperature limits are reached or when a shut-
down of other operating units in the refinery provides a convenient opportunity for RZ-100
catalyst regeneration. Once it is regenerated, the catalyst performance is identical to that
of the previous cycle.

Process Description

The RZ Platforming process is similar in configuration to other Platforming processes;
however, the greater conversion of C, and C, hydrocarbons translates to higher heats of
reaction. If maximum yields of B and T are desired, a five-reactor system is usually
employed. A simplified flow schematic is shown in Fig. 4.1.17. Treated naphtha feed is
combined with recycled hydrogen gas and heat exchanged against reactor effluent. The
combined feed is then raised to reaction temperature in the charge heater and sent to the
reactor section. Adiabatic, radial-flow reactors are arranged in a conventional side-by-side
pattern. The predominant reactions are endothermic so an interheater is used between each
reactor to reheat the charge to the reaction temperature. Flue gas from the fired heaters is
typically used to generate high-pressure steam, but other heat integration options are avail-
able. The effluent from the last reactor is heat-exchanged against the combined feed,
cooled, and phase-split into vapor and liquid products in a separator. The vapor phase is
rich in hydrogen gas, and a portion of the gas is compressed and recycled to the reactors.
The net hydrogen-rich gas is compressed and charged together with the separator liquid
phase to the product recovery section. The liquid product from the recovery section is sent
to a stabilizer where light saturates are removed from the C + aromatic product. Since
zeolite reforming catalysts are more sensitive to sulfur poisoning than conventional
Platforming catalyst, a sulfur scavenger system is used to maintain the sulfur concentra-
tion below 0.1 ppm.
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The RZ-100 catalyst deactivates over time at reaction conditions and needs to be regen-
erated. The typical cycle lengths are 8 to 12 months. The catalyst system is designed to be
regenerated ex situ.

Process Performance

Although CCR Platforming is the most efficient process for producing xylenes (X) from
heavier naphtha fractions, the conversion of C, and C, paraffins to aromatics is normal-
ly below 50 percent, even at low pressure. The RZ-100 catalyst offers high aromatic
selectivity even when processing the most difficult C,; and C, paraffin feed components.

The selectivity and yield advantages of the RZ-100 catalyst can be demonstrated by
examining pilot-plant data using a raffinate feed consisting primarily of C, and C, paraf-
fins. The pilot-plant feed LHSV and pressure were held constant while the reactor tem-
perature was varied to obtain a wide range of paraffin conversion. Figure 4.1.18 shows
that the RZ-100 catalyst produced up to 25 wt % more aromatics at a given paraffin con-
version. Since more of the light paraffins were selectively converted to aromatics, less
hydrogen was consumed for other reactions such as cracking. For the pilot-plant tests,
the hydrogen yield for the RZ-100 catalyst was about double that of the CCR
Platforming catalyst.

Feedstocks

Feedstocks to the RZ Platforming unit can range from extraction unit raffinate to BTX
naphtha. A very effective application for the RZ-100 catalyst is the production of aromat-
ics and hydrogen from light, paraffin feeds, such as a BT raffinate. The RZ-100 catalyst
can also be used in parallel with a second reforming unit (semiregenerative or CCR unit)
to optimize the production of the desired aromatics by processing different fractions of the
hydrotreated feed. In such cases, the conventional reformer can be dedicated to processing

70
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FIGURE 4.1.18 Aromatic yields from raffinate.
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the heavier feed fraction, taking advantage of its superior ability to produce xylenes. The
light naphtha, which is rich in C, and C, components, can be routed to the RZ Platforming
unit, where selectivity for converting light paraffins to benzene and toluene is greatest. A
yield comparison for light naphtha is shown in Fig. 4.1.19.

Aromatics Complex Applications

Modern petrochemical complexes produce a wide range of aromatic products including
benzene, toluene, ethyl benzene, xylene isomers, and various higher-boiling aromatic
components. Feedstock for these plants is traditionally a naphtha distilled to produce 6
through 11 carbon numbered species. The naphtha is fed to a high-severity reformer (CCR)
where the aromatic compounds are formed. When higher yields of aromatics, especially
benzene, are desired from an aromatic complex, RZ Platforming can be used, as shown in
Fig. 4.1.20. The normal feed naphtha is first distilled in a prefractionator to form a C,-C,-
based material as feed to the RZ Platformer and a Cy+ material as feed to the convention-
al high-severity reformer. Deployed in this manner, each catalyst processes its optimum
feedstock. Table 4.1.9 compares the overall yields from an aromatics complex with and
without RZ-100 while processing a conventional naphtha. In addition, the aromatics com-
plex producer has the option of recycling extraction raffinate to the RZ Platformer to
obtain additional aromatic yields.

Economics

A summary of investment cost and utility consumption is given in Table 4.1.10 for an
860,000-MTA (20,000-BPD) RZ Platformer operating on a light naphtha feed to produce
benzene and toluene as a feedstock to an aromatics complex.

. Cs+ Nonaromatics
Cs+ Nonaromatics C,-C4 25.9%

24.1% 21.8%

Aromatics Aromatics
52.3% 65.6 %

(@) (b)

FIGURE 4.1.19 Yield differences for light naphtha feed. (a) Conventional semiregenerative; (b) RZ
Platforming.

C,-C,
43%

Hydrogen
4.2%
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FIGURE 4.1.20 Use of CCR and RZ Platforming units. (a) CCR case; (b) split-flow case.

TABLE 4.1.9 Overall Yield Comparison, wt %

Conventional Split-flow
CCR platformer RZ Platformer

Hydrogen 291 4.46
Gas 12.23 14.31
LPG 8.68 5.80
Raffinate 15.24 0.00
Benzene 15.93 29.38
Para-Xylene 38.82 39.93
Heavies 6.07 6.13

Naphtha 100.00 100.00
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TABLE 4.1.10 Economics for RZ Platformer

Estimated ISBL cost, million $ U.S. 46.2
Utilities
Electric power, kW 6500
Fuel fired, 10° kcal/h 82
Cooling water, m’/h 700
Exported high-pressure steam, MT/h 5
Imported medium-pressure steam, MT/h 20
Imported boiler feedwater, MT/h 28
Exported condensate, MT/h 43

Commercial Experience

4.31

The first UOP RZ Platforming unit was brought on-stream in August 1998. The RZ-100
catalyst system performance continues to meet all expectations of activity, selectivity, and
stability. The RZ Platforming process is backed by the commercial experience of the full

range of UOP Platforming catalyst systems.
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CHAPTER 5.1

UOP OLEFLEX PROCESS FOR
LIGHT OLEFIN PRODUCTION

Joseph Gregor and Daniel Wei

UOP LLC
Des Plaines, Illinois

INTRODUCTION

The UOP* Oleflex* process is catalytic dehydrogenation technology for the production
of light olefins from their corresponding paraffin. An Oleflex unit can dehydrogenate
propane, isobutane, normal butane, or isopentane feedstocks separately or as mixtures
spanning two consecutive carbon numbers. This process was commercialized in 1990,
and by 2002 more than 1,250,000 metric tons per year (MTA) of propylene and more
than 2,800,000 MTA of isobutylene were produced from Oleflex units located through-
out the world.

PROCESS DESCRIPTION

The UOP Oleflex process is best described by separating the technology into three dif-
ferent sections:

e Reactor section
e Product recovery section

e Catalyst regeneration section

Reactor Section

Hydrocarbon feed is mixed with hydrogen-rich recycle gas (Fig. 5.1.1). This combined
feed is heated to the desired reactor inlet temperature and converted at high monoolefin
selectivity in the reactors.

*Trademark and/or service mark of UOP.

5.3
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FIGURE 5.1.1 Oleflex process flow.

The reactor section consists of several radial-flow reactors, charge and interstage
heaters, and a reactor feed-effluent heat exchanger. The diagram shows a unit with four
reactors, which would be typical for a unit processing propane feed. Three reactors are
used for butane or isopentane dehydrogenation. Three reactors are also used for blends of
C,-C, or C,-C, feeds.

Because the reaction is endothermic, conversion is maintained by supplying heat
through interstage heaters. The effluent leaves the last reactor, exchanges heat with the
combined feed, and is sent to the product recovery section.

Product Recovery Section

A simplified product recovery section is also shown in Fig. 5.1.1. The reactor effluent
is cooled, compressed, dried, and sent to a cryogenic separation system. The dryers
serve two functions: (1) to remove trace amounts of water formed from the catalyst
regeneration and (2) to remove hydrogen sulfide. The treated effluent is partially con-
densed in the cold separation system and directed to a separator.

Two products come from the Oleflex product recovery section: separator gas and sep-
arator liquid. The gas from the cold high-pressure separator is expanded and divided into
two streams: recycle gas and net gas. The net gas is recovered at 90 to 93 mol % hydrogen
purity. The impurities in the hydrogen product consist primarily of methane and ethane.
The separator liquid, which consists primarily of the olefin product and unconverted paraf-
fin, is sent downstream for processing.

Catalyst Regeneration Section

The regeneration section, shown in Fig. 5.1.2, is similar to the CCR* unit used in the
UOP Platforming* process. The CCR unit performs four functions:

e Burns the coke off the catalyst

e Redistributes the platinum

*Trademark and/or service mark of UOP.
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FIGURE 5.1.2  Oleflex regeneration section.

e Removes the excess moisture
e Reduces the catalyst prior to returning to the reactors

The slowly moving bed of catalyst circulates in a loop through the reactors and the
regenerator. The cycle time around the loop can be adjusted within broad limits but is typ-
ically anywhere from 5 to 10 days, depending on the severity of the Oleflex operation and
the need for regeneration. The regeneration section can be stored for a time without inter-
rupting the catalytic dehydrogenation process in the reactor and recovery sections.

DEHYDROGENATION PLANTS

Propylene Plant

Oleflex process units typically operate in conjunction with fractionators and other
process units within a production plant. In a propylene plant (Figure 5.1.3), a propane-
rich liquefied petroleum gas (LPG) feedstock is sent to a depropanizer to reject butanes
and heavier hydrocarbons. The depropanizer overhead is then directed to the Oleflex
unit. The once-through conversion of propane is approximately 40 percent, which
closely approaches the equilibrium value defined by the Oleflex process conditions.
Approximately 90 percent of the propane conversion reactions are selective to propy-
lene and hydrogen; the result is a propylene mass selectivity in excess of 85 wt %. Two
product streams are created within the C; Oleflex unit: a hydrogen-rich vapor product
and a liquid product rich in propane and propylene.

Trace levels of methyl acetylene and propadiene are removed from the Oleflex liquid
product by selective hydrogenation. The selective diolefin and acetylene hydrogenation
step is accomplished with the Hiils SHP process, which is available for license through
UOP. The SHP process selectively saturates diolefins and acetylenes to monoolefins
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FIGURE 5.1.3  C, Oleflex plant.

without saturating propylene. The process consists of a single liquid-phase reactor. The
diolefins plus acetylene content of the propylene product is less than 5 wt ppm.

Ethane and lighter material enter the propylene plant in the fresh feed and are also cre-
ated by nonselective reactions within the Oleflex unit. These light ends are rejected from
the complex by a deethanizer column. The deethanizer bottoms are then directed to a
propane-propylene (P-P) splitter. The splitter produces high-purity propylene as the over-
head product. Typical propylene purity ranges between 99.5 and 99.8 wt %. Unconverted
propane from the Oleflex unit concentrates in the splitter bottoms and is returned to the
depropanizer for recycle to the Oleflex unit.

Ether Complex

A typical etherification complex configuration is shown in Fig. 5.1.4 for the production
of methyl tertiary butyl ether (MTBE) from butanes and methanol. Ethanol can be sub-
stituted for methanol to make ethyl tertiary butyl ether (ETBE) with the same process
configuration. Furthermore, isopentane may be used in addition to or instead of field
butanes to make tertiary amyl methyl ether (TAME) or tertiary amyl ethyl ether
(TAEE). The complex configuration for a C; dehydrogenation complex varies accord-
ing to the feedstock composition and processing objectives.
Three primary catalytic processes are used in an MTBE complex:

¢ Paraffin isomerization to convert normal butane into isobutane
e Dehydrogenation to convert isobutane into isobutylene

o Etherification to react isobutylene with methanol to make MTBE

Field butanes, a mixture of normal butane and isobutane obtained from natural gas con-
densate, are fed to a deisobutanizer (DIB) column. The DIB column prepares an isobutane
overhead product, rejects any pentane or heavier material in the DIB bottoms, and makes
a normal butane sidecut for feed to the paraffin isomerization unit.

The DIB overhead is directed to the Oleflex unit. The once-through conversion of
isobutane is approximately 50 percent. About 91 percent of the isobutane conversion reac-
tions are selective to isobutylene and hydrogen. On a mass basis, the isobutylene selectivity
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FIGURE 5.14 MTBE production facility.

is 88 wt %. Two product streams are created within the C, Oleflex unit: a hydrogen-rich
vapor product and a liquid product rich in isobutane and isobutylene.

The C, Oleflex liquid product is sent to an etherification unit, where methanol reacts
with isobutylene to make MTBE. Isobutylene conversion is greater than 99 percent, and
the MTBE selectivity is greater than 99.5 percent. Raffinate from the etherification unit is
depropanized to remove propane and lighter material. The depropanizer bottoms are then
dried, saturated, and returned to the DIB column.

PROPYLENE PRODUCTION ECONOMICS

A plant producing 350,000 MTA of propylene is chosen to illustrate process econom-
ics. Given the more favorable C, and C; olefin equilibrium, butylene and amylene pro-
duction costs are lower per unit of olefln when adjusted for any differential in feedstock
value. The basis used for economic calculations is shown in Table 5.1.1. This basis is
typical for U.S. Gulf Coast prices prevailing in mid-2002 and can be used to show that
the pretax return on investment for such a plant is approximately 24 percent.

Material Balance

The LPG feedstock is the largest cost component of propylene production. The quantity of
propane consumed per unit of propylene product is primarily determined by the selectivi-
ty of the Oleflex unit because fractionation losses throughout the propylene plant are small.
The Oleflex selectivity to propylene is 90 mol % (85 wt %), and the production of 1.0 met-
ric ton (MT) of propylene requires approximately 1.2 MT of propane.

An overall mass balance for the production of polymer-grade propylene from C, LPG
is shown in Table 5.1.2 for a polymer-grade propylene plant producing 350,000 MTA,
based on 8000 operating hours per year. The fresh LPG feedstock is assumed to be 94 LV %
propane with 3 LV % ethane and 3 LV % butane. The native ethane in the feed is rejected in
the deethanizer along with light ends produced in the Oleflex unit and used as process fuel.
The butanes are rejected from the depropanizer bottoms. This small butane-rich
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TABLE 5.1.1 Utility, Feed, and Product Valuations for Economic

Calculations
Utility values

Fuel gas $2.80/million Btu $11.10/million kcal
Boiler feed water $0.45/klb $1.00/MT
Cooling water $0.12/kgal $0.03/m’
Electric power $0.05/kWh $0.05/kWh

Feed and product values
C, LPG (94 LU % propane)  $0.35/gal $180/MT
Propylene (99.5 wt %) $0.19/1b $420/MT

Note: MT = metric tons; SCF = standard cubic feet.

TABLE 5.1.2 Material Balance for a 350,000-MTA Propylene

Plant
Flow rate, Flow rate,
MT/h MTA
Feed:
C, LPG (94 LV % propane) 55.00 440,000
Products:
Propylene (99.5 wt %) 43.75 350,000
Fuel by-products 11.25 90,000
Total products 55.00 440,000

Note: MT/h = metric tons per hour; MTA = metric tons per annum.

stream could be used as either a by-product or as fuel. In this example, the depropanizer
bottoms were used as fuel within the plant.

The Oleflex process coproduces high-quality hydrogen. Project economics benefit
when a hydrogen consumer is available in the vicinity of the propylene plant. If chemical
hydrogen cannot be exported, then hydrogen is used as process fuel. This evaluation
assumes that hydrogen is used as fuel within the plant.

Utility Requirements

Utility requirements for a plant producing 350,000 MTA of propylene are summarized
in Table 5.1.3. These estimates are based on the use of an extracting steam turbine to
drive the Oleflex reactor effluent compressor. A water-cooled surface condenser is used
on the steam turbine exhaust. A condensing steam driver was chosen in this example for
the propane-propylene splitter heat-pump compressor.

Propylene Production Costs

Representative costs for producing 350,000 MTA of polymer-grade propylene using the
Oleflex process are shown in Table 5.1.4. These costs are based on feed and product



UOP OLEFLEX PROCESS FOR LIGHT OLEFINS 5.9

TABLE 5.1.3 Net Utility Requirements for a 350,000-MTA
Propylene Plant

Utility cost

Utility requirements Consumption $/h $/MTA C,
Electric power 6,500 kW 325 7.43
Boiler feed water 10 MT/h 10 0.23
Cooling water 6,000 m3/h 180 4.11
Fuel gas (13.1 million kcal/h) 145 3.31
Net utilities 15.08

Note: MTA = metric tons per annum; MT/h = metric tons per hour.

TABLE 5.1.4 Cost for Producing 350,000 MTA of Polymer-Grade
Propylene Using the Oleflex Process

Costs
Revenues, million
million $/year $/year $/MT C,
Propylene product 147.0 — —
Propane feedstock — 79.2 226.3
Net utilities — 5.3 15.1
Catalyst and chemicals — 3.8 10.9
Fixed expenses — 7.0 20.0
Total 147.0 95.3 272.3

Note: MTA = metric tons per annum; MT = metric tons.

values defined in Table 5.1.1. The fixed expenses in Table 5.1.4 consist of estimated
labor costs and maintenance costs and include an allowance for local taxes, insurance,
and interest on working capital.

Capital Requirements

The ISBL erected cost for an Oleflex unit producing 350,000 MTA of polymer-grade
propylene is approximately $145 million (U.S. Gulf Coast, mid-2002 erected cost).
This figure includes the reactor and product recovery sections, a modular CCR unit, a
Hiils SHP unit, and a fractionation section consisting of a depropanizer, deethanizer,
and heat-pumped P-P splitter. The costs are based on an extracting steam turbine driv-
er for the reactor effluent compressor and a steam-driven heat pump. Capital costs are
highly dependent on many factors, such as location, cost of labor, and the relative work-
load of equipment suppliers.

Total project costs include ISBL and OSBL erected costs and all owner’s costs. This
example assumes an inclusive mid-2002 total project cost of $215 million including:

e ISBL erected costs for all process units
e OSBL erected costs (off-site utilities, tankage, laboratory, warehouse, for example)

o Initial catalyst and absorbant loadings
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e Technology fees
e Project development including site procurement and preparation

Overall Economics

Because the feedstock represents such a large portion of the total production cost, the
economics for the Oleflex process are largely dependent on the price differential
between propane and propylene. Assuming the values of $180/MT for propane and
$420/MT for propylene, or a differential price of $240/MT, the pretax return on invest-
ment is approximately 24 percent for a plant producing 350,000 MTA of propylene.
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INTRODUCTION

Paraffins can be selectively dehydrogenated to the corresponding monoolefins by using
suitable dehydrogenation catalysts. Iron catalysts have long been used for the dehydro-
genation of ethylbenzene to styrene, and catalysts made of chromia (chrome oxide) sup-
ported on alumina have long been used for the dehydrogenation of light paraffins (for
example, n-butane to n-butene) and the deeper dehydrogenation of olefins to diolefins
(for example, n-butene to 1,3-butadiene). However, newer commercial processes for the
dehydrogenation of light and heavy paraffins are based on the use of noble-metal cata-
lysts because of the superior stability and selectivity of these catalyst systems.

In the late 1940s and through the 1950s, the pioneering work done at UOP* by Vladimir
Haensel on platinum catalysis for the catalytic reforming of naphthas for the production of
high-octane gasolines and high-purity aromatics showed that platinum catalysts have inter-
esting dehydrogenation functions. This research area was later pursued by Herman Bloch and
others also within UOP. In 1963-64, UOP started development work on heterogeneous plat-
inum catalysts supported on an alumina base for the dehydrogenation of heavy n-paraffins.
The resulting successful process, known as the Pacol* process (for paraffin conversion to
olefins), was first commercialized in 1968. The advent of the UOP Pacol process marked a
substantial transformation in the detergent industry and contributed to the widespread use of
linear alkylbenzene sulfonate (LAS or LABS) on an economical, cost-effective basis. As of
mid-2003, more than 40 Pacol units have been built, or are under design or construction;
practically all new linear alkylbenzene (LAB) capacity built on a worldwide basis over the
last two decades makes use of UOP’s Pacol catalytic dehydrogenation process.

Maintaining technological superiority over some 30-odd years requires continued inno-
vation and improvement, principally of the dehydrogenation catalyst, the reactor design,
and operating conditions because these have the greatest impact on the overall process eco-
nomics. The first commercial Pacol dehydrogenation catalysts, denoted DeH-3 and DeH-

*Trademark and/or service mark of UOP.
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4, came on-stream in the mid-1960s. They were soon superseded by a newer catalyst, DeH-
5, that was commercialized in 1971 and dominated the market for several years. In 1983,
DeH-7 catalyst was introduced. This new catalyst exhibited about 1.75 times the stability
of its predecessor, DeH-5, and soon replaced it as the dominant Pacol catalyst.
Development efforts continued, and in 1998, DeH-11 was commercialized. This catalyst is
the first “layered sphere” catalyst to be offered by UOP in which a thin reactive layer is
coated onto an inert one. The result is an advantage in selectivity to mono-olefins. In 2001
DeH-201 was introduced. This catalyst, also a layered sphere, allows for higher conversion
operation than previous Pacol catalysts. All these various generations of paraffin dehydro-
genation catalysts have resulted in improved yields at higher conversion and higher oper-
ating severities, thus allowing for smaller and more economical units for a given
production capacity.

Since 1980, UOP has adapted similar catalysts to the selective catalytic dehydrogena-
tion of light olefins (propane to propylene and isobutane to isobutylene) in the Oleflex*
process; a number of large-capacity units have been built for this application. Because of
the higher severity, light paraffin dehydrogenation units make use of UOP’s proprietary
CCR¥* continuous catalyst regeneration technology, which was originally developed and
commercialized for the catalytic reforming of naphthas at high severity. Because the Pacol
process operates at a lower severity, catalyst runs are significantly longer, and CCR tech-
nology is not needed.

PROCESS DESCRIPTION

The catalytic reaction pathways found in the dehydrogenation of n-paraffins to n-
monoolefins [linear internal olefins (LIO)] in addition to other thermal cracking reac-
tions are illustrated in Fig. 5.2.1. A selective catalyst is required if only LIO is to be the
main product.

In the Pacol reaction mechanism, the conversion of n-paraffins to monoolefins is near
equilibrium, and therefore a small but significant amount of diolefins and aromatics is pro-
duced. In the alkylation process, the diolefins consume 2 moles of benzene to yield heav-
ier diphenylalkane compounds or form heavier polymers that become part of the heavy
alkylate and the bottoms by-products of the hydrofluoric (HF) acid regenerator. Thus,

-H -H —2H
2 2 2
n-Paraffins (_’ n-Monoolefins 4_’ n-Diolefins (_’ Aromatics

H, “Hy
Isoparaffins 2 Isomonoolefins =" Isodiolefins

All of Above to

A

Cracking Products

FIGURE 5.2.1 Dehydrogenation reaction pathways.

*Trademark and/or service mark of UOP.
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diolefin formation represents a net loss of alkylate yield. In 1984, UOP developed the
DeFine* process, a highly selective catalytic hydrogenation process to convert diolefins
back to monoolefins. Detergent complexes licensed prior to 1986 included only Pacol and
HF Detergent Alkylate* units. The first DeFine unit came on-stream during the fourth
quarter of 1986; all subsequent Pacol process units have also incorporated DeFine hydro-
genation reactors, and DeFine reactors have also been retrofitted into a growing number of
existing older Pacol units. Both Pacol and DeFine processes are also used in the latest
process developed and commercialized by UOP, the Detal* process, for the production of
LAB using a heterogeneous solid catalyst instead of the older, traditional HF acid catalyst.

The dehydrogenation of n-paraffins is an endothermic reaction with a heat of reaction
of about 125 kJ/g - mol (30 kcal/g - mol; 54,000 Btu/1b - mol). The equilibrium conversion
for the dehydrogenation reaction is determined by temperature, pressure, and hydrogen
partial pressure. As expected, the equilibrium conversion increases with temperature and
decreases with pressure and with increasing hydrogen-to-hydrocarbon ratio. Kinetically,
the overall conversion depends on space velocity (feed-to-catalyst ratio): excessively high
space velocities do not allow for sufficient conversions, and space velocities that are too
low lead to lower selectivities because of the onset of side and competitive reactions.

Figure 5.2.2 illustrates the flow scheme of an integrated complex incorporating Pacol,
DeFine, and HF Detergent Alkylate units or Pacol, DeFine, and Detal units. The main dif-
ferences between the two flow schemes are in the alkylation section as a result of the elim-
ination of the HF acid handling and neutralization facilities; for example, no alumina
treater is used in conjunction with a Detal process unit.

In the Pacol process, linear paraffins are dehydrogenated to linear olefins in the pres-
ence of hydrogen over a selective platinum dehydrogenation catalyst. An adiabatic radi-
al-flow reactor with feed preheat is normally used to compensate for the endothermic
temperature drop and to minimize pressure drop within an efficient reactor volume.
Relatively high space velocities are used so that only a modest amount of catalyst is
required. Hydrogen and some by-product light ends are separated from the dehydro-
genation reactor effluent, and a part of this hydrogen gas is recycled back to the dehy-
drogenation reactor to minimize coking and enhance catalyst stability. The separator

l-(lfRich
ffgas  Makeup H
H, P2 Fresh :
Recycle 1 o DeFmeD Fi Benzene Del;tlgfznt
e, Reactor Benzene Paraffin A
Recycle  Column (LAB)
Benzene \
Column
Rerun
Column
Stripper
Reactor Heavy
. Alkylate
1l A'flumma
Linear X reater
Paraffin wple Paraffin Recycle <
Charge

FIGURE 5.2.2 Integrated LAB complex.

*Trademark and/or service mark of UOP.
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liquid is an equilibrium mixture of linear olefins and unconverted n-paraffins, which are
charged to a DeFine reactor for the selective conversion of diolefins to monoolefins. A
near-stoichiometric amount of hydrogen is also charged to the DeFine reactor. The
DeFine reactor effluent is stripped to remove dissolved light hydrocarbons. The stripper
bottoms, a mixture of monoolefins and unconverted n-paraffins, is then charged togeth-
er with benzene to the alkylation unit, where benzene is alkylated with the monoolefins
to produce LAB. Small amounts of heavy alkylate and, if HF is used, polymer from the
acid regenerator bottoms are also formed. Benzene and n-paraffins are fractionated from
the alkylation reactor effluent and then recycled to the alkylation and Pacol reactors,
respectively. The final column fractionates the LAB product overhead and recovers
heavy alkylate as bottoms product.

A similar process scheme can be used to produce concentrated n-olefins. Figure 5.2.3
illustrates the flow scheme of an integrated complex featuring the Pacol, DeFine, and Olex*
processes. In this combination, the Pacol and DeFine processes are the same as described
previously. The stripper bottoms stream, which consists of an equilibrium mixture of n-paraf-
fins and n-monoolefins, is now sent to an Olex separation unit. The Olex process uses con-
tinuous liquid-phase, simulated countercurrent adsorptive separation technology to recover
high-purity n-olefins out of the mixture. The olefinic extract and the paraffinic raffinate
streams that leave the adsorption chamber both contain desorbent. These two streams are
fractionated for the removal and recovery of the desorbent, which is then recycled back to the
adsorption chamber. The paraffin raffinate is recycled to the Pacol dehydrogenation unit for
complete conversion of the unconverted n-paraffins to the ultimate n-olefin product. Table
5.2.1 shows the olefins composition of a typical Olex process.

The LIO produced by the Pacol process and recovered in an Olex unit is premium mate-
rial for the production of detergent alcohols via hydroformylation. Oxo technologies, such
as Shell’s, Exxon’s (formerly Norsolor’s and Ugine Kuhlmann’s), or Sasol’s can be used.
Three integrated Pacol-Olex-Oxo complexes are currently operating. Surfactants made
from detergent alcohols manufactured according to this combination of technologies show
superior properties in terms of detergency and solubility.
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FIGURE 5.2.3 Integrated detergent olefins complex.

*Trademark and/or service mark of UOP.
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TABLE 5.2.1 Typical Olex Extract Composition

With PEP, Without PEP,

Composition wt % wt %
Linear monoolefins 95.0 92.5
Other monoolefins 3.1 3.0
Diolefins 0.5 0.5
Total 98.5 96.0
Olefins 98.6 96.0
Aromatics (see text) 0.2 3.0
Paraffins 1.2 1.0
Total 100.0 100.0

PACOL PROCESS IMPROVEMENTS

Repeated successful attempts have been made over the years to increase the per-pass
conversion of n-paraffins across the Pacol reactor and still preserve a high selectivity
and high overall yield of linear olefins.

The more severe operating conditions used for higher reactor conversions also result in
faster deactivation of the dehydrogenation catalyst. The catalyst used in the Pacol process
has a direct impact on the reaction kinetics but not on equilibrium conversion, which is
governed by thermodynamic principles. Therefore, most of the process improvements have
been associated with modifications in reactor design or in operating conditions.

A high-conversion Pacol process was developed partially in response to the significant
increase in feedstock and utility costs that occurred between 1974 and 1981. Operating the
process at higher per-pass conversions affords several advantages. A smaller combined-feed
stream to the dehydrogenation reactor permits a smaller-size unit and results in lower capital
investment and utility costs. As the unconverted n-paraffins pass through the alkylation reac-
tion zone and are separated by fractionation for recycle to the Pacol reactor, the reduction in
the recycle stream also decreases the capital investment and operating cost of the detergent
alkylation unit. All recent units are of the high-conversion type.

Criteria for the high-conversion design were to maintain the same selectivity to linear
olefins and increase conversion. This approach required changes in operating conditions.
Figure 5.2.4 shows the effect of pressure on olefin selectivity at constant temperature and
hydrogen-to-feed mole ratio. At lower pressures, higher n-paraffin conversion can be
obtained and selectivity can be maintained because of the more favorable dehydrogenation
equilibrium.

A similar effect can be observed when the hydrogen-to-feed ratio is lowered. The lat-
est designs of the Pacol process take advantage of both of these variables. The net result
is a 30 percent increase in n-paraffin conversion compared to the earlier designs.

Overall, the Pacol catalyst possesses an attractive catalyst life in terms of metric tons of
LAB produced per kilogram of catalyst. A typical run on a single Pacol catalyst load ranges
from 30 to 60 days, depending on operating severity. As shown on Fig. 5.2.5, two parallel
reactors were used for most units built through 1987. In this design, one reactor operates at
any given time and the second reactor is on standby. When the decline in catalyst activity
warrants a change, the reactors are switched. To expedite the change and minimize inter-
ruption in production, a start-up heater is provided. For safe operation and isolation, each
valve shown in the drawing actually represents a double block and bleed valve. Thus, 16
large valves are required on process lines. These valves cycle from cold-to-hot and hot-
to-cold service at each change of the reactors and require regular maintenance to control
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FIGURE 5.2.4 Effect of pressure on conver-
sion.

leakage. To minimize maintenance and simplify the operation, a new reactor design (Fig.
5.2.6) is now used commercially in seven units. This design provides a catalyst hopper on
the top and on the bottom of a single reactor and a hydrogen and a nitrogen purge system.
When catalyst activity has declined sufficiently, the catalyst from the reactor is withdrawn to
the lower hopper, and fresh catalyst is loaded from the top hopper, thereby eliminating the
need for valves in large-diameter process lines. An additional catalyst volume inside the reac-
tor vessel is provided as a preheating zone. A portion of the hydrogen-rich recycle gas pass-
es through a heat exchanger and is used for preheating the catalyst. The hydrogen-rich gas is
also used to purge hydrocarbons from the catalyst that leaves the reactor. This design is sim-
ilar in concept to that used commercially in more than 100 UOP CCR Platforming* units.

Outside the reactor sector, other process design changes made over the past few years
have also contributed to enhancing the reliability and economics of the Pacol process.
One, for example, reflects the introduction of rotary screw compressors instead of the
reciprocating or centrifugal machines used in earlier Pacol units. Rotary screw com-
pressors are especially effective when lube oil contamination of the process gas cannot
be tolerated. Nonlubricated screw compressors can deliver gases with the same reliabil-
ity as a centrifugal compressor, and the positive displacement of screw compressors
makes them well suited for applications that require high compression ratios and large
changes in gas molecular weights. In addition, screw machines offer economic benefits
over comparable reciprocating machines in terms of lower installation costs and not
requiring a spare.

Changes in engineering design also resulted in increased energy efficiency, reduced
fractionation losses, and improved operational stability. Some of these design changes con-
cerned the Pacol unit itself, but many were more closely associated with the associated
downstream units.

As in the design of other process units, significant energy savings were achieved by rel-
atively small incremental expenditures in increased exchanger area and by rearrangement
of the heat exchanger network. For example, a low-pressure-drop contact condenser was
advantageously introduced to cool the reactor effluent after the hot combined-feed effluent
exchanger. Also, the application of efficient mixing technology in the reaction zone

*Trademark and/or service mark of UOP.
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FIGURE 5.2.5 Two-reactor design.

enhanced the quality of the reaction environment and allowed operation with recycle
ratios close to their minimums.

YIELD STRUCTURE

If expressed on a weight basis, the yield of linear olefins from n-paraffins in the Pacol
process depends on the molecular weight of the feedstock. In the common situation in
which linear olefins are produced for the manufacture of LAB, typically from n-paraf-
fins in the C, to C,, carbon range, about 1.05 kg of feed is required per 1.00 kg of lin-
ear olefins, or about 97 percent of the theoretical stoichiometric yield.

COMMERCIAL EXPERIENCE

More than 30 Pacol process units have been built and brought on-stream around the world
since the mid-1960s, and practically without exception, all are still operating. A few oth-
er units are in various stages of design and construction. Most Pacol units are directly inte-
grated with a benzene alkylation unit for the production of LAB without the need for an
intermediate separation or recovery of the LIOs. These units represent an aggregate design
capacity in excess of 1.3 million metric tons per year (MTA) of LAB; however, through
revamps and expansions, the actual operating capacity is significantly larger. In addition,
other Pacol units are associated with Olex units to recover LIO for the production of deter-
gent alcohols.
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PROCESS ECONOMICS

Because a Pacol unit is never found by itself, but is instead integrated with a DeFine
unit and either a HF Detergent Alkylate unit, a Detal solid-acid alkylation unit, or an
Olex LIO separation unit, the economics can be discussed only in conjunction with the
associated units. Details on LAB production can be found in Chap. 1.5.

As a different example, economics for the production of 60,000 MTA of LIO starting
from n-paraffins are shown in Table 5.2.2. The complex includes Pacol, DeFine, and Olex
units and reflects typical economic conditions. The resulting production cost of $617/MT of
LIO compares favorably with the costs of production of LIO or LAO by other routes. A typ-
ical product composition is shown in Table 5.2.1. If desired, the aromatic content can be
reduced by adding the UOP proprietary PEP* (Pacol Enhancement Process) for the selec-
tive removal of aromatics; introduction of this novel technology has resulted in more than 90
percent reduction in the aromatic content and a 2.5 to 3.0 percent increase in olefin purity as
seen in Table 5.2.1.

*Trademark and/or service mark of UOP.
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TABLE 5.2.2 Economics for LIO Production Using the UOP Pacol, DeFine, and
Olex Processes™

Per MT of LIO

Unit cost, $ Units $
Raw materials:
n-Paraffins (98% purity) 400/MT 1.05 MT 420.0
By-product credits —0.05 MT —13.1
Catalysts and chemicals 32.2
Utilities:
Power 0.05/kWh 305 kWh 15.3
Steam 7.1/MT 0.16 MT 1.1
Cooling water 0.01/m3 17 m3 0.2
Fuel fired (92% eft.) 2.32/GJ 16.30 GJ 37.8
Labor, maintenance, direct overhead, 25.2
and supervision
Overhead, insurance, property taxes, 98.6
depreciation, amortization
Total cost of production 617.3

*Estimated erected cost: $65,000,000 (basis: 60,000 MT/year of LIO). MT = metric tons.
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CHAPTER 6.1

FW HYDROGEN
PRODUCTION

James D. Fleshman
Foster Wheeler USA Corporation
Houston, Texas

INTRODUCTION

As hydrogen use has become more widespread in refineries, hydrogen production has
moved from the status of a high-technology specialty operation to an integral feature of
most refineries. This has been made necessary by the increase in hydrotreating and hydro-
cracking, including the treatment of progressively heavier feedstocks.

Steam reforming is the dominant method for hydrogen production. This is usually com-
bined with pressure-swing adsorption (PSA) to purify the hydrogen to greater than 99 vol %.

As hydrogen production grows, a better understanding of the capabilities and require-
ments of the modern hydrogen plant becomes ever more useful to the refiner. This will
help the refiner get the most from existing or planned units and make the best use of hydro-
gen supplies in the refinery.

USES OF HYDROGEN

Overview

There has been a continual increase in refinery hydrogen demand over the last several
decades. This is a result of two outside forces acting on the refining industry: environ-
mental regulations and feedstock shortages. These are driving the refining industry to con-
vert from distillation to conversion of petroleum. Changes in product slate, particularly
outside the United States, are also important. Refiners are left with an oversupply of heavy,
high-sulfur oil, and in order to make lighter, cleaner, and more salable products, they need
to add hydrogen or reject carbon.

Within this trend there are many individual factors depending on location, complexity
of the refinery, etc.

6.3
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Hydrogen Demand

The early use of hydrogen was in naphtha hydrotreating, as feed pretreatment for catalyt-
ic reforming (which in turn was producing hydrogen as a by-product). As environmental
regulations tightened, the technology matured and heavier streams were hydrotreated.
These included light and heavy distillates and even vacuum residue.

Hydrotreating has also been used to saturate olefins and make more stable products.
For example, the liquids from a coker generally require hydrotreating, to prevent the for-
mation of polymers.

At the same time that demand for cleaner distillates has increased, the demand for
heavy fuel oil has dropped. This has led to wider use of hydrocracking, which causes a fur-
ther large increase in the demand for hydrogen.

Table 6.1.1 shows approximate hydrogen consumption for hydrotreating or hydroc-
racking of various feedstocks.

HYDROGEN PRODUCTION

Hydrogen has historically been produced in catalytic reforming, as a by-product of the pro-
duction of the high-octane aromatic compounds used in gasoline. Changes in this process
have had a large impact on the refinery hydrogen balance.

As reforming has changed from fixed-bed to cyclic to continuous regeneration, pres-
sures have dropped and hydrogen production per barrel of reformate has increased. Recent
changes in gasoline composition, due to environmental concerns, have tended to reduce
hydrogen production, however. Besides limits on aromatics, requirements for oxygenates
in gasoline have resulted in reduced reforming severity, as the high-octane oxygenates
have displaced reformate from the gasoline pool. The only safe statement is that the situ-
ation will continue to change.

Where by-product hydrogen production has not been adequate, hydrogen has been
manufactured by steam reforming. In some cases partial oxidation has been used, particu-

TABLE 6.1.1 Hydrogen Consumption Data

Chemical consumption only

Process Wt % on feed  SCF/bbl Wt % on crude
Hydrotreating:
Straight-run naphtha 0.05 20 0.01
FCC naphtha/coker naphtha 1 500 0.05-0.01
Kerosene 0.1 50 0.1-0.02
Hydrodesulfurization:
Low-sulfur gas oil to 0.2% S 0.1 60 0.03
High-sulfur gas oil to 0.2% S 0.3 170 0.04
Low-sulfur gas oil to 0.05% S 0.15 80 0.04
High-sulfur gas oil to 0.05% S 0.35 200 0.05
FCC gas oil/coker gas oil 1 600 0.1
Cycle oil hydrogenation 3 1700 0.3
Hydrocracking vacuum gas oil 2-3 1200-1800 0.5-0.8
Deep atmospheric residue conversion 2-3.5 1200-2200 1-2

Note: FCC = fluid catalytic cracker; SCF = standard cubic feet.
Source: Lambert et al.
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larly where heavy oil is available at low cost. However, oxygen is then required, and the
capital cost for the oxygen plant makes partial oxidation high in capital cost.

Figure 6.1.1 shows a typical modern hydrogen plant. This unit produces 82 million
SCFD (at 60°F and 14.7 1b/in* absolute) [92,000 (N) m*h (N represents normal tempera-
ture and pressure at 0°C and 1.0332 kg/cm? absolute)] of hydrogen from natural gas for a
Far Eastern refinery, at a purity of 99.9 vol %. The Foster Wheeler Terrace Wall* steam
reforming furnace is visible in the background, with the 12 absorbers and two surge drums
of the pressure-swing adsorption unit in the foreground.

Table 6.1.2 shows approximate hydrogen production from various processes.

Chemistry

Steam Reforming. In steam reforming, light hydrocarbons such as methane are
reacted with steam to form hydrogen:3’

CH, + H,0 2 3H, + CO
AH = 97,400 Btu/(lb - mol) [227 kJ/ (g - mol)]

where AH is the heat of reaction. The reaction equation can be generalized to

m
CH +(n)H20+<n+ 7)H2+nCO

n-om

FIGURE 6.1.1 Modern hydrogen plant.

*Registered trademark of Foster Wheeler.
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TABLE 6.1.2 Hydrogen Production Data

Process Wt % on feed  SCF/bbl Wt % on crude
Continuous regeneration reformer 35 1600 0.35-0.60
Semiregenerative reformer 1.4-2.0 600-900 0.15-0.30
Residue gasification 20-25 12,000-16,000 1-5
Catalytic cracking 0.05-0.10 30-60 0.01-0.04
Thermal cracking 0.03 20 0.01
Ethylene cracker 0.5-1.2 — —
Steam (methane) reformer 30 12,000 —

Source: Lambert et al.®

The reaction is typically carried out at approximately 1600°F (870°C) over a nickel cata-
lyst packed into the tubes of a reforming furnace. Because of the high temperature, hydro-
carbons also undergo a complex series of cracking reactions, plus the reaction of carbon
with steam. These can be summarized as

CH, 2 2H, +C
C + H,0 2CO + H,

Carbon is produced on the catalyst at the same time that hydrocarbon is reformed to hydro-
gen and CO. With natural gas or similar feedstock, reforming predominates and the car-
bon can be removed by reaction with steam as fast as it is formed. When heavier feedstocks
are used, the carbon is not removed fast enough and builds up. Carbon can also be formed
where the reforming reaction does not keep pace with heat input, and a hot spot is formed.

To avoid carbon buildup, alkali materials, usually some form of potash, are added to
the catalyst when heavy feeds are to be used. These promote the carbon-steam reaction and
help keep the catalyst clean. The reforming furnace is also designed to produce uniform
heat input to the catalyst tubes, to avoid coking from local hot spots.

Even with promoted catalyst, cracking of the feedstock limits the process to hydrocar-
bons with a boiling point of 350°F (180°C) or less: natural gas, propane, butane, and light
naphtha. Heavier hydrocarbons result in coke building up on the catalyst. Prereforming,
which uses an adiabatic catalyst bed operating at a lower temperature, can be used as a pre-
treatment to allow slightly heavier feeds to be used without coking. A prereformer will also
make the fired reformer more tolerant of variations in heat input.

After reforming, the CO in the gas is reacted with steam to form additional hydrogen,
in the water-gas shift reaction

CO + H,0 2 CO, + H,
AH = —16,500 Btu/(Ib - mol) [(—38.4 kJ/(g - mol)]

This leaves a mixture consisting primarily of hydrogen and CO,. After CO, removal,
which we shall discuss later, many plants use methanation—the reverse of reforming—to
remove the remaining traces of carbon oxides:

CO + 3H, ZCH, + H,0
CO, + 4H, 2 CH, + 2H,0

Partial Oxidation. Hydrogen can also be produced by partial oxidation of
hydrocarbons:
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CH, + %0, 2 CO + 2H,
AH = —10,195 Btu/(Ib - mol) [—23.7 kJ/(g - mol)]

The shift reaction also participates so the result is a mixture of CO and CO, in addition to
H,. Temperature in partial oxidation is not limited by catalyst tube materials, so higher
temperature may be used, which results in reduced methane slippage.

Steam Reforming/Wet Scrubbing

Figure 6.1.2 shows the flow sheet for a wet scrubbing plant, based on steam reforming of
natural gas. Plants with similar configurations came into widespread use about 1960, when
high-pressure steam reforming became economical. They were built until the mid-1980s,
when they were generally supplanted by plants using PSA.

Feedstock at 450 Ib/in* (31 bar) gage is preheated and purified to remove traces of sul-
fur and halogens in order to protect the reformer catalyst. The most common impurity is
H,S; this is removed by reaction with ZnO. Organic sulfur may also be present; in this case
recycled product hydrogen is mixed with the feed and reacted over a hydrogenation cata-
lyst (generally cobalt/molybdenum) to convert the organic sulfur to H,S. If chlorides are
present, they are also hydrogenated and then reacted with a chloride adsorbent.

The feed is then mixed with steam, preheated further, and reacted over nickel catalyst
in the tubes of the reformer to produce synthesis gas—an equilibrium mixture of H,, CO,
and CO,. The steam/carbon ratio is a key parameter, since high steam levels aid in methane
conversion. Residual methane in the synthesis gas will pass through the plant unchanged
(along with any N, in the feed). This will reduce the hydrogen purity so it is important to
ensure a low methane leakage. A high steam/carbon ratio and high reforming temperatures
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FIGURE 6.1.2 Hydrogen production by steam reforming/wet scrubbing.
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are used for this reason. Excess steam is also used to prevent coke formation on the cata-
lyst. Typical reformer outlet conditions for hydrogen production are 1600°F and 300 Ib/in?
(870°C and 21 bar) gage.

Much of the design and operation of hydrogen plants involves protecting the reforming
catalyst and the catalyst tubes. The extreme temperatures and the sensitivity of the catalyst
tend to magnify small upsets. Minor variations in feed composition or operating conditions
can have significant effects on the life of the catalyst or the reformer itself. This is partic-
ularly true of changes in molecular weight of the feed gas, or poor distribution of heat to
the catalyst tubes.

The synthesis gas passes through the reformer waste heat exchanger, which cools the
gas and generates steam for use in the reformer; the surplus is exported. The cooled gas
[still at about 650°F (345°C)] is reacted over a fixed bed of iron oxide catalyst in the high-
temperature shift converter, where the bulk of the CO is reacted, then cooled again and
reacted over a bed of copper zinc low-temperature shift catalyst to convert additional CO.

The raw hydrogen stream is next scrubbed with a solution of a weak base to remove
CO,. The flow scheme in Fig. 6.1.2 is based on use of a potassium carbonate solution in
water to react with the CO,; a similar process uses an ethanolamine solution. CO, in the
gas reacts reversibly with potassium carbonate to form potassium bicarbonate. The solu-
tion is depressured and steam-stripped to release CO,, with the heat for the regenerator
reboiler coming from the hot synthesis gas. The regenerator overhead stream is then cooled
to condense water. The CO, is available for recovery or can be vented.

The raw hydrogen leaving the CO, removal section still contains approximately 0.5 per-
cent CO and 0.1 percent CO, by volume. These will act as catalyst poisons to most hydrogen
consumers, so they must be removed, down to very low levels. This is done by methanation,
the reverse of reforming. As in reforming, a nickel catalyst is used, but as a fixed bed.

Typical final hydrogen purity is 97 vol %, with the remaining impurities consisting
mainly of methane and nitrogen. Carbon oxide content is less than 50 vol ppm.

Product hydrogen is delivered from the methanator at approximately 250 Ib/in* (17 bar)
gage and must generally be compressed before final use. This is done in a reciprocating
compressor. Centrifugal compressors are not feasible because of the low molecular weight;
the pressure rise per foot of head is too low, and too many stages would be required.

Steam Reforming/PSA

Plants built since the mid-1980s are generally based on steam reforming followed by pres-
sure-swing adsorption. PSA is a cyclic process which uses beds of solid adsorbent to
remove impurities from the gas. The hydrogen itself passes through the adsorbent beds
with only a tiny fraction absorbed. The beds are regenerated by depressurization, followed
by purging at low pressure.

When the beds are depressured, a waste gas (or “tail gas”) stream is produced, consist-
ing of the impurities from the feed (CO,, CO, CH,, N,) plus some hydrogen. This stream
is burned in the reformer as fuel. Reformer operating conditions in a PSA-based plant are
set so that the tail gas provides no more than about 85 percent of the reformer fuel. This
limit is important for good burner control because the tail gas is more difficult to burn than
regular fuel gas. The high CO, content can make it difficult to produce a stable flame.

As the reformer operating temperature is increased, the reforming equilibrium shifts,
resulting in more hydrogen and less methane in the reformer outlet and hence less methane
in the tail gas. Actual operating conditions can be further optimized according to the rela-
tive cost of feed, fuel, and export steam.

The flow sheet for a typical PSA-based hydrogen plant is shown in Fig. 6.1.3. As in the
wet scrubbing process, the feed is purified and reformed, followed by shift conversion.
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FIGURE 6.1.3 Hydrogen production by steam reforming/PSA.

Only a single stage of shift conversion is used, since a very low CO residual is not
required. Any CO remaining in the raw hydrogen will be removed and recovered as
reformer fuel. After cooling, the gas is purified in the PSA unit.

The PSA unit is simpler to operate than a wet scrubbing system, since it has no rotat-
ing equipment or circulating solutions. In addition, the adsorbent will remove methane and
nitrogen, which could not be removed by the wet scrubbing process. Typical hydrogen
recoveries in a PSA unit are in the 80 to 90 percent range, with product purity generally
99.9 vol %.

Because of the loss of hydrogen to the PSA tail gas, the reformer and front end of a
PSA plant are larger than in a wet scrubbing plant. A PSA plant uses less process steam
and does not require heat for the reboiler; this leaves additional steam available for export.
Capital cost is generally lower for the design with PSA. The additional export steam can
provide a strong utility cost advantage for the PSA plant in addition to its purity and oper-
ability advantages.

Product Properties

Hydrogen purity depends primarily on the purification method. This is illustrated in Table
6.1.3. In wet scrubbing, the major impurities are methane and nitrogen. Methane in the
product is the residual left after reforming, or is formed in the methanator from residual
CO or CO,. Nitrogen in the feed is carried through the plant unchanged, although there is
a dilution effect because of the larger volume of hydrogen compared to the feedstock.

In a PSA plant, most impurities can be removed to any desired level. Table 6.1.4 shows
the difficulty of removal of impurities. Removal of a more difficult impurity will generally
ensure virtually complete removal of easier impurities. Nitrogen is the most difficult to
remove of the common impurities, and removing it completely requires additional adsorbent.
Since it acts mainly as a diluent, it is usually left in the product. The exception occurs where
the hydrogen is to be used in a very high-pressure system such as a hydrocracker. In that case
the extra cost for nitrogen removal is justified by the savings in hydrogen purge losses.
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TABLE 6.1.3 Composition of Product Hydrogen

Wet scrubbing PSA
Hydrogen purity, vol % 95-97 99-99.99
Methane 2-4 vol % 100 vol ppm
CO + CO,, vol ppm 10-50 10-50
Nitrogen, vol % 0-2 0.1-1.0

TABLE 6.1.4 Impurities—Ease of Removal

by PSA
Easy Moderate  Difficult ~ Not removed
C,Hg (€(0) O, H,
C,H,, CH, N, He
s+ Co, Ar
H,S C,H,
NH, C,Hy
BTX C,H,
H,0

Note: BTX 5 benzene, toluene, and xylenes.
Source: Miller and Stoecker.”

In the case of a nitrogen-free feedstock such as liquefied petroleum gas (LPG) or naph-
tha, a purity of 99.99 percent can be readily achieved. In this case, carbon monoxide is the
usual limiting component. Since CO must be removed to ppm levels, the other impuri-
ties—CO, and H,0—are removed to virtually undetectable levels. A typical residual of
about 100 ppm CH, remains because of inefficiencies in the purge system.

Operating Variables

Operating Conditions. The critical variables for steam reforming are temperature,
pressure, and the steam/hydrocarbon ratio. Picking the operating conditions for a
particular plant involves an economic trade-off among these three factors.

Steam reforming is an equilibrium reaction, and conversion of the hydrocarbon feed-
stock is favored by high temperature, which in turn carries a fuel penalty. Because of the
volume increase in the reaction, conversion is also favored by low pressure, which con-
flicts with the need to supply the hydrogen at high pressure. In practice, temperature and
pressure are limited by the tube materials.

Table 6.1.5 shows the effect of changes in temperature, pressure, and the steam/carbon
ratio. The degree of conversion is measured by the remaining methane in the reformer out-
let, known as the methane leakage.

Shift Conversion. In contrast to reforming, shift conversion is favored by low
temperature. The gas from the reformer is reacted over iron oxide catalyst at 600 to
700°F (315 to 370°C), with the limit set by the low-temperature activity of the
catalyst. In wet scrubbing plants using a methanator, it is necessary to remove CO to a
much lower level to avoid excessive temperatures in the methanator. In those plants
the gas is cooled again and reacted further over a copper-based catalyst at 400 to
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TABLE 6.1.5 Effect of Operating Variables on the Reformer

Temperature Absolute pressure
Steam/carbon CH, in outlet,
°F °C 1b/in? bar ratio mol % (dry basis)
1500 815 350 24 3.0 8.41
1550 845 350 24 3.0 6.17
1600 870 350 24 3.0 4.37
1550 845 300 21 3.0 5.19
1550 845 400 28 3.0 7.09
1550 845 350 24 2.5 8.06
1550 845 350 24 3.5 4.78

TABLE 6.1.6 Effect of Process Variables on Shift Conversion

HTS inlet LTS inlet
temperature temperature
Reformer steam/ CO in outlet,
°F °C °F °C carbon ratio mol % dry basis
600 315 — — 3.0 2.95
700 370 — — 3.0 4.07
600 315 — — 5.0 1.53
700 370 — — 5.0 2.33
600 315 400 205 3.0 0.43
600 315 500 260 3.0 0.94
700 370 400 205 3.0 0.49
700 370 500 260 3.0 1.04
600 315 400 205 5.0 0.19
600 315 500 260 5.0 0.46
700 370 400 205 5.0 0.21
700 370 500 260 5.0 0.50

500°F (205 to 260°C). Table 6.1.6 shows the effect of temperature and the
steam/carbon ratio on the CO remaining after shift conversion.

Alternative Processes

Partial Oxidation. Partial oxidation (POX) reacts hydrocarbon feed with oxygen at
high temperatures to produce a mixture of hydrogen and carbon monoxide. Since the
high temperature takes the place of a catalyst, POX is not limited to the light, clean
feedstocks required for steam reforming. Partial oxidation is high in capital cost, and
for light feeds it has been generally replaced by steam reforming. However, for
heavier feedstocks it remains the only feasible method.

In the past, POX was considered for hydrogen production because of expected short-
ages of light feeds. It can also be attractive as a disposal method for heavy, high-sulfur
streams, such as asphalt or petroleum coke, which sometimes are difficult to dispose of.

Consuming all a refinery’s asphalt or coke by POX would produce more hydrogen than
is likely to be required. Because of this and the economies of scale required to make POX
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economic, hydrogen may be more attractive if produced as a by-product, with electricity
as the primary product.

Figure 6.1.4 is a block flow diagram of a unit to produce electricity from asphalt, with
hydrogen as a by-product. Besides being high in carbon, the asphalt contains large
amounts of sulfur, nitrogen, nickel, and vanadium (Table 6.1.7). Much of the cost of the
plant is associated with dealing with these components.

The asphalt is first gasified with oxygen in an empty refractory-lined chamber to pro-
duce a mixture of CO, CO,, and H,. Because of the high temperature, methane production
is minimal. Gas leaving the gasifier is first quenched in water to remove solids, which
include metals (as ash) and soot. Metals are removed by settling and filtration, and the soot
is recycled to the gasifier. The gas is further cooled and H,S is removed by scrubbing with
a selective solvent. Sulfur removal is complicated by the fact that a significant amount of
carbonyl sulfide (COS) is formed in the gasifier. This must be hydrolyzed to H,S, or a sol-
vent that can remove COS must be used.

Hydrogen processing in this system depends on how much of the gas is to be recovered
as hydrogen and how much is to be used as fuel. Where hydrogen production is a relatively
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FIGURE 6.1.4 Hydrogen production by partial oxidation.

TABLE 6.1.7 Asphalt
Composition—Partial Oxidation
Feedstock

Density at 15°C  1.169 kg/LL

Carbon 85.05 wt %
Hydrogen 8.10 wt %
Nitrogen 0.80 wt %
Sulfur 6.00 wt %
Ash 0.05 wt %
A% 600 ppm

Ni 200 ppm
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small part of the total gas stream, a membrane unit can be used to withdraw a hydrogen-
rich stream. This is then purified in a PSA unit. In the case where maximum hydrogen is
required, the entire gas stream may be shifted to convert CO to H,, and a PSA unit used
on the total stream.

Catalytic Partial Oxidation. Also known as autothermal reforming, catalytic partial
oxidation reacts oxygen with a light feedstock, passing the resulting hot mixture over
a reforming catalyst. Since a catalyst is used, temperatures can be lower than in
noncatalytic partial oxidation, which reduces the oxygen demand.

Feedstock composition requirements are similar to those for steam reforming: light
hydrocarbons from refinery gas to naphtha may be used. The oxygen substitutes for much
of the steam in preventing coking, so a lower steam/carbon ratio can be used. Since a large
excess of steam is not required, catalytic POX produces more CO and less hydrogen than
steam reforming. Because of this it is suited to processes where CO is desired, for exam-
ple, as synthesis gas for chemical feedstocks. Partial oxidation requires an oxygen plant,
which increases costs. In hydrogen plants, it is therefore used mainly in special cases such
as debottlenecking steam reforming plants, or where oxygen is already available on-site.

By-product Recovery

Carbon dioxide and steam are the major by-products from hydrogen manufacture.

Carbon Dioxide. Where there is a market for CO,, recovery can be very attractive.
Historically the major use has been in the food industry, with recent growth being for
injection in enhanced oil recovery. A substantial amount of CO, is available from
hydrogen plants: a plant making 10 million SCFD [11,000 (N) m*h] of hydrogen from
natural gas vents 2.5 million SCFD or 145 tons/day (132 MT/day) of CO,.

Recovery of CO, is easiest in older plants using wet scrubbing. These produce a con-
centrated CO, stream which needs only final purification to remove traces of H,, CO, and
CH,, followed by compression.

More recent plants, using PSA, can use a vacuum-swing adsorption (VSA) system for
CO, recovery (Fig. 6.1.5). Tail gas from the PSA system is compressed and fed to the VSA
system, which uses a separate set of adsorber vessels. By using vacuum regeneration, the
system can split the tail gas into a CO, product stream, a hydrogen-rich stream which is
recycled to the reformer, and a nitrogen-rich reject stream.

Besides recovering CO,, the VSA system increases overall hydrogen production by
recovering hydrogen which would otherwise have been lost in the tail gas.

A wet scrubbing system can also be installed upstream of a PSA unit to recover CO,.
This can also be used in a revamp to increase capacity by reducing the load on the PSA
system.

Steam. Most hydrogen plants generate steam, mainly for use as process steam with
the excess available for export. A typical 50 million SCFD [56,000 (N) m*/h] unit
based on PSA will export between 70,000 and 160,000 1b/h (between 30 and 70
MT/h), depending on configuration. Plants with air preheat are at the lower end of the
steam production range, while steam export can be further increased by adding
auxiliary burners between the radiant and convection sections.

Catalysts

Hydrogen plants are one of the most extensive users of catalysts in the refinery. Catalytic
operations include hydrogenation, steam reforming, shift conversion, and methanation.’”
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FIGURE 6.1.5 CO, by-product recovery.

Sulfur and halogen removal are actually done by reaction with solid adsorbents, but they
are included here for completeness.

Reforming. Because of the high temperatures and heat load of the reforming
reaction, reforming catalyst is used inside the radiant tubes of a reforming furnace.
The catalyst is subject to severe operating conditions: up to 1600°F (870°C), with
typical pressure drops of 40 1b/in* (2.8 bar). To withstand these conditions, the carrier
is generally an alumina ceramic, although some older formulations use calcium
aluminate.

The active agent in reforming catalyst is nickel, and normally the reaction is controlled
by both diffusion and heat transfer. The catalyst is therefore made in rings to provide
increased mass and heat transfer at minimum pressure drop. To further increase heat trans-
fer, most catalyst vendors now offer specially shaped catalyst.

Even with a high-strength carrier, catalyst life is limited as much by physical break-
down as by deactivation. Thermal cycling is especially hard on the catalyst: When the
tubes are heated, they expand and the catalyst tends to settle in the tube; then when the tube
cools and the tube contracts, the catalyst is crushed. This can cause voids to form in the
tubes, leading to hot spots and ultimately to ruptured tubes.

The main poisons are sulfur and chlorides, which are present in small quantities in most
feedstocks. Sulfur poisoning is theoretically reversible, and the catalyst can often be
restored to near full activity by steaming. However, in practice the deactivation may cause
the catalyst to overheat and coke, to the point that it must be replaced.

Chlorides are an irreversible poison: The chlorine combines with the nickel to form
nickel chloride, which is volatile. The nickel migrates and recrystallizes, reducing the cat-
alyst activity.

The catalyst is also sensitive to poisoning by heavy metals and arsenic, although these
are rarely present in feedstocks.

The catalyst is supplied as nickel in the oxide form. During start-up the catalyst is heat-
ed in a stream of inert gas, then steam. When the catalyst is near the normal operating tem-
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perature, hydrogen or a light hydrocarbon is added to reduce the nickel oxide to metallic
nickel. Steaming the catalyst will oxidize the nickel, but most catalysts can readily be rere-
duced.

Shift Conversion. The second important reaction in a steam reforming plant is the
shift conversion reaction

CO + H,0 2 CO, + H,

The equilibrium is dependent on temperature, with low temperatures favoring high con-
versions.

Two basic types of shift catalyst are used in steam reforming plants: iron/chrome high-
temperature shift catalysts and copper/zinc low-temperature shift catalysts.

High-Temperature Shift. High-temperature shift catalyst operates in the range of
600 to 800°F (315 to 430°C). It consists primarily of magnetite, Fe,O,, with chrome
oxide, Cr,0,, added as a stabilizer. The catalyst is supplied in the form of Fe,O, and
CrO,, and must be reduced. This can be done by the hydrogen and carbon monoxide in
the shift feed gas, and occurs naturally as part of the start-up procedure.

If the steam/carbon ratio of the feed is too low, the reducing environment is too
strong and the catalyst can be reduced further, to metallic iron. This is a problem, since
metallic iron will catalyze Fischer-Tropsch reactions and form hydrocarbons. In older
wet scrubbing plants this was rarely a problem, since the steam/carbon ratio of the
process gas was in the range of 5 to 6, too high for iron formation. In some newer plants
with steam/carbon ratios below 3, the shift catalyst is slowly converted to iron, with the
result that significant amounts of hydrocarbons are formed over the high-temperature
shift catalyst.

To slow down (but not eliminate) overreduction, the catalyst can be doped with copper,
which acts by accelerating the conversion of CO. It increases activity at lower tempera-
tures, but also makes the catalyst sensitive to poisoning by sulfur and chlorides.

High-temperature shift catalyst is very durable. In its basic form it is not sensitive to
most poisons and has high mechanical strength. It is subject to thermal sintering, howev-
er, and once it has operated at a particular temperature, it loses its activity at lower tem-
peratures.

Low-Temperature Shift. Low-temperature (LT) shift catalyst operates with a
typical inlet temperature of 400 to 450°F (205 to 230°C). Because of the lower
temperature, the reaction equilibrium is better and outlet CO is lower.

Low-temperature shift catalyst is economic primarily in wet scrubbing plants, which
use a methanator for final purification. The main advantage of the additional conversion is
not the extra hydrogen that is produced, but the lower CO residual. This reduces the tem-
perature rise (and hydrogen loss) across the methanator.

PSA-based plants generally do not use LT shift, since any unconverted CO will be
recovered as reformer fuel. Since an LT shift increases hydrogen production for a fixed
reformer size, it may be used in revamps to increase production.

Low-temperature shift catalyst is sensitive to poisoning by sulfur and chlorides. It is
also mechanically fragile and sensitive to liquid water, which can cause softening of the
catalyst followed by crusting or plugging.

The catalyst is supplied as copper oxide on a zinc oxide carrier, and the copper must be
reduced by heating it in a stream of inert gas with measured quantities of hydrogen.
Reduction is strongly exothermic and must be closely monitored.

Methanation. In wet scrubbing plants, final hydrogen purification is by methanation,
which converts CO and CO, to CH,. The active agent is nickel, on an alumina carrier.
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The catalyst has a long life, as it operates under clean conditions and is not exposed to
poisons. The main source of deactivation is plugging from carryover of CO, removal solu-
tions.

The most severe hazard is overtemperature, from high levels of CO or CO,. This can
result from breakdown of the CO, removal equipment or from exchanger tube leaks which
quench the shift reaction. The results of breakthrough can be severe, since the methanation
reaction produces a temperature rise of 125°F per 1 percent of CO, or 60°F per 1 percent
of CO,. While the normal operating temperature in a methanator is approximately 600°F
(315°C), it is possible to reach 1300°F (700°C) in cases of major breakthrough.

Feed Purification. Long catalyst life in modern hydrogen plants is attributable to a great
extent to effective feed purification, particularly sulfur and chloride removal. A typical
natural gas or other light hydrocarbon feedstock contains traces of H,S and organic sulfur.
Refinery gas may contain organic chlorides from a catalytic reforming unit.

To remove these it is necessary to hydrogenate the feed to convert the organic sulfur to
H,S, which is then reacted with zinc oxide: organic chlorides are converted to HCI and
reacted with an alkali metal adsorbent. Purification is done at approximately 700°F
(370°C), since this results in best use of the zinc oxide as well as ensures complete hydro-
genation.

Coking of Reforming Catalyst. Coking of the reformer catalyst is the most
characteristic problem in a hydrogen plant. While it may be similar in appearance to
the fouling of heater tubes found in other units, additional precautions are necessary
here. A major reason for the high reliability of modern units is the reduction in
catalyst coking. This is due to advances in catalyst technology and in reformer design.

While light, methane-rich streams such as natural gas or light refinery gas are the most
common feeds to hydrogen plants, there is often a requirement to process a variety of heav-
ier feedstocks, including LPG and naphtha, because of seasonal variations in feedstock
price, an interruptible supply of natural gas, or turnarounds in a gas-producing unit.
Feedstock variations may also be inadvertent, for example, changes in refinery offgas com-
position from another unit.

When heavier feedstocks are used in a hydrogen plant, the primary concern is coking
of the reformer catalyst. There will also generally be a small capacity reduction due to the
additional carbon in the feedstock and additional steam required. This increases the load
on the shift and CO, removal section of the plant. The size of this effect will depend on the
feedstocks used and on the actual plant. Coking, however, is of more immediate concern,
since it can prevent the plant from operating.

Coking is most likely about one-third the way down the tube, where both temperature
and hydrocarbon content are high enough. In this region, hydrocarbons can crack and
polymerize faster than the coke is removed by reaction with steam or hydrogen. Once the
catalyst is deactivated, temperature increases further and coking accelerates. Farther down
the tube, where the hydrocarbon/hydrogen (HC/H,) ratio is lower, there is less risk of cok-
ing. Coking depends to a large extent on the balance between catalyst activity and heat
input; more active catalyst produces more hydrogen at lower temperature, reducing the risk
of coking. Uniform heat input is especially important in this region of the catalyst tube,
since any catalyst voids or variations in catalyst activity can produce localized hot spots,
leading to coke formation or tube failure.

Coke formation results in hot spots in catalyst tubes and can produce characteristic pat-
terns known as giraffe necking or tiger tailing. It increases pressure drop, reduces conver-
sion of methane, and can cause tube failure. Coking may be partially alleviated by
increasing the steam/hydrocarbon ratio to change the reaction conditions, but the most
effective solution is to replace the reformer catalyst with one designed for heavier feeds.
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In addition to the reforming and shift reactions over reforming catalyst, a number of
side reactions occur. Most of these include the production or removal of carbon. Carbon is
continuously formed on the catalyst, but ordinarily reacts with steam faster than it can
build up. Heavier feeds produce carbon at a much higher rate. Unless the process condi-
tions or the catalyst is changed, the carbon can accumulate.

Standard methane reforming catalyst uses nickel on an alpha-alumina ceramic carrier.
The alumina is acidic, which promotes hydrocarbon cracking and can form coke with heav-
ier feeds. Some catalyst formulations use a magnesia/alumina spinel which is more neutral
than alpha-alumina. This reduces cracking on the carrier and allows somewhat heavier feed-
stocks to be used—typically into the LPG range. The drawbacks to this approach include dif-
ficulty in reducing the catalyst unless there is a supply of hydrogen in the reducing gas, and
the possible damage to the catalyst by hydration of the catalyst during start-up.

Further resistance to coking can be achieved by adding an alkali promoter, typically
some form of potash (KOH), to the catalyst. Besides reducing the acidity of the carrier, the
promoter catalyzes the reaction of steam and carbon. While carbon continues to be formed,
it is removed faster than it can build up. This approach can be used with naphtha feed-
stocks up to a boiling point of 350°F (about 180°C).

Under the conditions in a fired reformer, potash is volatile, and it is incorporated into
the catalyst as a more complex compound which slowly hydrolyzes to release KOH. The
promoted catalyst is used only in the top half of the catalyst tubes, since this is where the
hydrocarbon content, and the possibility of coking, is the highest. In addition, this keeps
the potash out of the hottest part of the tube, reducing potash migration.

Alkalized catalyst allows the use of a wide range of feedstocks, but it does have draw-
backs. In addition to possible potash migration, which can be minimized by proper design
and operation, the catalyst is somewhat less active than conventional catalyst.

Prereforming. Another option to reduce coking in steam reformers is to use a
prereformer. This uses a fixed bed of very active catalyst, operating at a lower
temperature, upstream of the fired reformer' (Fig. 6.1.6). Inlet temperatures are
selected so that there is minimal risk of coking. Gas leaving the prereformer contains
only steam, hydrogen, carbon oxides, and methane. This allows a standard methane
catalyst to be used in the fired reformer. This approach has been used with feedstocks
up to light kerosene. The drawback to this approach is the need for a separate
prereformer reactor and a more complicated preheat train.

Since the gas leaving the prereformer poses reduced risk of coking, this also makes the
fired reformer more “forgiving.” Variations in catalyst activity and heat flux in the primary
reformer become less critical.

Besides its use for feedstock flexibility, a prereformer can be used to reduce the fuel
consumption and steam production of the reformer. Since the prereformer outlet gas does
not contain heavier hydrocarbons, it can be reheated to a higher temperature than the orig-
inal feedstock without the risk of carbon formation. The higher preheat temperature
reduces the radiant duty and fuel consumption as well as steam production.

Reformer Design

Equipment Configuration. Designs for steam reforming furnaces must deal with the
problems caused by the extremely high process temperatures. These include thermal
expansion, cracking, and overheating. The high temperatures also mean the use of
exotic alloys; as an example, a common tube material is HP-45, which contains 25
percent chrome and 35 percent nickel, with the element niobium added to stabilize the
grain structure.
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FIGURE 6.1.6 Prereformer flow scheme.

Tube expansion at reforming temperatures is approximately 10 in (250 mm) for a typ-
ical 40-ft (12-m) tube. This expansion is taken up at the cold end of the tube by connect-
ing the tubes to the inlet header with long, relatively flexible tubes called pigtails. A
counterweight system is used to support the tube and ensure that the tube is kept in con-
stant tension to prevent bowing.

The combination of light feedstock and the good thermal conductivity of hydrogen
allow the use of high flux rates, typically above 20,000 Btu/(h - t*) [63,000 W/m?]. This in
turn requires that heat flux be very uniform to avoid hot spots. In larger furnaces, firing is
from both sides of the tube, and measures are taken to ensure that heat flux is relatively
uniform over the length of the tube. This may be done by using a radiant wall design such
as a terrace wall unit, or positioning the flame next to the coldest part of the tube in down-
fired units.

Since catalyst is packed into the tubes, many multiple passes are used to keep pressure
drop to a manageable level. There are several hundred parallel passes in a large furnace.
Careful packing of the catalyst into the tubes ensures even flow distribution.

Several reformer configurations have evolved to deal with these factors: Terrace Wall,
side-fired, down-fired, and bottom-fired furnaces are used. These designs are summarized
below.

Terrace Wall. Foster Wheeler’s Terrace Wall reformer was developed to handle the
high temperatures and high heat fluxes used in steam reforming. This design uses a
long, relatively narrow firebox, with the tubes in a single row down the center (Figs.
6.1.7 to 6.1.9). The burners are located in terraces along the sides and fire upward
against sloping, refractory-lined walls. Generally two terraces are used. The hot
refractory then radiates heat to the tubes, resulting in a very uniform, controlled heat
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FIGURE 6.1.7 This Terrace Wall reformer located in a North American refinery produces more than
120 million SCFD of hydrogen from natural gas or light refinery gas.

distribution. This helps to avoid localized overheating and carbon laydown. The
process gas flow is downward, and the flue gas flow upward. The convection section is
located above the radiant section. Larger furnaces often use two radiant cells, located
side by side and sharing a common convection section.

The radiant wall design provides uniform heat flux and is resistant to localized overheat-
ing, even in the event of catalyst coking. The vertical stacking of the furnace, with the con-
vection section located above the radiant section, results in smaller plot area for most sizes.

The updraft arrangement minimizes power required for fans, and the furnace can be
designed to operate in natural draft, without fans.

Side-Fired. This design is similar to the Terrace Wall furnace, with burners
located at multiple levels (often six levels). Special burners are used to direct the
flames back against the walls. It is possible to get additional control of firing from the
larger number of burners.

Down-Fired. This design uses burners located on the roof of the furnace, firing
downward (Fig. 6.1.10). Multiple rows of tubes are used, alternating with rows of
burners. Special burners are used to ensure the proper flame pattern. This is required
in order to get good heat distribution along the length of the tube. Both process gas
and flue gas flow is downward.

The multiple rows allow reduced cost for extremely large units, as is required in large
methanol or ammonia plants. The convection section is located at grade; this allows good
fan access and more stable fan mounting but increases the plot area required. Fewer (but
larger) burners are required.

Cylindrical. The furnace is in the shape of a vertical cylinder, with burners
located in the center of the floor. The tubes are arranged in a ring around the burners.
Ample spacing between the tubes allows radiation to be reflected from the furnace
walls and to reach the backs of the tubes, in order to provide good heat distribution.
Both process gas and flue gas flow is upward.

This design is used for smaller units, with an upper plant size limit of 5 to 10 million SCFD
[5500 to 11,000 (N) m*/h] of hydrogen with a single reformer. Since the hot end of the tubes
is at the top, the tubes can be anchored at the top and expand downward. The counterweights
or spring hangers used on larger units are not necessary, reducing the cost of the furnace.
These units are generally shop-fabricated. Size is therefore limited by shipping restrictions.
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FW HYDROGEN PRODUCTION 6.21

FIGURE 6.1.9 Terrace Wall reformer.

Plant Operation

Several operations are characteristic of hydrogen plants. They include loading catalyst into
the reformer tubes, measuring tube metal temperatures, and pinching off of catalyst tubes.

Catalyst Loading. The goal of catalyst loading is to fill the 40-ft-long (12-m-long)
tubes completely, without voids and without fracturing any of the catalyst rings. Early
reformers were loaded by filling the tubes with water and dumping the catalyst in.
This was discontinued after it was found that on start-up, water trapped inside the
catalyst turned to steam and fractured the rings.

Traditionally, loading has been done by first loading the catalyst into cloth tubes,
known as socks, and then lowering the socks into the tubes. By manipulating the rope, the
catalyst is dumped, falling only a few inches. This is a slow process, requiring vibration of
the tubes to eliminate voids and careful measurement of the tube pressure drop and vol-
ume loaded into each tube to ensure consistency.

Catalyst Tube Temperature Measurement. As hydrogen plant technology has
matured, competitive pressures have made it necessary to operate plants closer to their
limits, including temperature limits on the catalyst tubes. To avoid tube failures, many
plants now monitor tube metal temperatures each day, or even each shift. Optical
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(actually infrared) pyrometers are used to measure catalyst tube temperatures, since
thermocouples do not survive the 1700 to 1800°F (930 to 980°C) conditions.

Besides measuring metal temperatures, it is important to identify variations in temper-
ature which may indicate catalyst problems. Catalyst deactivation will raise the tube tem-
perature, as it becomes necessary to fire harder to reach the same conversion. Poisoning
also often causes variations in catalyst activity, leading to hot spots on the tubes and dis-
tinctive patterns, known as tiger tailing or giraffe necking. Catalyst breakup from thermal
cycling can also cause similar patterns, as well as hot tubes from plugging.

Whether one is measuring temperature or identifying patterns, accurate readings
require a clear view of the catalyst tubes, preferably from a direction perpendicular to the
metal surface. The Terrace Wall or side-fired furnaces provide an advantage in this case,
since most furnaces include viewing ports to allow measurement of temperature on Vvirtu-
ally all tubes. The multiple tube rows common in down-fired furnaces require viewing
from the end of the tube rows, making accurate measurement difficult.

Tube Damage and Pinching. The life of the catalyst tubes depends to a large extent
on the condition of the catalyst, which in turn is subject to damage by poisoning or
mechanical stress. Poisoning is possible from sulfur or chlorides, in either the
feedstock or low-quality steam, while mechanical stress is usually from thermal
cycling. The metal tubes have a higher coefficient of thermal expansion than does the
catalyst. As the tubes heat up, they expand and the catalyst settles farther down the
tube. When the tube cools, it contracts and the catalyst is fractured. After a number of
cycles, the catalyst can break up, plugging the tube or forming voids.

Breakup from thermal cycling can be aggravated by high pressure drop in the catalyst
tubes. A smaller tube diameter can reduce furnace cost, since catalyst volume and tube
weights are reduced for a given tube surface area. However, pressure drop is increased at
smaller diameters, leading to greater stress on the catalyst. During process upsets it
becomes easier to exceed the crush strength of the catalyst, and the catalyst fractures.

As the condition of the catalyst worsens, hot spots can develop in tubes and the tube
can rupture. Shutting down the furnace at this point to repair the tubes would lead to lost
production as well as extra heating/cooling cycles. Individual tubes can be isolated on line
to seal them off and continue operation. This is done by pinching the pigtails shut with a
hydraulic clamp while the unit is operating. Many operators shut off hydrocarbon feed
while this is done, keeping steam flowing to the tubes.

The tubes themselves are also subject to damage from thermal cycling. As the tubes
heat up, the outside and hotter part of the tube wall expands more than the inner portion,
leading to high stress levels. The metal will creep in operation, normalizing the stress. The
process is then reversed when the tube cools. Continued cycling can lead to cracks.

INTEGRATION INTO THE MODERN REFINERY

Purification

A wide variety of processes are used to purify hydrogen streams.* Since the streams are
available at a wide variety of compositions, flows, and pressures, the best method of purifi-
cation will vary.

Factors which must be considered in selecting a purification method include

¢ Cost (investment and operating)

e Hydrogen recovery
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e Product purity
e Pressure profile
e Turndown

e Proven reliability

Wet Scrubbing. Wet scrubbing systems, particularly amine or potassium carbonate
systems, are used for removal of acid gases such as H,S or CO,. Most depend on
chemical reaction and can be designed for a wide range of pressures and capacities.
They were once widely used to remove CO, in steam reforming plants, but have
generally been replaced by PSA units except where CO, is to be recovered. They are
still used to remove H,S and CO, in partial oxidation plants.

Wet scrubbing systems remove only acid gases or heavy hydrocarbons, but not methane
or other light gases, hence have little influence on product purity. Therefore, wet scrubbing
systems are most often used as a pretreatment step, or where a hydrogen-rich stream is to
be desulfurized for use as fuel gas.

PSA. Pressure-swing adsorption uses beds of solid adsorbent to separate impure
hydrogen streams into a very pure high-pressure product stream and a low-pressure
tail gas stream containing the impurities and some of the hydrogen. The beds are then
regenerated by depressuring and purging (Figs. 6.1.11 and 6.1.12). Part of the
hydrogen—typically 10 to 20 percent—is lost into the tail gas.

The cost of the system is relatively insensitive to capacity. This makes PSA more eco-
nomic at larger capacities, while membrane units tend to be favored for smaller plants.

PSA is generally the first choice for steam reforming plants because of its combination
of high purity, moderate cost, and ease of integration into the hydrogen plant. It is also
often used for purification of refinery offgases, where it competes with membrane systems.

PRODUCT

99.9+% H,
FEED - 10 psig
(FEED - 0.7 kg/cm?g)

110°F (43°C)
d >
FEED TAIL GAS
H, + IMPURITIES IMPURITIES + H,
FEED PRESSURE 5 psig (035 kefem?g)
100°F (38°C) 90°F (32°C)

FIGURE 6.1.11 This figure illustrates the flow through a PSA unit for the different steps in the cycle.
In the first step impure hydrogen enters the bottom of the bed, with pure hydrogen leaving the top. In
the next step pure hydrogen is recovered as the bed is partially depressurized into another bed at lower
pressure. These “equalizations” are a key to the high recovery of hydrogen in modern PSA units. The
bed is then vented to the tail gas system and purged with pure hydrogen from another bed.
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FIGURE 6.1.12 PSA process steps.

Turndown is simple to about 30 percent of flow, where it is limited by the accuracy of
flow measurement. Systems can be designed to go somewhat lower by adding low-range
transmitters. Reliability is very high.

It is not generally economic to design a PSA unit to process both synthesis gas from
steam reforming and hydrogen/hydrocarbon gas. Doing so causes problems with both the
fuel balance and the adsorbents. Tail gas from the steam reforming unit consists largely of
CO, and is returned at low pressure to the reformer furnace as fuel. The plant fuel balance
requires that the tail gas from the hydrocarbon PSA be compressed into the fuel system.
Combining these two units would result in too much fuel gas to supply the reformer fur-
nace, with much of the CO, from the synthesis gas being compressed into the refinery fuel
system. In addition, the adsorbents for the two systems are different, and combining them
would affect the hydrogen recovery.

Membranes. Membrane units separate gases by taking advantage of the difference in
rates of diffusion through membranes. Gases which diffuse faster (including
hydrogen) become the permeate stream and are available at low pressure. The slower
gases become the nonpermeate and leave the unit at close to feed pressure.

Membrane units contain no moving parts or switch valves and have potentially very
high reliability. The major threat is from components in the gas (such as aromatics), which
attack the membranes, or from liquids, which plug them.

Membranes are fabricated in relatively small modules; for larger capacity more mod-
ules are added. Cost is therefore virtually linear with capacity, making them more com-
petitive at lower capacities.

Design of membrane systems involves a trade-off between pressure drop (or diffusion
rate) and surface area, as well as between product purity and recovery. As the surface area
is increased, the recovery of fast components increases; however, more of the slow com-
ponents are recovered, which lowers the purity. Operating them at turndown changes the
relationship between diffusion rate and surface area; modules may be taken out of service
to keep conditions constant.
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Cryogenic Separation. Cryogenic separation units operate by cooling the gas and
condensing some of or all the gas stream. Depending on the product purity required,
separation may be by simple flashing or by distillation. Cryogenic units tend to be
more expensive than other processes, especially in smaller sizes. This is so partly
because of the feed pretreatment required to remove compounds which would freeze,
such as water or CO,. They are therefore used either in very large sizes or where they
offer a unique advantage, such as the ability to separate a variety of products from a
single feed stream. One example is the separation of light olefins from an FCC gas.
Hydrogen recovery is in the range of 95 percent, with purity above 98 percent obtain-
able. Once the material has been condensed, additional fractionation is relatively cheap.

Feedstocks

The best feedstocks for steam reforming are light, saturated, and low in sulfur; this
includes natural gas, refinery gas, LPG, and light naphtha. These feeds can be converted
to hydrogen at high thermal efficiency and low capital cost.

Natural Gas. Natural gas is the most common hydrogen plant feed, since it meets all
the requirements for reformer feed and is low in cost. A typical pipeline natural gas
(Table 6.1.8) contains over 90 percent C, and C,, with only a few percent of C, and
heavier hydrocarbons. It may contain traces of CO,, with often significant amounts of
N,. The N, will affect the purity of the product hydrogen: It can be removed in the
PSA unit if required, but at increased cost.

Purification of natural gas, before reforming, is usually relatively simple. Traces of sul-
fur must be removed to avoid poisoning the reformer catalyst, but the sulfur content is low
and generally consists of H,S plus some mercaptans. Zinc oxide, often in combination
with hydrogenation, is usually adequate.

Refinery Gas. Light refinery gas, containing a substantial amount of hydrogen, can
be an attractive steam reformer feedstock. Since it is produced as a by-product, it may
be available at low cost. Processing of refinery gas will depend on its composition,
particularly the levels of olefins and of propane and heavier hydrocarbons.

Olefins can cause problems by forming coke in the reformer. They are converted to sat-
urated compounds in the hydrogenator, giving off heat. This can be a problem if the olefin
concentration is higher than about 5 percent, since the hydrogenator will overheat. A recy-
cle system can be installed to cool the reactor, but this is expensive and wastes heat.

TABLE 6.1.8 Typical Natural Gas

Composition
Component Vol %

CH, 81.0
C,H, 10.0
C,Hy 1.5
CH,, 0.5
CH,,+ 0.2

) 5.8
Co, 1.0

Sulfur (H,S, RSH) 5 vol ppm
Total 100.0

Note: RSH = mercaptans.
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Heavier hydrocarbons in refinery gas can also form coke, either on the primary
reformer catalyst or in the preheater. If there is more than a few percent of C, and higher
compounds, a promoted reformer catalyst should be considered, to avoid carbon deposits.

When hydrogen content is greater than 50 vol % and the gas is at adequate pressure,
another option is hydrogen recovery, using a membrane or pressure-swing adsorption unit.
The tail gas or reject gas, which will still contain a substantial amount of hydrogen, can
then be used as steam reformer feedstock.

Refinery gas from different sources varies in suitability as hydrogen plant feed.
Catalytic reformer offgas, as shown in Table 6.1.9, for example, is saturated and very low
in sulfur and often has a high hydrogen content. This makes excellent steam reformer feed-
stock. It can contain small amounts of chlorides. These will poison the reformer catalyst
and must be removed.

The unsaturated gas from an FCC or coker, on the other hand, is much less desirable.
Besides olefins, this gas contains substantial amounts of sulfur, which must be removed
before the gas is used as feedstock. These gases are also generally unsuitable for direct
hydrogen recovery, since the hydrogen content is usually too low.

Hydrotreater offgas lies in the middle of the range. It is saturated, so it is readily used
as hydrogen plant feed. The content of hydrogen and heavier hydrocarbons depends to a
large extent on the upstream pressure. Sulfur removal will generally be required.

The process scheme shown in Fig. 6.1.13 uses three different refinery gas streams to
produce hydrogen. First, high-pressure hydrocracker purge gas is purified in a membrane
unit. Product hydrogen from the membrane is available at medium pressure and is com-
bined with medium-pressure offgas, which is first purified in a PSA unit. Finally, low-pres-
sure offgas is compressed, mixed with reject gases from the membrane and PSA units, and
used as steam reformer feed. The system also includes a recycle loop to moderate the tem-
perature rise across the hydrogenator from the saturation of olefins.

Liquid Feeds. Liquid feeds, either LPG or naphtha, can be attractive feedstocks
where prices are favorable. Naphtha is typically valued as low-octane motor gasoline,
but at some locations there is an excess of light straight-run naphtha, and it is available
cheaply. Liquid feeds can also provide backup feed, if there is a risk of natural gas
curtailments.

The feed handling system needs to include a surge drum, feed pump, and vaporizer,
usually steam-heated. This will be followed by further heating, before desulfurization. The
sulfur in liquid feeds will be in the form of mercaptans, thiophenes, or heavier compounds.
These compounds are stable and will not be removed by zinc oxide; therefore a hydro-
genator will be required. As with refinery gas, olefins must also be hydrogenated if they
are present.

TABLE 6.1.9 Typical
Catalytic Reformer Offgas
Composition

Component  Volume %

H, 75.5
CH, 9.6
CH, 7.6
C,Hy 45
CH,, 2.0
C.H,,+ 0.8

Total 100.0
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FIGURE 6.1.13 Feed handling and purification with multiple feedstocks.

The reformer will generally use a potash-promoted catalyst to avoid coke buildup from
cracking of the heavier feed. If LPG is to be used only occasionally, it is often possible to
use a methane-type catalyst at a higher steam/carbon ratio to avoid coking. Naphtha will
require a promoted catalyst unless a prereformer is used.

HEAT RECOVERY

In selecting a heat recovery system for a new plant, a number of factors must be balanced:
environmental regulations, capital cost, operating cost, and reliability. The relative impor-
tance of these will vary from project to project.?

The environmental regulations with the greatest impact on plant design are typically NO_
limitations. Other impacts such as SO_ or water emissions are minimal, because low-sulfur
fuel is typically used and there are few emissions other than flue gas. The choice of heat
recovery system can have a major effect on NO, production, since both the amount of fuel
fired and the flame temperature will be affected. Preheating combustion air will reduce fir-
ing, but since NO_ formation is strongly influenced by flame temperature, there will be an
overall increase in NO, formation. Other methods of reducing firing, such as prereforming
or heat-exchange reforming, do not affect the flame temperature and will therefore reduce
NO, production. Any of these methods can also be useful if there is a limit on the total
amount of fuel fired, such as when a plant is to be expanded under an existing permit.

Capital cost and operability will generally favor steam generation. This is the simplest
scheme, and it is favored wherever the additional steam can be used (Table 6.1.10). No
additional catalysts are necessary, and if a Terrace Wall or a side-fired reformer is used, it
is possible to build the reformer as a natural-draft unit. This eliminates the forced- and
induced-draft fans and further improves reliability. In cases where steam has little value,
air preheat, prereforming, or heat-exchange reforming will be favored, although capital
cost will be increased with these options.
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TABLE 6.1.10 Economics of Air Preheat versus Steam Generation*

Fuel fired, Steam

Effect of air preheat million Btu produced, klb BFW, klb Total
Reduction per hour 85.4 45.8 46.6
Unit cost (low fuel cost): 0.95 2.20 0.44

Cost per hour, $ —81.17 100.66 —20.53 —1.04

Cost per year, $ —8700
Unit cost (high fuel cost): 3.00 5.00 0.70

Cost per hour, $ —256.33 228.77 —32.65 —60.22

Cost per year, $ —505,800

*Basis: 45 million SCFD [50,000 (N) m3/h], 8400 h/yr.
Note: BFW = boiler feedwater.

Prereforming

In prereforming, use of a highly active catalyst allows reforming to occur at a lower tem-
perature.'

The reformer feedstock is mixed with steam and passed over the prereforming catalyst,
as is shown in Fig. 6.1.6. As reforming proceeds, the temperature falls. The gas is then
reheated and sent to the primary reformer. For feedstocks heavier than methane, heat of
cracking will tend to raise the temperature and can result in a temperature rise for liquid
feeds or heavy refinery gases. The technology is well proved, and the catalyst has been
used for other applications in naphtha reforming. Other than the reactors, the only addi-
tional equipment required is a preheat coil in the reformer.

On the other hand, only a limited amount of heat can be recovered, since the reactor
inlet temperature is limited to about 930°F (500°C) to avoid cracking of the feedstock.
Much of the savings in energy comes from the ability to reheat the feed to a high temper-
ature. Since the prereformer outlet contains no hydrocarbons heavier than methane, there
is little risk of cracking.

The high-activity catalyst is also sensitive to deactivation, and provision must be made
to allow catalyst changeout during operation.

Heat-Exchange Reforming

The process gas leaving the reformer can be used as a heat source for additional reform-
ing. Reforming catalyst is packed in the tubes of a heat exchanger, and the primary
reformer outlet gas flows in the shell. Various arrangements are used to cope with tube
expansion, such as the one shown in Fig. 6.1.14. Here the hot gas from the primary mixes
with the gas leaving the open-ended catalyst tubes and then flows along the outside of the
catalyst tubes. An advantage of the heat-exchange reformer is that it can reach higher tem-
peratures and recover more heat than the prereformer, although at higher equipment cost.

The temperature in the heat-exchange reformer is lower than that in the primary. The
steam/carbon ratio in the heat-exchange reformer can be increased to correct this which
affects the reforming equilibrium. This also shifts the reforming heat load to a lower tem-
perature, improving the heat balance.

The main effect of the heat-exchange reformer is to reduce the fuel demand and steam
generation. Table 6.1.11 shows this reduction: from 159,000 1b/h (72 MT/h) with the pri-
mary reformer alone, to 77,000 1b/h (35 MT/h) with the addition of the heat-exchange
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FIGURE 6.1.14 Heat-exchange reforming.

reformer. By combining the heat-exchange reformer with air preheat, there is a further
reduction in the steam generation and fuel demand for the plant: Export steam is reduced
to 21,000 1b/h.

ECONOMICS

Process Route

Capital costs for hydrogen production are illustrated in Fig. 6.1.15, which compares costs
for purification, steam reforming, and partial oxidation. Where hydrogen is already avail-
able in sufficient quantity, it is cheapest to merely purify it as required. In most cases this
is not sufficient, and it is necessary to manufacture it.

Figure 6.1.15 illustrates why steam reforming is favored over partial oxidation. For
light feedstocks, capital costs for the inside battery limit (ISBL) plants are similar for
steam reforming or partial oxidation. However, when the cost of oxygen is included, the
cost for partial oxidation (POX) rises substantially. Naphtha reforming is slightly higher in
capital cost than reforming of natural gas. Feedstock cost will depend on the value of the
naphtha; where the naphtha is valued as motor gasoline, as in Fig. 6.1.15, it cannot com-
pete with natural gas. Where there is a surplus of low-octane naphtha, it may be valued at
fuel cost or even below; in this case steam reforming of naphtha can be attractive.

For partial oxidation of residual fuel, a substantial amount of equipment is required to
handle the soot, ash, and sulfur (Fig. 6.1.4). The cost for this additional equipment, as well
as the additional oxygen required, means that heavy oil must be much cheaper than natu-
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TABLE 6.1.11  Utility Comparison Heat-Exchange Reformer

Heat-exchange reformer

Base case  Cold air  Air preheat

Hydrogen, million SCFD 50 50 50
Primary reformer, °F 1500 1550 1600
Natural gas, million SCFD:
Feed 20.9 18.9 17.6
Fuel 1.7 1.2 0.8
Total 22.6 20.1 18.4
Steam export, Ib/h 159,000 77,000 21,000

Cost Relative to Steam Reforming (SMR)
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FIGURE 6.1.15 Production cost of different cost process routes. PSA =
pressure-swing adsorption; SMR = steam-methane reforming; POX = par-
tial oxidation.

ral gas to justify partial oxidation. Alternatively, partial oxidation may be used as a way to
dispose of a stream such as petroleum coke or asphalt, which is considered a waste prod-
uct.

Capital Cost

Where capacity, feedstock, and method of heat recovery are known for a steam reforming
plant, a reasonable estimate may be made of capital cost, typically to an accuracy of +30 per-
cent. For a 50 million SCFD[56,000 (N) m*h] hydrogen plant, based on natural gas feed and
using steam generation for heat recovery, capital cost is approximately $30 million.

This assumes a battery limit process unit, including the equipment shown in Fig. 6.1.3,
on the U.S. Gulf Coast constructed in second quarter 2002 through mechanical comple-
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tion. It also assumes that the site is free of above- and below-ground obstructions. It does
not include the cost of land, taxes, permits, warchouse parts, escalation, catalyst, and sup-
port facilities.

Make or Buy

In recent years refiners have been presented with a viable alternative to building their own
hydrogen plant. It is possible to buy hydrogen like a utility “over the fence” from one of
the major industrial gas companies. These companies typically have experience producing
and selling many industrial gases such as hydrogen, nitrogen, and oxygen, and several
have pipeline networks which can provide additional reliability and economies of scale.

Revamps

Changes to refinery product or feedstock slates often require incremental increases in
hydrogen production. Especially with older plants, it may often be feasible to get this extra
capacity by revamping an existing unit.

Bottlenecks to increased capacity typically fall into one or more of the following areas:
the reformer, CO, removal, or hydraulics/compression. Heat transfer is typically less of a
problem, and changes here are often integrated with improving the plant hydraulics.

A number of the developments already mentioned can be used to increase capacity. For
example, improved catalyst tube metallurgy can allow operation at higher reformer tem-
peratures and lower steam/carbon ratio. The reduced steam flow then allows operation at
higher hydrogen production rates.

In wet scrubbing plants, a change in solution composition or tower internals can allow
more gas through the same towers.

Increasing capacity of an existing PSA unit may also be attractive, but here the situa-
tion is more complex. The economics of PSA systems depend on moving gas from one
absorber to another during the depressuring/repressuring steps. Because of this they are
highly integrated, and a revamp may involve changing adsorbent, modifying cycles,
adding beds, or increasing the size of existing piping and valves.

One option that has not proved viable is the replacement of wet scrubbing systems with
PSA units. Because of the loss of hydrogen into the PSA tail gas, this actually would
reduce the capacity of the plant.

UTILITY REQUIREMENTS

Typical utility requirements for a 50 million SCFD hydrogen plant feeding natural gas are
as follows (no compression is required).

Feedstock 730 million Btu/h (770 GJ/h)
Fuel 150 million Btu/h (158 GJ/h)
Export steam, 600 1b/in® gage/700°F 120,000 Ib/h (54 MT/h)
BFW 160,000 Ib/h (72 MT/h)
Cooling water 900 gal/min (200 m*/h)

Electricity 400 kW
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CHAPTER 7.1

ISOCRACKING—
HYDROCRACKING FOR
SUPERIOR FUELS AND

LUBES PRODUCTION

Alan G. Bridge" and Ujjal K. Mukherjee

Chevron Lummus Global
Richmond, California, and Bloomfield, New Jersey

Hydrocracking technology plays the major role in meeting the need for cleaner-burning
fuels, effective feedstocks for petrochemical operations, and more effective lubricating
oils. Only through hydrocracking can heavy fuel oil components be converted to trans-
portation fuels and lubricating oils whose quality will meet tightening environmental and
market demands.

The Chevron Lummus Global Isocracking process, widely licensed for more than 40
years, has technological advantages for gasoline, middle-distillate, and lubricating oil pro-
duction. Optimizing a refinery is always a matter of balance. Every benefit has a cost; every
incremental gain in margin trades off against a loss somewhere else. Isocracking helps with
this balance by delivering trade-off advantages with respect to product yield, quality, catalyst
choice and run length, capital costs, operating costs, versatility, and flexibility. Through its
families of amorphous and zeolitic catalysts, Isocracking provides refiners with essential
flexibility in choices of crude to buy, products to sell, specifications to meet, configurations
to use, and efficiency and profitability to achieve, all with the trade-off advantage. This chap-
ter explains the process technology that provides these benefits.

ISOCRACKING CHEMISTRY

Chevron’s Lummus Global’s hydrocracking process was named Isocracking because of
the unusually high ratio of isoparaffins to normal paraffins in its light products. A high per-
centage of isoparaffins increases light naphtha product octane numbers and produces out-
standing middle-distillate cold flow properties—kerosene/jet fuel freeze point and diesel
pour point. In 1992, Chevron enhanced its process capabilities in heavy paraffin isomer-
ization by commercializing the Chevron Lummus Global Isodewaxing® process. When

*Deceased
FTrademark of Chevron Lummus Global.
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combined with hydrocracking, Isodewaxing is the most efficient way to produce high-vis-
cosity-index (VI), low-pour-point lube oil base stocks.

Isocracking provides a unique combination of aromatic saturation and paraffin isomer-
ization which generates an attractive combination of product qualities (see Table 7.1.1).
The process removes heavy aromatic compounds and produces middle distillates with out-
standing burning qualities—high kerosene/jet fuel smoke points and high diesel cetane
numbers. The heavy product is rich in hydrogen, making it a prime candidate for feedstock
to lube oil facilities, ethylene crackers, or fluid catalytic cracking (FCC) plants.

When combined with other Chevron Lummus Global processes such as Isotreating (for
the processing of light distillates), Isodewaxing or LC-Fining (for the processing of vacu-
um residuum), Isocracking can be used to process everything from residuum to cracked
distillate stocks for the production of very high-quality middle distillates, LPG, finished
lube base stocks, naphtha and low-sulfur fuel oils in addition to feeds for FCC or petro-
chemicals units.

THE IMPORTANCE OF HYDROGEN

Hydrocracking removes the undesirable aromatic compounds from petroleum stocks by
the addition of hydrogen. The amount of hydrogen required depends on the character of
the feedstock.

Isocracking produces cleaner fuels and more effective lubricants from a wide variety of
petroleum stocks, different crude oil sources, and, in some cases, heavy oils generated by
different processing routes. These technical challenges can be illustrated by focusing on
feed and product hydrogen contents using a Stangeland diagram,' as shown in Fig. 7.1.1.
This relates the hydrogen content of hydrocarbons to their molecular weight and provides
a road map for all hydrocarbons present in petroleum stocks. By comparing the character-
istics of feedstocks and products, the processing schemes required to go from one to the
other can be represented.

The upper line of Fig. 7.1.1 represents the hydrogen content of pure paraffins, which
have the highest hydrogen content of any hydrocarbon series. Aromatic compounds have
much lower hydrogen content and fall considerably below the paraffin line. This diagram
shows regions that meet the specifications for the most important refined products—motor
gasoline, jet/kerosene, diesel, and lubricating oils. The regions for middle distillate and
lubes all border the paraffin line. Aromatic compounds hurt the qualities of these products.
The motor gasoline region is more complex because both hydrogen-rich isoparaffins and
hydrogen-poor aromatics improve octane numbers.

The Isocracking process handles variations in feedstocks easily. Table 7.1.2 shows
some of the important properties of the straight-run distillates from four popular crude oils:

TABLE 7.1.1  Product Quality from Isocracking

Isocracking removes heavy aromatic compounds and creates isoparaffins to produce middle
distillates with outstanding burning and cold flow properties.

« Kerosene with low freeze points and high smoke points

¢ Diesel fuels with low pour points and high cetane numbers

¢ Heavy naphthas with a high content of single-ring hydrocarbons

¢ Light naphthas with a high isoparaffin content

e Heavy products that are hydrogen-rich for feeding FCC units, ethylene plants, or lube oil
dewaxing and finishing facilities




ISOCRACKING—HYDROCRACKING FOR SUPERIOR FUELS AND LUBES PRODUCTION 75

20 —
Maximum Hydrogen Content Paraffinic
Lube
[
S 151
g
=3
z Motor
§ 10 Gasoline
<
a
£
4 S
S =
= Lines of Constant
Bolling Point
° 1 ! 1 1 1 1
50 60 80 100 150 250 500
Molecular Weight

FIGURE 7.1.1 Stangeland diagram showing product hydrogen content. Regions
that meet the specifications for jet/kerosene, diesel, and lube products all border the
paraffin line. Aromatic compounds hurt the quality of these products.

TABLE 7.1.2 Crude Oil Distillate Qualities

Each crude oil contains distillates of different sulfur levels and burning qualities.

Boiling range

°F 400-500 500-650 650-800 800-1000
°C 204-260 260-343 343-427 427-538
Smoke Sulfur, Cetane Sulfur, Viscosity Sulfur, Viscosity
Inspection point, mm  wt%  index wt % index wt % index

Arabian light 22 1.3 51 22 65 2.7 55
Sumatran light 27 0.1 60 0.1 75 0.1 60
Chinese (Shengli) 20 0.4 52 0.6 40 0.7 26
Russian (West Siberia) 20 1.1 49 1.8 46 2.3 35

Arabian light, Sumatran light, Chinese (Shengli), and Russian (Western Siberia). Kerosene
smoke point, diesel cetane, and vacuum gas oil VIs reflect the overall aromatic nature of
the crude oil. Sumatran light is uniquely paraffinic and has the highest hydrogen content.
The sulfur levels of the distillates from these different crude oils are also shown.
Environmental pressures continue to push product sulfur levels down. Although the
Stangeland diagram does not include this important contaminant, sulfur occurs primarily
in the aromatic component of the feedstock. Isocracking effectively eliminates sulfur as it
saturates and cracks the heavy aromatics.

The hydrogen contents of kerosene/jet, diesel, and lube products are shown in Fig.
7.1.2. Again, the paraffinic nature of the Indonesian crude oil is clearly shown. The
Russian and Arabian distillates are much more deficient in hydrogen in the vacuum gas oil
boiling range. Shengli distillates show less variation in hydrogen content from light to
heavy distillates compared to the Russian and Arabian stocks. The refiner’s challenge is to
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FIGURE 7.1.2 Hydrogen content of distillates from four common crude oils. Some crude oils contain
distillates with more hydrogen than others and can be converted to finished products with less effort.

upgrade the vacuum gas oils from these and other crude oils into more valuable, hydrogen-
rich products. Using Chevron’s Lummus Global’s hydrogen-efficient technology, product
specifications can often be exceeded. Consequently, greater blending of lower-quality
straight-run or cracked stocks into product pools is possible, thereby increasing the refin-
er’s margin while keeping product prices down.

ISOCRACKING CONFIGURATIONS

Several popular configurations are used in the Isocracking process:

¢ A single-stage, once-through plant (SSOT) (see Fig. 7.1.3) is a low-cost facility for par-
tial conversion to light products. This configuration is used when the heavy unconvert-
ed oil has value as a lube oil base stock or as feedstock to an ethylene cracker or FCC
unit. Several variants are used to process diesel-range material in the same high-pressure
loop as heavy oils, to produce ultralow-sulfur diesel (ULSD). Parallel Isocracking reac-
tors for lube production are often incorporated in grassroots or revamp situations.

e A two-stage Isocracking unit (see Fig. 7.1.4) is used when maximizing transportation
fuel yield is the primary goal. In this case the unconverted first-stage product is recycle-
hydrocracked in a second stage. This configuration can be designed for maximum yield
of middle distillates or naphtha, depending on product values. The ratio of kerosene/jet
to diesel or middle distillate to naphtha can be varied over a wide range by either chang-
ing product fractionator operation or using alternative second-stage catalysts.?

¢ A suite of processes under the heading “optimized partial conversion” or OPC enable a
refiner to maximize the yield of selected product, vary feedstock quality, vary product
quality, and finally change conversion based on market demands.’
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FIGURE 7.1.3 SSOT Isocracking, the simplest, least expensive configuration. Typical config-
uration for converting heavy oil to lube base stock, FCC feed, or ethylene plant feed.

ISOCRACKING CATALYSTS

Hydrocracking catalysts for upgrading raw (nonhydrotreated) feedstocks contain a mixture
of hydrous oxides for cracking and heavy metal sulfides for hydrogenation.

The simplest method for making hydrocracking catalysts is impregnation of the heavy
metals into the pores of the hydrous oxide which has already been formed into the final
catalyst shape. The support material can contain a number of components—silica, alumi-
na, magnesia, titania, etc. These are all oxides which can exist in a very high surface area
form. The ratio of silica to alumina affects the acidity of the final catalyst and, therefore,
its cracking activity. High-silica catalysts have high acidity and high cracking activity;
high-alumina catalysts have low acidity and low cracking activity.

Zeolites, crystalline aluminosilicates, are sometimes used in hydrocracking catalysts.
Zeolites are very active cracking components which greatly increase the cracking function
of dual functional catalysts. This can provide significant improvements in catalyst per-
formance at the cost of a lighter product yield structure. Using zeolites in hydrocracking
catalysts introduces a yield/activity trade-off into the catalyst design and selection process.

Early experience at Chevron Lummus Global with impregnated catalysts showed that
the most active hydrocracking catalysts for raw (nonhydrotreated) feedstocks were those
with a highly dispersed hydrogenation component, so Chevron Lummus Global developed
catalysts designed to optimize dispersion. Instead of impregnating an already formed sup-
port, cogel catalysts are made by precipitating all components from solution at the same
time into a homogeneous gel. Careful washing, drying, and calcining give the finished cat-
alysts unique and valuable properties and performance.

Isocracking’s cogel catalysts have proved to be highly effective with the heaviest part
of vacuum gas oil (VGO) feeds where the nitrogen compounds are concentrated. Table
7.1.3 shows the pilot-plant conditions used to compare the performance of the first cogel
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FIGURE 7.1.4 Two-stage Isocracking achieves total conversion. Typical configuration for optimizing
yields of transportation fuels, middle distillates, and naphtha.

catalysts to that of impregnated catalysts. The three straight-run vacuum gas oils from
California crude feedstocks used in the tests varied in boiling range from a light
(23.3°API gravity) VGO to a heavy (15.8°API) VGO. Nitrogen content ranged from
1700 to 5200 ppm. The impregnated catalysts were a high-silica catalyst and a high-alu-
mina catalyst.

Table 7.1.4 shows that the cogel and high-silica catalysts exhibited the best perfor-
mance. The high-silica catalysts showed the highest activities on the light feeds, but the
cogel catalyst was superior on the heaviest feedstock. The higher denitrification of the
cogels is the key to their performance on the heavy ends of vacuum gas oils.

This ability to handle heavy feeds was dramatically demonstrated in long runs
designed to measure deactivation (fouling) rates. The cogel fouling rate was an order of
magnitude lower than those measured on a variety of high-silica catalysts. This compar-
ison is shown in Fig. 7.1.5, in which the performance is correlated with the active pore
volume of the different amorphous catalysts. The active pore volume consists of the vol-
ume of pores within the rather narrow pore size range that is needed for optimum con-
version of vacuum gas oil feedstocks. The superior stability of the cogel catalyst is a
result of the more uniform dispersion of the hydrogenation component and the unique
distribution of the pore sizes. This combination is very important for effective process-
ing of heavier feedstocks.

Chevron Lummus Global’s Richmond laboratory created a complete family of amor-
phous cogel Isocracking catalysts. This consists of catalysts whose exceptional stability is
augmented by special capabilities for selective denitrification, conversion to high yields of
middle distillates (jet fuel and diesel), and lube base stocks of outstanding quality.

The addition of small amounts of zeolite components to cogel and other amorphous
catalysts enhanced the cracking function of the catalysts. Refiners who need to meet sea-
sonal gasoline (mogas) and jet fuel demands rather than maximize diesel have found that
amorphous catalysts with zeolite components will produce lighter product slates more effi-
ciently. Chevron Lummus Global calls these catalysts amorphous/zeolite since both com-
ponents contribute equally to catalyst performance.
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TABLE 7.1.3 Conditions for Testing Isocracking Catalyst on California Gas
Oils

High-nitrogen California feedstocks are used in pilot-plant studies to differentiate
between hydrocracking catalysts.

Boiling Catalyst
range, Gravity,  Nitrogen, Pressure, temperature,
°F (°C) °APIL ppm Ib/in® gage °F (°C)
Light feed 600-710
(316-377) 23.3 1700 1600 710 (377)
Medium feed 600-900
(316-482) 19.8 2900 1800 732 (389)
Heavy feed 700-980
(371-527) 15.8 5200 2000 763 (406)

Note: °API = degrees on American Petroleum Institute scale.

TABLE 7.1.4 Results from Testing Isocracking Catalyst on
California Gas Oils

Cogel catalysts are best in converting heavy, high-nitrogen

feedstocks.
Catalyst type
Amorphous Amorphous
high-silica high-alumina ~ Amorphous

impregnated impregnated cogel
Light feed 0.27* 0.17 0.21
Medium feed 0.21 0.15 0.20
Heavy feed 0.46 0.33 0.46
Light feed 9.4 59 7.3
Medium feed 53 4.5 5.6
Heavy feed 4.5 4.9 55

*Rate constants are first-order, for conversions below 550°F for light and
medium feeds, 650°F for heavy feeds. Units: 1/h.

A third category of Chevron Lummus Global’s hydrocracking catalysts, known as zeo-
lite, are noncogel, high-zeolite-content catalysts which were introduced by Chevron in the
1980s for naphtha-producing applications. Performance characteristics of these materials
are included below in “Product Yields and Qualities.”

Chevron Lummus Global has recently introduced a completely new series of zeolitic
catalysts (with new zeolites) that mimic or exceed the performance of its own industry-
leading cogel catalysts in terms of middle distillate yields. In addition, Chevron Lummus
Global has successfully commercialized a noble-metal zeolitic catalyst, ICR-220, with
middle-distillate selectivity of ICR-120, a very middle-distillate selective cogel catalyst.

Depending on the catalyst selected, a complete slate of desired products can be pro-
duced from a variety of available feedstocks. Feedstocks have ranged from light naphthas
to deasphalted oils. FCC cycle stocks are commonly upgraded by hydrocracking. The
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FIGURE 7.1.5 Fouling rate with heavy feeds—cogel versus
impregnated catalysts. Cogels show much greater stability and
longer run cycles than other amorphous catalysts.

desired products vary from country to country, region to region, and refinery to refinery.
In many regions, production of good-quality middle distillates and lube oils gives the best
margins, and hydrocracking is the only process that provides the required feed conversion.

Given the various performance characteristics available from the wide range of high-
performance catalysts, Isocracking can deliver the following advantages.**

¢ QOutstanding activity and resistance to fouling, minimizing hydrocracker capital invest-
ment and hydrogen consumption

e Higher yields of desired products

e Product specifications always met or exceeded

e Long catalyst cycle lengths combined with successful regenerability
¢ Consistent product yields and qualities through run cycle

¢ Flexibility to change product mix

¢ Flexibility to process more difficult feeds by varying operating conditions between reac-
tion stages

PRODUCT YIELDS AND QUALITIES

Meeting the target product yield is the most important property of a hydrocracking cata-
lyst system. Figure 7.1.6 illustrates the different yield structures that Isocracking can pro-
vide by judicious choice of catalyst and design parameters.

Amorphous catalysts such as ICR 106 or ICR 120 or the new generation of zeolitic cat-
alyst systems from Chevron Lummus Global are used for maximum production of middle
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FIGURE 7.1.6 Product yields from alternative catalyst systems. Tailoring
Isocracking catalyst systems enables refiners to produce their target product slate
from a wide range of crudes.

distillates. Isocrackers using these catalysts can achieve upward of 95 liquid volume per-
cent (LV %) yield of total middle distillate (kerosene plus diesel) while producing less than
15 LV % naphtha.

Amorphous Isocracking catalysts give better cold flow properties than other hydroc-
racking catalysts, but not at the expense of yields (see Fig. 7.1.7). Isocracking catalysts
give a 5 to 10 percent higher yield of quality middle distillate with as much as 22°C low-
er heavy diesel pour point. Isocracking also gives better-quality end-of-run products. With
some catalysts, an increase in product aromatic levels occurs as the run cycle progresses.
These aromatics cause the burning quality of middle distillates to deteriorate significantly.
Isocracking catalysts provide consistent product quality throughout the length of the run.
(See Fig. 7.1.8 for variation of jet quality.)

Polynuclear aromatic (PNA) compounds are undesired by-products formed through a
complex sequence of chemical reactions occurring during typical hydrocracking condi-
tions.® In processing of heavy straight-run feedstocks using zeolitic catalysts in a recycle
configuration, PNAs deposit in the cooler parts of the plant. This disrupts hydrocracker
operation. To prevent PNA deposits, most hydrocrackers must operate with a heavy prod-
uct bleed stream. By using amorphous cogel catalysts, which are much less prone to this
phenomenon than zeolitic catalysts, and careful unit design, PNA formation can be con-
trolled and unit downtime can be minimized.

Chevron’s amorphous-zeolitic catalyst ICR-142 is suitable in both first-stage and sec-
ond-stage applications for middle-distillates production. This catalyst is particularly well
suited for Isocrackers that produce hydrocrackate for downstream lube production.
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Isocracking for Middle-Distillate Production

A two-stage Isocracker using amorphous Isocracking catalysts produces very high yields
of kerosene/jet and diesel fuel. The burning qualities of middle distillates produced in the
second (recycle) stage are much better than those of the equivalent stocks produced in a
once-through unit. Table 7.1.5 shows a typical example for an Arabian VGO feedstock.
The aromatic contents of both the jet and diesel products are less than 1 percent. This dif-
ference is shown dramatically in Fig. 7.1.9, which compares the product hydrogen con-
tents for the yield structures shown on Tables 7.1.5 and 7.1.6 with the corresponding
Arabian and Chinese (Fig. 7.1.9) single-stage operations. For comparison, the very low
hydrogen content of FCC products is also shown. In recycle operation, Isocracking pro-
duces middle distillates which exceed target specifications for smoke point, cetane, and
sulfur. This enables a refiner to blend more lower-value diesel stock into the product pool,
thereby upgrading it from fuel oil to diesel value. Figure 7.1.10 shows that diesel blends
containing up to 40 percent FCC light cycle oil are possible, depending on the diesel
cetane and sulfur specifications. Lately, most refiners are processing coker gas oils and
light cycle oils through high-pressure hydrotreating unit; Isocracking offers the best pos-
sibility of upgrading these cracked stocks along with heavy gas oil conversion in a single
high-pressure loop.

TABLE 7.1.5 Product Yields and Qualities for Arabian VGO

Recycle Isocracking maximizes middle-distillate yields and
qualities, producing 5 percent more heavy diesel than
conventional catalysts.

Feed
Source Arabian VGO
Gravity, °API 33.8
Sulfur, ppm 8.0
Nitrogen, ppm 0.8
D 2887 distillation, °C:
ST/5 363/378
10/30 386/416
50 444
70/90 479/527
95/EP 546/580
Product yields Product quality
Product wt% LV % Characteristic Value
C,-82°C 6.8 8.9
82-121°C 8.8 10.4 P/N/A 58/42/0
121-288°C 49.1 53.8 P/N/A 57/142/1

Smoke point, mm 41
Freeze point, °C =75

288-372°C 32.5 342 Cetane index >68
P/N/A 62/37/1
Cloud point, °C —18
Pour point, °C -39

Note: P/N/A = paraffins/naphthalenes/aromatics; EP = endpoint.
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FIGURE 7.1.9 Hydrogen contents for single-stage versus recycle Isocracking products. Both
Isocracker configurations add hydrogen where it is needed, but with recycle operations the exceptional
product quality enables the refiner to upgrade fuel oil to diesel value.

Isocracking for Naphtha Production

Zeolitic catalysts are generally used in this service since they are more active than amor-
phous catalysts and produce a higher ratio of naphtha to middle distillate. Chevron
Lummus Global’s noble metal/zeolite and base metal/zeolite catalysts have different per-
formance characteristics. The noble metal/zeolite catalyst provides higher liquid and jet
fuel yields, higher smoke point jet fuel, and longer cycle length. The base metal/zeolite
catalyst provides a lower liquid yield but a higher yield of C,- gas and isobutane, a high-
er-octane light naphtha, and a more aromatic product naphtha. The selection of a noble
metal or a base metal catalyst for a hydrocracker depends on the economics of the partic-
ular refinery situation.

Chevron Lummus Global has developed and commercialized a number of improved
zeolitic Isocracking catalysts (ICR 209, 210, and 211)'° capable of giving high naphtha
yields (see Fig. 7.1.6) and long run lengths in many commercial plants. Figure 7.1.11
shows the very low deactivation rate that is typical of operation with ICR 208 in the
Chevron U.S.A. Richmond two-stage Isocracker.

Refiners may take advantage of the high activity and long cycle length of Chevron’s
zeolitic catalysts by

e Increasing plant throughput
e Processing more difficult, lower-value feeds
e Decreasing first-stage severity to balance catalyst life in both stages

e Decreasing the hydrogen partial pressure to reduce hydrogen consumption

Isocracking for Lube Production

The lube oil industry faces constant change resulting from environmental legislation, new
engine designs, consumer demands, competitive pressures, and availability of lube-quali-
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TABLE 7.1.6  Isocracking—Typical Yields and Product Qualities

Isocracking produces high yields of 100 VI lube base stocks.

Feed
Source Russian
Gravity, °API 18.5
Sulfur, wt % 2.28
Nitrogen, wt % 0.28
Wax, wt % 6.5
D 2987 distillation, °C:
ST 435
10/30 460/485
50 505
70/90 525/550
EP 600
Product yields Product quality
Product wt% LV % Characteristic Value
C,-180°C 48 59
180-290°C 154 174 Smoke point, mm 22
Cetane index 56
290-370°C 164 18.1 Flash point, °C 145

370-425°C 13.7 15.0
425-475°C 19.3 21.0 Solvent dewaxed 240N

VI 97

Pour point, °C —12
475°C+ 274 29.6 Solvent dewaxed SOON

VI 105

Pour point, °C —12

ty crudes. Lube oil manufacturers must manage these changes to stay competitive.
Improved fuel economy and environmental requirements are driving the demand for high-
er-quality, lower-viscosity multigrade oils. Using conventional mineral oil technology, it is
very difficult to meet stringent requirements on volatility. Base oils with very high paraf-
fin content have low volatility for their viscosity and much higher viscosity indexes than
more aromatic oils.

A single-stage once-through Isocracker removes heavy aromatics very effectively,
thereby producing highly paraffinic lube base stocks. Isocracking has several advantages
over the more traditional solvent extraction approach to lube base oil production:

e Solvent extraction upgrades the VI of feed by physical separation; i.e., low-VI compo-
nents are removed as extract, and high-VI components remain in the raffinate.
Isocracking upgrades VI by removing low-VI components through aromatics saturation
and naphthenic ring opening. By creating higher-VI components, Isocracking allows the
use of unconventional crudes for lube production.

Feedstock (unconventional crudes) and operating costs are lower with Isocracking than
with solvent extraction.

e The by-products of Isocracking include valuable high-quality transportation fuels,
whereas solvent refining produces a highly aromatic extract which is used in fuel oil
or as FCC feed. Typical Isocracking product yields and qualities from a Russian feed-
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FIGURE 7.1.10 Isocracker diesel upgrades light cycle oils.
Using recycle Isocracking, refiners can reduce product costs
by adding up to 40 percent FCC light cycle oil to their diesel
blends while still meeting 45 cetane index.
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FIGURE 7.1.11 Deactivation rate of zeolitic catalysts. Zeolitic catalyst ICR 208 has demonstrated
long life in Chevron’s Richmond refinery, maintaining product quality throughout the run.

stock are shown in Table 7.1.6. For comparison, typical extract qualities are shown in
Table 7.1.7.

e Lube Isocrackers are easily adapted to meet other processing objectives. For example,
during times of low lube demand, Isocrackers can produce transportation fuels and pre-
pare premium FCC feed. (A corollary of this is that Isocrackers designed for trans-
portation fuels can also be adapted for lube operation.)
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TABLE 7.1.7 Solvent Extraction—Typical Yields
and Product Qualities

Furfural extracts contain high levels of heavy
aromatics and can be used only in fuel oil or as FCC

Jeed.

Characteristic Typical inspections
Gravity, °API 13.3
Specific gravity 0.977
Sulfur, wt % 4.3
Nitrogen, ppm 1900
Aromatics, wt % 82
Conradson carbon, wt % 1.4
Aniline point, °F 108
TBP distillation, °F:

ST 700
10% 788
50% 858
90% 932
EP 986
Carbon, wt % 84.82
Hydrogen, wt % 10.68
Viscosity index —=50

Note: TBP = true boiling point.

Depending on the refiner’s processing objective, Chevron Lummus Global’s amorphous
and amorphous/zeolite cogel catalysts are used in Isocrackers operating in base oil pro-
duction mode.

Isodewaxing

The waxy lube oil produced from hydrocracking must be dewaxed in order to produce lube
base stocks that meet quality requirements for finished lubricants. Chevron Lummus
Global’s Isodewaxing process outperforms traditional solvent or catalytic dewaxing
processes in producing high-quality base oils. Traditional dewaxing processes remove wax
from lube oils by crystallization (solvent dewaxing) or by cracking the normal paraffin
wax molecules to light gas (catalytic dewaxing). In contrast, Chevron Lummus Global’s
Isodewaxing catalyst isomerizes the normal paraffin wax to desirable isoparaffin lube mol-
ecules, resulting in high-VI, low-pour-point base oils, while coproducing small quantities
of high-quality middle-distillate transportation fuels.

Operating conditions for Isodewaxing are very similar to those for conventional lube
oil hydrotreating; thus it is generally possible to combine the Isodewaxer/hydrofinisher
operations in the same process unit or use an existing hydrotreater for a revamp project.

Generally speaking, the higher the VI, the better the cold flow and thermal stability
properties of the lubricant. Isodewaxing economically produces conventional base oils
(CBOs) with VIs of 95 to 110 or unconventional base oils (UCBOs) with VIs over 110
from either hydrocracked feedstocks or hydrotreated feedstocks from a solvent extraction
process. In fact, with Isocracking, the higher the wax content in the feedstock, the higher
the product VI. UCBOs up to about 130 VI are today typically prepared by severe hydro-
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cracking of vacuum gas oils derived from lube crudes followed by solvent extraction and
solvent dewaxing. Isodewaxing can also produce this type of UCBO lubes from hydro-
crackate, or from waxy vacuum gas oil, but at a lower cost because solvent dewaxing is
not required. Table 7.1.8 shows the capabilities for UCBO manufacture by Isodewaxing on
a Sumatran light vacuum gas oil. Isodewaxing produces 2!/2 times the UCBO yield of
conventional dewaxing.

Chevron Lummus Global’s Isodewaxing catalyst ICR 404 produces mineral-oil-based
lubricants that approach the performance of synthetic lubricants, but at a much lower man-
ufacturing cost. Isodewaxed base oils have

e Better cold flow properties to ensure adequate lubrication during cold engine start-ups

e Low viscosity (for fuel efficiency) combined with low volatility (to reduce oil con-
sumption and emissions)

e Higher VI for improved lubrication in high-temperature, high-shear conditions

o Greater oxidation stability for longer lubricant life and fewer engine deposits

Chevron Lummus Global has commercialized improved Isodewaxing catalysts such as the
ICR-408 series which give higher yields and viscosities while being more tolerant of sul-
fur. Isodewaxing is the most cost-effective method to produce a mineral-oil-based lubri-
cant which will meet strict engine performance requirements.

Isocracking for Petrochemical Feedstock Production

Both aromatics and olefin users within the petrochemical industry benefit from hydroc-
racking processes. The aromatics industry takes advantage of the conservation of single-
ring compounds in hydrocracked naphthas. These compounds are precursors for the
benzene, toluene, and xylenes produced when the naphtha is catalytically reformed. The
Isocracking catalysts and configurations used in this application are the same as those used
for gasoline production. The olefin industry requires hydrogen-rich feedstocks, since
increasing the hydrogen content invariably improves the yield of olefins and decreases the
production of heavy, undesirable products. Figure 7.1.12 shows the correlation'' between
the ethylene yield and the Bureau of Mines correlation index. This index is closely relat-
ed to feedstock hydrogen content. Sinopec is operating a Chevron Lummus Global SSOT

TABLE 7.1.8 Unconventional Base Oil from Sumatran Light VGO

Isodewaxing produces 2 to 6 times the UCBO that is achieved by solvent

dewaxing.
Isocracking Dewaxing Hydrofinishing
VGO — — — —
Product Chevron Isodewaxing  Solvent dewaxing
Viscosity at 100°C, ¢St 4.5 3.8
VI 130 133
Pour point, °C —-12 —12

Yield, LV % VGO feed 65 25
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FIGURE 7.1.12 Correlation between ethylene yield and Bureau of Mines correlation index. Ethylene
can be produced from many different feedstocks.

Isocracker at the Qilu refinery. The heavy product from that unit is fed to an ethylene
cracker. Typical product yields and qualities are shown in Table 7.1.9. Note the excellent
quality middle distillates produced in the same operation.

INVESTMENT AND OPERATING EXPENSES

The capital investment required for an Isocracking unit depends on the type of feedstock
to be processed and the quality of the products which are desired. For middle-distillate and
lube oil base stock production, the greater the difference in hydrogen content between the
feedstock and the desired products, the greater the capital requirement. Feedstock impuri-
ties, such as metals, asphaltenes, nitrogen, and sulfur, increase refining difficulty. Care
must be taken in the feedstock preparation facilities to minimize their effect.

Table 7.1.10 gives a rough idea of typical on-plot investment ranges for installing
Isocracking units on the U.S. Gulf Coast. Table 7.1.11 shows typical utility requirements
for the same plants.

SUMMARY

Chevron Lummus Global’s Isocracking configurations and catalyst systems have produced
outstanding quality products, from a variety of feedstocks, all around the world. The
Isodewaxing technology has heralded in a new era of cost-effective, superior-quality lube
oil production.

Chevron is the only major operator of high-pressure hydroprocessing units that also
develops refining technology. Chevron’s Richmond refinery contains the largest hydroc-
racking complex in the world (see Fig. 7.1.13). Within the same plot space, there are 15
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TABLE 7.1.9  Ethylene Plant Feed Production via
Isocracking

SSOT Isocracking upgrades VGO into a high yield of good-
quality ethylene plant feed.

Feed
Source: Chinese (Shengli)
Gravity, °API 21.4
Sulfur, wt % 1.03
Nitrogen, wt % 0.21
D 2887 distillation, °C:
ST/5 314/353
10/30 371/414
50 441
70/90 463/500
95/EP 518/551
Product yields Product quality
Product wt% LV % Characteristic Value

Cy—129°C 1331 17.05
129-280°C  34.63 39.41 Smoke point, mm 26

Freeze point, °C —62
280-350°C 1240 13.64  Cetane index 57

Pour point, °C —12
350°C+ 37.04 4045  Sulfur, ppm 7

BMCI 15

Note: BMCI is Bureau of Mines correlation index.

high-pressure reactors representing a 45,000 barrels per operating day (BPOD) two-stage
Isocracker, two SSOT Isocrackers (with a total feed rate of 30,000 BPOD) producing lube
stocks which are then Isodewaxed, and a 65,000-BPOD deasphalted oil hydrotreater. This
experience guides Chevron’s development of new hydrocracking catalysts and processes.
The Isocracking process is offered for license by

Chevron Lummus Global, Inc., 100 Chevron Way, Richmond, CA 94802 and
1515 Broad Street, Bloomfield, NJ 07003
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TABLE 7.1.10  Typical Isocracker Capital

Investments™
Cost per BPOD

Operation of feed, $ U.S.
Single-stage, once-through

For lubes or fuels 1500-2500
Two-stage

Middle distillate 2000-3000

Naphtha 2500-3500

*U.S. Gulf Coast, mid-1995, on plot only.
Note: BPOD = barrels per operating day.

TABLE 7.1.11 Typical Isocracker Utility Requirements

Configuration
Single-stage Two-stage
Fuel, million kcal/h 0.5 t0 0.7 0.8to 1.2
Power, kW 250 to 300 300 to 425
Cooling water, m’/h 50to 70 50 to 70
Medium-pressure steam, 10° kg/h 0to 0.2 —0.41t00.2
Condensate, m*h —04t0—-07  —0.7to—09

*Basis: consumption per 1000-BPOD capacity.

Note: Each Isocracking plant has its own unique utility requirements
depending on the refinery situation and the need to integrate with existing facil-
ities. The above guidelines can be used to give typical operating expenses.
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FIGURE 7.1.13 Chevron U.S.A.’s Richmond refinery contains the largest hydrocracking com-

plex in the world.



CHAPTER 7.2

UOP UNICRACKING PROCESS
FOR HYDROCRACKING

Donald Ackelson
UOP LLC
Des Plaines, Illinois

INTRODUCTION

Hydrotreating and hydrocracking are among the oldest catalytic processes used in petro-
leum refining. They were originally employed in Germany in 1927 for converting lignite
to gasoline and later used to convert petroleum residues to distillable fractions. The first
commercial hydrorefining installation in the United States was at Standard Oil Company
of Louisiana in Baton Rouge in the 1930s. Following World War II, growth in the use of
hydrocracking was slow. The availability of Middle Eastern crude oils reduced the incen-
tive to convert coal to liquid fuels, and new catalytic cracking processes proved more
economical for converting heavy crude fractions to gasoline. In the 1950s, hydrodesulfur-
ization and mild hydrogenation processes experienced a tremendous growth, mostly
because large quantities of by-product hydrogen were made available from the catalytic
reforming of low-octane naphthas to produce high-octane gasoline.

The first modern hydrocracking operation was placed on-stream in 1959 by Standard
Oil Company of California. The unit was small, producing only 1000 barrels per stream-
day (BPSD). As hydrocracking units were installed to complement existing fluid catalytic
cracking (FCC) units, refiners quickly recognized that the hydrocracking process had the
flexibility to produce varying ratios of gasoline and middle distillate. Thus, the stage was
set for rapid growth in U.S. hydrocracking capacity from about 3000 BPSD in 1961 to
about 120,000 BPSD in just 5 years. Between 1966 and 1983, U.S. capacity grew eight-
fold, to about 980,000 BPSD.

Outside the United States, early applications involved production of liquefied petrole-
um gas (LPG) by hydrocracking naphtha feedstocks. The excellent quality of distillate
fuels produced when hydrocracking gas oils and other heavy feedstocks led to the choice
of the hydrocracking process as a major conversion step in locations where diesel and jet
fuels were in demand. Interest in high-quality distillate fuels produced by hydrocracking
has increased dramatically worldwide. As of 2002, more than 4 million BPSD of hydroc-
racking capacity is either operating or is in design and construction worldwide.

7.23
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PROCESS APPLICATIONS

Hydrocracking is one of the most versatile of all petroleum refining processes. Any frac-
tion from naphtha to nondistillables can be processed to produce almost any desired prod-
uct with a molecular weight lower than that of the chargestock. At the same time that
hydrocracking takes place, sulfur, nitrogen, and oxygen are almost completely removed,
and olefins are saturated so that products are a mixture of essentially pure paraffins, naph-
thenes, and aromatics. Table 7.2.1 illustrates the wide range of applications of hydroc-
racking by listing typical chargestocks and the usual desired products.

The first eight chargestocks are virgin fractions of petroleum crude and gas conden-
sates. The last four are fractions produced from catalytic cracking and thermal cracking.
All these streams are being hydrocracked commercially to produce one or more of the
products listed.

This flexibility gives the hydrocracking process a particularly important role as refiner-
ies attempt to meet the challenges of today’s economic climate. The combined influences
of low-quality feed sources, capital spending limitations, hydrogen limitations, environ-
mental regulatory pressures, and intense competition have created a complex optimization
problem for refiners. The hydrocracking process is uniquely suited, with proper optimiza-
tion, to assist in solving these problems. UOP, with its broad background and research
capabilities, has continued to develop both catalyst and process capabilities to meet the
challenges.

PROCESS DESCRIPTION

The UOP* Unicracking® process is carried out at moderate temperatures and pressures
over a fixed catalyst bed in which the fresh feed is cracked in a hydrogen atmosphere.
Exact process conditions vary widely, depending on the feedstock properties and the prod-
ucts desired. However, pressures usually range between 35 and 219 kg/cm? (500 and 3000
1b/in” gage) and temperatures between 280 and 475°C (536 and 887°F).

*Trademark and/or service mark of UOP.

TABLE 7.2.1 Applications of the Unicracking Process

Chargestock Products
Naphtha Propane and butane (LPG)
Kerosene Naphtha

Straight-run diesel

Atmospheric gas oil

Natural gas condensates

Vacuum gas oil

Deasphalted oils and demetallized oils
Atmospheric crude column bottoms

Catalytically cracked light cycle oil
Catalytically cracked heavy cycle oil
Coker distillate

Coker heavy gas oil

Naphtha and/or jet fuel

Naphtha, jet fuel, and/or distillates

Naphtha

Naphtha, jet fuel, distillates, lubricating oils

Naphtha, jet fuel, distillates, lubricating oils

Naphtha, distillates, vacuum gas oil, and
low-sulfur residual fuel

Naphtha

Naphtha and/or distillates

Naphtha

Naphtha and/or distillates
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Chemistry

Hydrocracking chemistry is bifunctional catalytic chemistry involving acid-catalyzed iso-
merization and cracking reactions as well as metal-catalyzed hydrogenation reactions. The
resulting products are lower in aromatics and contain naphthenes and highly branched
paraffins due to the higher stability of the tertiary carbenium ion intermediate. For paraf-
fins, the reaction network, shown in Fig. 7.2.1, is postulated to begin with a dehydrogena-
tion step at a metal site forming an olefin intermediate, which is quickly protonated at an
acid site to yield a carbenium ion. This is quickly followed by a series of isomerization
reactions to the most stable tertiary carbenium ions and subsequent cracking to smaller
paraffin, which evolves off the catalyst surface and smaller carbenium ion intermediate.
The carbenium ion can then eliminate a proton to form an olefinic intermediate, which gets
hydrogenated at a metal site or directly abstract a hydride ion from a feed component to
form a paraffin and desorb from the surface.

A typical hydrocracking reaction for a cycloparaffin (Fig. 7.2.2) is known as a paring
reaction, in which methyl groups are rearranged and then selectively removed from the
cycloparaftin without severely affecting the ring itself. Normally the main acyclic product
is isobutane. The hydrocracking of multiple-ring naphthene, such as decalin, is more rap-
id than that of a corresponding paraffin. Naphthenes found in the product contain a ratio
of methylcyclopentane to methylcyclohexane that is far in excess of thermodynamic equi-
librium.

Reactions during the hydrocracking of alkyl aromatics (Fig. 7.2.3) include isomeriza-
tion, dealkylation, paring, and cyclization. In the case of alkylbenzenes, ring cleavage is
almost absent, and methane formation is at a minimum.

Formation of Olefin
cis cts
RCHCH,-CH-CH;  Metal, R.CH.CH-CHCHy+ H;

Formation of Tertiary Carbenium Ian
CH; CHy
R-CH=CH-C-CHj A;—"h R-CH,-CH3-C-CHj
2 ®

Cracking
o oy
R-CH3-CH3-C-CH3 —— R-CHj + CHy=C-CHj
® ®

Reaction of Carbenium Ion and Olefin
cHs ¢t
CH3-CHp-C-CH3 + R-.CH=CH-R* —» CH3-CH=C-CH3 + R-CH-CH3-R’
® ®

Olefin Hydrogenation
CHj CHj
-C Metal !
CHj3-CH=C-CH3 “H, " CH3-CH3-CH-CH3
2

FIGURE 7.2.1 Postulated paraffin-cracking mechanism.
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FIGURE 7.2.2 Postulated cracking mechanism for naphthenes.
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FIGURE 7.2.3 Postulated aromatic-dealkyla-
tion mechanism. Isobutane is also formed follow-
ing butyl carbenium ion isomerization, olefin
formation, and hydrogenation.

Catalyst

Hydrocracking catalysts combine acid and hydrogenation components in a variety of types
and proportions to achieve the desired activity, yield structure, and product properties.
Noble metals as well as combinations of certain base metals are employed to provide the
hydrogenation function. Platinum and palladium are commonly used noble metals while
the sulfided forms of molybdenum and tungsten promoted nickel or cobalt are the most
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common base-metal hydrogenation agents. The cracking function is provided by one or a
combination of zeolites and amorphous silica-aluminas selected to suit the desired operat-
ing and product objectives.

A postulated network of reactions that occur in a typical hydrocracker processing a
heavy petroleum fraction is shown in Fig. 7.2.4. The reactions of the multiring species
should be noted. These species, generally coke precursors in nonhydrogenative cracking,
can be effectively converted to useful fuel products in a hydrocracker because the aromat-
ic rings can be first hydrogenated and then cracked.

Amorphous silica-alumina was the first catalyst support material to be used extensive-
ly in hydrocracking service. When combined with base-metal hydrogenation promoters,
these catalysts effectively converted vacuum gas oil (VGO) feedstocks to products with
lower molecular weight. Over three decades of development, amorphous catalyst systems
have been refined to improve their performance by adjustment of the type and level of the
acidic support as well as the metal function. Catalysts such as UOP’s DHC-2 and DHC-8
have a well-established performance history in this service, offering a range of activity and
selectivity to match a wide range of refiners’ needs.

Crystalline catalyst support materials, such as zeolites, have been used in hydrocrack-
ing catalysts by UOP since the mid-1960s. The combination of selective pore geometry
and varying acidity has allowed the development of catalysts that convert a wide range of
feedstocks to virtually any desired product slate. UOP now offers catalysts that will selec-
tively produce LPG, naphtha, middle distillates, or lube base oils at high conversion activ-
ity using molecular-sieve catalyst support materials. The UOP zeolite materials used in
hydrocracking service are often grouped according to their selectivity patterns. Base met-
al catalysts utilized for naphtha applications are HC-24, HC-34, and HC-170. Flexible base
metal catalysts (naphtha, jet, diesel) include DHC-41, HC-43, HC-33, HC-26, and HC-29.
The distillate catalysts, which offer a significantly enhanced activity over amorphous cat-
alysts while maintaining the excellent middle-distillate selectivity, are HC-110, HC-115,
DHC-32, and DHC-39. Noble metal catalysts are also available for both naphtha (HC-28)
and jet/naphtha (HC-35) service. Unlike the amorphous-based catalysts, the zeolite-con-
taining materials are usually more selective to lighter products and thus more suitable
when flexibility in product choice is desired. In addition, zeolitic catalysts typically

Polyaromatics
E Ph%’}f};’,‘;}fgg es Naphthalenes
g Tetrahydro-
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v A 4 A \ /
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FIGURE 7.2.4 Hydrocracking reactions.
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employ a hydroprocessing catalyst upstream, specifically designed to remove nitrogen and
sulfur compounds from the feed prior to conversion. UOP catalysts such as HC-P, HC-R,
HC-T, UF-210, and UF-220 are used for this service. These materials are specifically
designed with high hydrogenation activity to effectively remove these compounds, ensur-
ing a clean feed and optimal performance over the zeolitic-based catalyst.

One important consideration for catalyst selection is regenerability. Hydrocracking cat-
alysts typically operate for cycles of 2 years between regenerations but can be operated for
longer cycles, depending on process conditions. When end-of-run conditions are reached,
as dictated by either temperature or product performance, the catalyst is typically regener-
ated. Regeneration primarily involves combusting the coke off the catalyst in an oxygen
environment to recover fresh catalyst surface area and activity. Regenerations can be per-
formed either with plant equipment if it is properly designed or at a vendor regeneration
facility. Both amorphous and zeolitic catalysts supplied by UOP are fully regenerable and
recover almost full catalyst activity after carbon burn.

Hydrocracking Flow Schemes

Single-Stage. The single-stage flow scheme involves full conversion through recycling
of unconverted product and is the most widely used because of its efficient design
resulting in minimum cost for a full-conversion operation. This scheme can employ a
combination of hydrotreating and cracking catalysts or simply amorphous cracking
catalysts depending on the final product required.

Once-Through. Unlike the single-stage flow scheme, the once-through flow scheme is
a partial conversion option that results in some yield of unconverted material. This
material is highly saturated and free of feed contaminants but is similar in molecular
weight to the feed. If a refinery has a use for this unconverted product, such as FCC feed
or high-quality lube base oil, this flow scheme may be preferred.

Two-Stage. In the two-stage flow scheme, feedstock is treated and partially converted
once-through across a first reactor section. Products from this section are then separated
by fractionation. The bottoms from the fractionation step are sent to a second reactor
stage for complete conversion. This flow scheme is most widely used for large units
where the conversion in the once-through first stage allows high feed rates without
parallel reactor trains and the added expense of duplicate equipment.

Separate-Hydrotreat. The separate-hydrotreat flow scheme is similar to single-stage,
but is configured to send reactor effluent that has been stripped of hydrogen sulfide and
ammonia to the cracking catalyst. This configuration allows the processing of feedstocks
with very high contaminant levels or the use of contaminant-sensitive catalysts in the
cracking reactor if dictated by product demands.

The single-stage flow scheme is the most widely used hydrocracking flow scheme in
commercial service. The flow scheme allows the complete conversion of a wide range of
feedstocks and product recovery designed to maximize virtually any desired product. The
design of this unit configuration has been optimized to reduce capital cost and improve
operating performance. Greater than 95 percent on-stream efficiency is typical.

Figure 7.2.5 illustrates a typical single-stage flow scheme. Feedstock, recycle oil, and
recycle gas are exchanged against reactor effluent to recover process heat and are then sent
through a final charge heater and into the reactor section. The reactor section contains cat-
alysts that allow maximum production of the desired product slate. In virtually all hydro-
cracking systems, the combined reactions are highly exothermic and require cold hydrogen
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FIGURE 7.2.5 Typical flow diagram of a single-stage Unicracking unit.

quench injection into the reactors to control reactor temperatures. This injection is accom-
plished at quench injection points with sophisticated reactor internals that both mix reac-
tants and quench and redistribute the mixture. Proper mixing and redistribution are critical
to ensure good temperature control in the reactor and good catalyst utilization through
acceptable vapor or liquid distribution.

In this typical configuration, reactor effluent is sent through exchange to a hot separator,
where conversion products are flashed overhead and heavy unconverted products are taken
as hot liquid bottoms. The use of a hot separator improves the energy efficiency of the
process by allowing hot liquid to go to the fractionation train and prevents polynuclear aro-
matic (PNA) fouling of cold parts of the plant. The overhead from the hot separator goes to
a cold separator, where recycle gas is separated from the product. The product is then sent to
fractionation, and recycle gas is returned to the reactor via the recycle compressor.

The fractionation train typically starts with a stripper column to remove hydrogen sul-
fide, which is in solution with the products. The removal ensures a relatively clean prod-
uct in the main fractionator column, thus reducing column costs and metallurgy
requirements. The stripper is followed by a main fractionating column with appropriate
stages and sidedraws to remove the desired products. The bottoms from this main column
is recycled back to the reactor section for complete feed conversion.

To allow complete conversion without PNA fouling or excessive catalyst coking, UOP
has developed several techniques to selectively remove PNAs from the recycle oil stream.
Some PNA removal is critical for successful operation at complete conversion. In earlier
designs, the unit was simply purged of PNAs by taking a bottoms drag stream. In newer
units, PNAs may be selectively removed by either fractionation or adsorption. The result
is an increased yield of valuable liquid product.

HyCycle. HyCycle typically uses back-staged, series-flow cracking and hydrotreating
reactors. The products and unconverted oil (UCO) from the hydrotreating reactor are
separated in the high-pressure section, creating the recycle oil for the cracking reactor.
Similar to separate-hydrotreat and two-stage configurations, the recycle oil is
contaminant-free. Because of the efficient separation of UCO from products, the recycle
oil rate can be increased above typical hydrocracking levels, allowing the cracking
catalyst to operate at lower severity and produce higher yields. The HyCycle
configuration provides the lowest operating and equipment cost for many operations.
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The HyCycle process uses a combination of several unique, patented design features to
facilitate an economic full (99.5 percent) conversion operation at low (20 to 40 percent)
conversion per pass. Another important feature of the process is reduced operating pres-
sure. Relative to current practice, HyCycle Unicracking designs are typically 25 percent
lower in design pressure. The key benefits of the process are lower hydrogen consumption
and higher selectivity to heavier product. For example, up to 5 vol % more middle distil-
late yield with as much as a 15 percent shift toward diesel fuel can be achieved when com-
pared to other full conversion maximum distillate designs. This shift in selectivity coupled
with a more selective saturation of feed aromatics results in as much as a 20 percent reduc-
tion in process hydrogen requirement.

In the process, cracked products and unconverted oil are separated in the HyCycle
enhanced hot separator (EHS) at reactor pressure. The separated products are then hydro-
genated in a posttreat reactor. This unique processing step maximizes the quality of the dis-
tillate product for a given design pressure. It also provides a more efficient means of
recycling UCO to the cracking reactor, enabling a less severe (lower) per pass conversion
that results in improved selectivity and yield. The hydrocracking catalyst zone configura-
tion is referred to as back-staged because recycle oil is routed first to a hydrocracking cat-
alyst zone and then to a hydrotreating catalyst zone. The benefits of back-staging include
cleaner feedstock to the cracking catalyst and higher hydrogen partial pressure. The net
result is higher catalyst activity per unit volume, hence a lower catalyst volume require-
ment. The reactors use a common series flow recycle gas loop to maintain the economic
efficiency of a single-stage design. In addition, UOP low-temperature catalysts are used in
the reactor(s) to enable higher combined feed rates without increasing reactor diameter or
pressure drop. Figure 7.2.6 illustrates a typical HyCycle flow scheme.

Products from Hydrocracking

Hydrocracking units process lower-value, sulfurous feedstocks such as vacuum distillates
and cracked stocks to produce higher-value fuels. There is tremendous flexibility, through
choice of catalysts and unit configuration, to optimize product quality and yield structure.

The hydrocracking process has a well-demonstrated versatility. This can be shown in
the yield and product quality information shown in Table 7.2.2 for processing a Middle
East VGO for maximum distillate and for maximum naphtha, the two extremes of hydro-
cracking operation.

Improvements in Yield-Activity Relationships

One of the difficult decisions refiners face when selecting hydrocracking technology is
whether to sacrifice activity to gain yield, or sacrifice yield to gain activity. Many refiners
in North America, for example, would like to increase C + naphtha yield, but not at the
cost of lower activity. They may also like a flexible catalyst for seasonal shifts in their
product slate. Refiners in Europe and the Far East often ask for higher-activity distillate
catalysts.

To meet the needs of refiners around the world, UOP continues to develop catalysts that
provide enhanced performance without sacrificing yield or activity. Figure 7.2.7 shows rel-
ative activity-selectivity curves for previous and current generations of UOP hydrocrack-
ing catalysts. Selectivity to diesel product is shown on the vertical axis, and the catalyst’s
activity is shown on the horizontal axis. Each symbol on the curves represents a catalyst
in the UOP portfolio. New generations of catalysts are currently being developed to
improve these relationships.
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FIGURE 7.2.6 HyCycle Unicracking process schematic flow diagram.

TABLE 7.2.2 Typical Hydrocracker Yields*

Distillate Naphtha

Yield:

NH;, wt % 0.1 0.1
H,S, wt % 2.6 2.6
Cy-. wt % 0.6 0.8
C,, wt % 1.0 33
C,. vol % 35 21.4
Light naphtha, vol % 7.5 39.1
Heavy naphtha, vol % 114 68.9
Distillate, vol % 94.0 —

Product properties:
Jet fuel cut:
Smoke point, mm 29 —
Freeze point, °C (°F) —59 (—74)
Aromatics, vol % 9
Diesel fuel cut:

Cetane no. 60 —
Total naphtha:

P/N/A, vol 33/55/12

Research octane no. — 70

*Basis: Feedstock, Middle East VGO; density, 22.2 °API; sulfur,
2.5 wt %.

Note: P/N/A = paraffins/naphthenes/aromatics; °API =
degrees on American Petroleum Institute scale.
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FIGURE 7.2.7 New generation Unicracking catalysts offer enhanced per-
formance.

INVESTMENT AND OPERATING EXPENSES

Capital investment and operating expenses for a hydrocracker are sensitive to

¢ The processibility of the feedstock
e The desired product slate
e The desired product specifications

The desired product slate has a profound effect on the arrangement of equipment, as dis-
cussed in the previous section. If the feed has demetallized oil or is more difficult to
process for some other reason, operating conditions can be more severe than in hydroc-
racking a VGO. This additional severity can be manifested in equipment, hydrogen con-
sumption, utilities, and additional catalyst. In general, a jet fuel operation is more severe
than an operation producing a full-range diesel product. Naphtha production requires a
higher hydrogen consumption than either jet fuel or diesel production.

Only typical examples can be given; not every case can be covered. The figures in the
accompanying tables are for illustrations only; variation may be expected for specific cas-
es. Typical capital investment guidelines are given in Table 7.2.3. Typical utility guidelines
are given in Table 7.2.4.
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TABLE 7.2.3 Hydrocracker Capital Investment*

Operation Distillate Naphtha
Estimated erected cost, $/BPSD CF  2500-3500  2000-3000

*As of January 1, 2002, based on combined-feed (CF) rate; includes 20 per-
cent of material and labor as design engineering plus construction engineering
cost; does not include hydrogen plant; BPSD = barrels per stream-day.

TABLE 7.2.4 Typical Hydrocracker Utilities

Power, kW 200-450

Fired fuel, 10° Btu/h 2-6

Cooling water, gal/min 40-120
Medium-pressure steam, MT/h (klb/h) 0.11-0.22 (0.25-0.50)
Condensate, MT/h (klb/h) 0.08 (0.2)

Note: Based on 1000-BPSD fresh feed; MT/h = metric tons per hour.
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CHAPTER 8.1

CHEVRON LUMMUS
GLOBAL RDS/VRDS
HYDROTREATING—
TRANSPORTATION FUELS
FROM THE BOTTOM OF
THE BARREL

David N. Brossard

Chevron Lummus Global
Richmond, California

INTRODUCTION

The Chevron Lummus Global (CLG) Residuum Desulfurization (RDS) and Vacuum
Residuum Desulfurization (VRDS) Hydrotreating processes are used by refiners to pro-
duce low-sulfur fuel oils, and to prepare feeds for vacuum gas oil (VGO) fluid catalytic
crackers (FCCs), residuum FCCs (RFCCs), visbreakers, and delayed cokers. Over half of
the fixed-bed residuum hydrotreaters in operation use CLG’s RDS/VRDS Hydrotreating
technology.

RDS/VRDS Hydrotreaters upgrade residual oils by removing impurities and cracking
heavy molecules in the feed to produce lighter product oils. Early applications of CLG’s
residuum hydroprocessing technology were used to remove sulfur from atmospheric
residues (ARs) and vacuum residues (VRs), hence the term desulfurization. Today,
RDS/VRDS Hydrotreaters perform equally well removing nitrogen, carbon residue (see
“Process Chemistry” section), nickel, and vanadium from the oil and cracking heavy VR
molecules to VGO, distillates, and naphtha products. The amount of impurities removed
depends on the feed and on the product specifications desired by the refiner. Sulfur
removal greater than 95 percent, metal removal (primarily nickel and vanadium) greater
than 98 percent, nitrogen removal greater than 70 percent, carbon residue reduction greater
than 70 percent, and cracking of vacuum residue (538°C+ material converted to 538°C—)
as high as 60 liquid volume percent (LV%) have been commercially demonstrated.
RDS/VRDS Hydrotreating uses fixed beds of catalyst that typically operate at moderately
high pressures [150 to 200 atm (2133 to 2850 1b/in?)] and temperatures [350 to 425°C

8.3
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(662-797°F)] in a hydrogen-rich atmosphere (80 to 95 mol % hydrogen at the reactor
inlet) to process the oil feed. The feed to a VRDS Hydrotreater is generally the VR from a
crude unit vacuum column with a typical starting true boiling point (TBP) cut point of
538°C (1000°F), although cut points of 575°C (1067°F) and higher are feasible. The feed
to an RDS Hydrotreater is generally AR from a crude unit atmospheric column with a typ-
ical starting TBP cut point of 370°C (698°F). Other feeds (such as solvent deasphalted oil,
solvent deasphalter pitch, vacuum gas oil, and cracked gas oils from visbreakers, FCCs,
RFCCs, and cokers) can also be processed in either RDS or VRDS Hydrotreaters.

Residua from many crudes have been successfully processed in RDS and VRDS
Hydrotreaters. Table 8.1.1 shows a partial list of crudes that have been commercially
processed in CLG RDS/VRDS Hydrotreaters.

The range of feeds which can be economically processed in RDS/VRDS Hydrotreaters
expands significantly when On-Stream Catalyst Replacement (OCR) technology is added
to the unit. OCR technology allows spent catalyst to be removed from a guard reactor and
be replaced by fresh catalyst while the reactor remains in service. This enables the refiner
to process heavy, high-metal feeds or to achieve deeper desulfurization from a fixed-bed
residuum hydrotreater (see Chap. 10.1).

HISTORY

Hydrotreating of residual oils was a natural extension of hydrotreating distillate oils and
VGOs to remove sulfur.!>* CLG’s first commercial RDS Hydrotreater was commissioned
in 1969. Typical of many early residuum hydrotreaters, CLG’s first RDS Hydrotreater was
designed to remove sulfur to produce low-sulfur fuel oil (LSFO). CLG’s first VRDS
Hydrotreater, commissioned in 1977, was also designed to produce LSFO.

In 1984 Okinawa Sekiyu Seisei, a Japanese refiner, first reported* the operation of a
CLG RDS Hydrotreater in “conversion mode.” In this operation, the reactor temperature

TABLE 8.1.1 RDS/VRDS Hydrotreater Feedstocks That Have
Been Commercially Processed

A.A. Bu Khoosh Kuwait

Alaskan North Slope Laguna

Algerian Margham C.
Arabian Berri Maya

Arabian Heavy Mina Saud
Arabian Light Minas

Arabian Medium Murban

Basrah Light Oguendjo
Cabinda Oman
Colombian Limon Qatar Land
Dubai Qatar Marine
Duri Russian

El Chaure Shengli No. 2
Gipsland Statfjord
Indonesian Suez

Iranian Heavy Tia Juana Pesado
Iranian Light Umm Shaif
Isthmus West Texas Intermediate
Khafji West Texas Sour

Kirkuk Zakum
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was raised fairly high early in the run—much higher than required to simply produce low-
sulfur fuel oil—and held high until the end of run. This operation hydrocracked as much
VR as possible to lighter boiling products (VR was “converted” to light products). It also
shortened the run length because of higher catalyst deactivation from coke deposited on
the catalyst through more of the run. Conversion mode operation has been favored by
many RDS/VRDS Hydrotreater operators in recent years to minimize the production of
fuel oil.

An alternative to destroying low-value fuel oil has been to convert it to higher value fuel
oil. During the late 1970s and through the 1980s and 1990s, the demand for and value of
high-sulfur (3 percent) fuel oil and low-sulfur (1 percent) fuel oil dropped. In some cases,
power plant operators have been willing to pay higher prices for fuel oils with much low-
er sulfur content (0.1 to 0.5 wt %). RDS/VRDS Hydrotreating enabled refiners to produce
these lower-sulfur fuel oils. The lowest-sulfur fuel oil commercially produced from sour
crudes (about 3 wt % sulfur in the AR) was 0.1 wt %. This fuel oil was produced by the
CLG RDS Hydrotreater at Idemitsu Kosan’s refinery in Aichi, Japan (see Table 8.1.2).

The ability of residuum hydrotreaters to improve the economics of conversion units by
pretreating their feeds has been understood for many years. The most noticeable econom-
ic impact of feed pretreatment is to lower the sulfur content of the feed to the conversion
unit. For example, pretreatment of RFCC feed to reduce its sulfur to less than 0.5 wt %
eliminates the need to install costly flue gas desulfurization facilities. Addition of hydro-
gen to the feed by the hydrotreater also improves the product yields and product qualities
of the downstream conversion unit. In 1983, at Phillips’ Borger, Texas, refinery, the first
CLG RDS Hydrotreater was commissioned to pretreat residuum to feed an existing RFCC
unit. Prior to the hydrotreater project, the RFCC had been feeding sweet domestic crude.
The 50,000 barrel per day (BPD) RDS Hydrotreater was designed to achieve 92 percent
hydrodesulfurization (HDS) and 91 percent hydrodemetallization (HDM) from a mixed
domestic and Arabian Heavy AR for a 1-year cycle. In addition to its contribution toward
meeting environmental requirements and reducing catalyst usage, the feed pretreatment
significantly increased the gasoline yield from the RFCC.

An RDS Hydrotreater is used to pretreat residuum to feed a delayed coker unit at
Chevron Texaco’s refinery in Pascagoula, Mis